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ABSTRACT 

A new three constant equation of state for fluids and fluid 
mixtures has been proposed. The equation contains three constants 
and is a more general form of the Peng-Robinson equation. In 
addition to the critical temperature and the critical pressure, 
two parameters are required to characterize a particular fluid. 
These parameters have been evaluated by minimizing the deviation 

in the saturated liquid densities while simultaneously satisfying 
the equilibrium criteria (equality of fugacities) along the satu
ration curve. Thus, prediction of volumetric properties in the 

saturation region and other regions of the phase diagram is 
improved, while accuracy in the prediction of vapour-liquid 
equilibrium is maintained. Parameters for hydrocarbons and non

hydrocarbons of importance to the synthetic fuel industry are 
presented. The new equation is extended to mixtures by using 
mixing rules similar to those used by Peng and Robinson. Only 
one binary interaction coefficient is sufficient for the accu
rate prediction of vapour-liquid equilibria. Optimum values of 
the binary interaction coefficients for hydrocarbon-hydrocarbon 
and hydrocarbon-non-hydrocarbon systems have been obtained using 
the new equation, the Peng-Robinson equation and the Soave modi

fication of the Redlich-Kwong equation. The criterion used for 
selecting the optimum interaction coefficient is the minimization 
of deviations in bubble point pressures. The new equation has been 

tested for the prediction of volumetric behaviour of pure fluids 
and the phase and volumetric behaviour of binary, ternary and 
multicomponent systems. Comparisons with conventional equations 
(P-R, S-R-K, R-K and B-W-R-S) are shown. 

The applicability of van-der-Waals orie fluid model to 
_ generalised equations of state is demonstrated. The equations 

of Han and Starling, Simonet and-Behar and Chaudron et al have 
been compared for volumetric predictions. The Han and Starling 
equation has also been used with two sets of mixing rules to predict 

vapour-liquid equilibrium. The van-der-Waals one fluid model has been 
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shown to be a simple and effective method of applying the compli
cated equations of state to the prediction of thermodynamic 
properties of mixtures. 

A generalised form of the corresponding states principle 
using two non-spherical reference fluids is presented. This 
represents an alternative method of extending the equation of 
state approach to fluids and fluid mixtures when experimental 
data are not available. 
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CHAPTER 1 

INTRODUCTION 

Knowledge of accurate thermodynamic properties is an 
essenti a 1 requi rement of desi gn work in the chemi ca'l i ndus try. 
Failure of a particular design can often be directly attributed 
to a lack of accurate data. 

The design of experiments to provide thermodynamic data 

is a cumbersome and often inaccurate process. It is also 
difficult to reproduce in a small scale laboratory experiment 
the conditions that will prevail in an actual industrial set~ 
up. These difficulties have contributed to the formulation of 
different methods for the prediction of unmeasured properties. 

Currently available methods of correlation and prediction can 
be divided into three main categories: 

Acti vity coeffi ci ent methods are_ at- best, empil:.i.ca t cpr:re- _ 
-lations of data and -are -nofconsidered further in this work. -- ' 

Of the first two methods, th_eCorresp-onding States Principle is ~ 
--- - ----. - .... -.- -. -- - --------------- """-

the oldest_and within cer:tain limits, has the strongest theore-, -. - - -- - - , - ... - - - - . - . - -
tical basis. Historically, the CSP was introduced by van der 
Waals (1873), and it can be said that the principle is the most 
useful by product of the van der Waals equation of state. ,Qne _. 
of- the limita ti ons of the_ ~ta ti sti ca 1 mechani ca 1 CSP is its 

----- --
restriction -to simple pure substances. Many proposals have been 
made for overcoming these difficulties (Rowlinson, 1954; Pitzer, 

1939; Riedel, 1954; Viswanath and Su, 1965). The most widely 
used method of extending the sets of substances over which the 

(extended) principle can be used is the introduction of the 
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acentric factor by Pitzer (1939). The CSP can also be extended 

to mixtures by means of a one-fluid model whereby the properties 
of a given mixture can ·be represented by those of a single 

~hypothetical pure fluid. 

\ 

Equations of state can either be theoretical or semi
theoretical. Theoretical equations are based on either kinetic 
theory or statistical mechanics involving intermolecular forces 
while semitheoretical equations combine theory with a limited 
amount of experimental data. Semi theoretical equations ·of state 
have had the greatest success in representing data and in the 
calculation of derived properties. 

When combined with appropriate thermodynamic relations, a 
well behaved equation of state can.give accurate predictions of 

isothermal changes in heat capacity, enthalpy, entropy, fugacity, 
vapour pressure, latent heat of vaporization, activity coefficients 

and vapour-liquid equilibrium'(VLE) in mixtures. The main advan
tage of using an equation of state procedure compared to the 
method using activity coefficients for VLE calculations, is that 
it avoids defining different reference states for the activity 
coefficients when one or more components are supercritical and, 
therefore, non existent as liquids at the given pressure an~ 
temperature. Equations of state on the other hand, may be applied 
to gases, liquids and solids, whether pure or mixed. For the 

\ above reasons, the search for simple and accurate equations of 

~state continues to be of importance. 

\ 

Since the time of van der Waals (1873), a large number of 
equations of state have appeared in the literature. These have 
ranged from simple expressions with one or two constants to compli
cated forms with more than 50 constants. The longer equations have 
been uti 1 i zed for hi gh preci si on work and one can fi nd in the 1 it

erature many interesting and useful forms such as the. Bene~i~~-Webb~ 
RubMin (1940), the Strobr'idge (1962), the Virial form of Onnes (1901), 
~--,.. ""--- -------~ ~ - ~- . 

the Martin-Stanford (1974) and the Han-Starling (1972) equations. 
'~-..- ......... - - ---'-

Although these long and complex equations are desirable for the 

.2 



precise representation of PVT data and calculation of thermo

dynamic properties. they are not generally preferred for involved 
thermodynamic calculations such as those for vapour pressures. 
latent heat of vaporization and multiCQmponent vapour-liquid 
equilibrium ratios because they require tedious manipulation 
and excessive computer storage in lengthy iterative calculations. 
The application of these long equations is frequently limited by 

the inaccessibility of the constants for the PVT conditions of 
interest. Establishing these constants is usually a lengthy 
process. requiring curve fitting. careful weighting of the 
experimental data and trial and error procedures. What appears 

to be limiting is the fact that extensive PVT data of the sub
stance must be available in order to begin establishing these 
constants. In addition. some thermodynamic properties. such as 
the' vapour pressure. must also be known. 

The attractiveness of the shorter equations of state lies 
in their simplicity of calculation. Many of these short equa
tions are cubic in volume and these include such well known forms 

as the v~deLWaals_(187}1.Clausius (1880). Berthelot (1899). 
Redlich-Kwong (1949). Wilson (1964). Soave (1972). Chaudron et ----- -"""'- _. - -.- - ...... --_.- -- " 

a 1 (1973). STiiiOnet-Behar (1976). Peng-Robi nsoQ (1976) and ... -- . 

Fuller. (1976). To increase the accuracy of prediction. the cubic 
equations are often designed for the calculation of a specific 
thermodynamic property. No cubic equation has yet been found 
which can represent both low and high pressure volumetric beha
viour and give accurate prediction of VLE. One of the most 
successful of the cubic equations has been the modified Redlich

Kwong equation proposed by Peng and Robi nS9n -<1976). This equa-
-"---"-- --- - - --

tion has been used with considerable success for the prediction 
of vapour-liquid equilibrium (Peng and Robinson. 1976; API. 1977). 
three phase equil ibria (Peng and Robinson. 1976) and critical 
states of multi component mixtures (Peng and Robiris,on. 1977). 
Although the Peng and Robinson equation gives very good repre
sentation of VLE. the liquid phase density predicted by this , 
equation is not reliable-j' One of the objectives of this research -

3 



was therefore to modify the Peng and Robinson equation in order 

to improve the prediction of liquid phase density while main
taining the accuracy in the prediction of VLE. 

A second objective was to examine alternative ways of 
extending the resulting equation to the calculation of phase 

equilibria and phase densities of mixtures._)jmp~~~n..s __ 
of state may be extended to mixtures either by means of the van 

r-d~r Waals one fluid model and the extended corresponding states 
P?lnciple (Teja, 1980; Teja and Sandler, 1980; Teja, Sandler 

/and Patel, 1980) or by means of arbitrary mixing rules whereby 
their constants are repl~ced by composition dependent terms. 
Both approaches have been followed in this work. Wherever 
possible, comparisons with other equations and with alternative 
approaches will be shown and the relative advantages of each 
method will be outlined. 
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CHAPTER 2 

LITERATURE REVIEW: EQUATIONS OF STATE 
AND THE CORRESPONDING STATES PRINCIPLE 

2.1 Equations of State 

An equation of state attempts to express in an analytical 

form the relationship existing between pressure (P) - Volume (V) 
- Temperature (T) and composition (x or y) in the absence of 
special field forces. Via this relationship for pure components 
and mixtures with fixed composition, it becomes possible to 
express an otherwise complicated three dimensional relationship 
or surface in terms of two dimensions by keeping one variable 
constant and varying the other two. The general form of this 
relationship is given by: 

f [P, V , T ,xl = 0 (2. 1 ) 

Two approaches to the development of an equation of state 
have been followed in the past. One is the theoretical approach 
based on either kinetic theory or statistical mechanics involving 
intermolecular forces. This is exemplified by such equations as 
those of van der Waals (1873), Lennard-Jones and Devonshire (1937), 

Flory, Orwall and Vrij (1964), Carnahan and Starling (1972), 
Beret and Prausnitz (1975) and De Santis, Gironi and Marrelli 
(1976). The other approach is empirical or at best only semi
theoretical. This is exemplified by equations such as those of 

Clausius (1880), Beattie and Bridgeman (1928), Benedict, Webb 
and Rubin (1940), Redlich and Kwong (1949), Bender (1973), Han 
and Starling (1972) and Peng and Robinson (1976). 

The widespread activity in the field of equations of state 
over an extended period of time since the introduction of the 
van der Waals equation can be attributed to the exceptional power 
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and utility of an equation of state. In addition to P-V-T data 
smoothing and interpolation, an equation of state can be used 

to calculate derived thermodynamic properties through various 
thermodynamic relationships. When combined with appropriate 
thermodynamic relations, a well behaved equation of state can 
predict with high precision thermodynamic properties commonly 
needed in process engineering, such as: 

1) Isothermal entropy and entha1py departures. 

2) Heats of mixing. 
3) Isothermal changes in heat capacities. 
4) Fugacities of liquid and vapour phases. 
5) Vapour pressures. 
6) Densities. 
7) Latent heats of vaporization. 

But the utility of an equation of state extends far beyond the 

the prediction of the above-mentioned thermodynamic properties. 
An equation of state even offers assistance in transport property 
calculations. Perhaps the most important industrial applications 
of equations of state lie in phase-equilibrium predictions and 
in calculations listed below. 

a) Vapour-liquid equilibrium - bubble point, dew point and 
flash calculations. 

b) Liquid-liquid equilibrium calculations. 

c) Liquid-vapour-so1id equi1ibria and freeze-out problems. 

d) Simultaneous phase and chemical reaction equi1ibria. 

Even the simple operations of compression and expansion of gases 
and. liquids often involve vapour-liquid equilibrium. 

Equations of state have been used for the prediction of 

critical points and the critical locus of a mixture (Joffe and 
Zudkevitch, 1967; Spear et a1, 1969; Hissong and Kay, 1970) and 
in the calculation of data charts, particularly K value charts for 
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vapour-liquid equilibrium. Equations of state can also be used 

to predict and interpret results for thermodynamic anomalies 
e.g. multiple bubble points. 

The enormous and varied potential and utility of equations 
of state has resulted in incorporating such equations in com
puterised flow sheet calculations for entire processes and in 
design calculations involving heat exchangers, distillation 
columns, storage tanks etc. 

Hore recently, the scope of research in the field of equa

tions of state has broadened to cover more than just improvements 
in P-V-T representation. The emphasis today is more towards the 
needs of industries. Modern research aspects of equations of state 
can be summarized as follows (Adler et al, 1977): 

1. Development of completely new equations. 
2. Improvement of existing equations. 
3. Testing of existing equations for successes and failures. 
4. Applications to mixtures via: 

a) new models 
D) new interaction constants. 

5. Extension of given equations of state to other properties. 
6. Extension to cryogenic conditions. 
7. Calculation of constants for more and more substances. 
8. Extension of usefulness of equations of state to new appli

cations. 

a) addition to minimization of free energy technique. 
b) solution of freeze-out problems. 

9. Development of a whole new approach - combining existing 
equations: one for the liquid phase and one for the vapour 
phase, and even one for pure liquid fugacity. 
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2.1.1 The Ideal Gas Equation of State 

Attempts to describe the volumetric properties of gases 
date back at least to the time of Boyle, 300 years ago. These 
attempts led to the ideal gas laws which yield the simplest 
equation of state of the form: 

PV = n RT (2.2) 

where n is no. of moles. 

Equation (2.2) describes the behaviour of an ideal gas at 
any pressure, or the limiting behaviour of a real gas as the 
pressure tends to zero. Equation (2.2) is highly deficient in 
the representation of real gas behaviour such as the process of 
condensation at subcritical temperatures - a phenomenon which is 
not implicit in equation (2.2). From equation (2.2) it follows 
that for one mole of gas: 

PV 
Z=lIT=l 

where Z is the compressibility factor. 

(2.3) 

Thus, the compressibility factor Z predicted by the ideal 
gas equation of state is 1, and is independent of temperature 
and pressure. But for a real gas, Z is a function of these 

variables, as shown by Figure 2 . .1. 
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Z[;2~~~==:3 T = 5 T = 2.3 
r r 

1.0 

1.0 Pr 

FIGURE 2.1 Generalized compressibility chart 

2.1.2 The van der Waals Equation of State (1873) 

It-was not until van der Waals (1873) published his classical 
equation of state that systematic efforts were made to describe 
the occurrence of two phases and the equilibrium properties of 
real gases. Van der Waals took into account correction factors 
for the intermolecular forces of attraction and repulsion as 
well as the finite volume of the molecules. The van der Waals 
(vdW) equation is written in the following form: 

(P +~) (V - b) = RT 
V2 

(2.4) 

where P is pressure; -T is the absolute temperature; V is the 
molar volume and R the universal gas constant. 

The constants a and b have an approximate physical meaning. 
'a' provides -a rough measure of the attraction forces between the 
molecules while 'b' is related to the molecular size. 

The standard procedure for evaluating a and b is as follows. 
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Because the critical point on a P-V plot is a point of inflection 

the usual first two pressure-volume derivatives are set to zero: 

-RT 
( OP) = c "'N

T 
--~-

c (V
C

-b)2 

= 

+ 2a = 0 
V 3 

C 

6a 

V 4 
C 

= 0 

(2.5) 

(2.6) 

Since equation (2.4) holds in general, it holds at the 
critical point, so there are three equations available to solve 

for the two constants a and b. If Pc' Vc' and Tc are known, any 
two equations can be chosen for the solution. Usually equation. 

(2.5) and ~quation (2.6) are used. In this case a and bare 
obtained in terms of Tc and Vc. Rearranging equations (2.5) and 
(2.6) and dividing one by the other we have: 

hence: 

2a 
V 3 

C 

Vc 4 RT c ( Vc - b) 3 

X - = ---=-- x -"---6a (Vc - b)2 
(2.7) 

(2.8) 

By substituting for b into equation (2.5) or 2quation (2.6), 
we.get: 

(2.9) 

When values of a and b are put into equation (2.4), a value 
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of Pc at Vc and \ is predicted to be: 

Pc 
3 R\ 

or ZcvdW 
Pc Vc 

= 0.375 (2.10) = "If -v-; = 
RTc 

Thus, the predicted critical compressibility is higher than 

the experimental value which is less than 0.30 for common sub
stances. Using equation (2.10), it is possible to write three 
different expressions for a, and two different expressions for 
b, depending on which pair of independent quantities is used 

from Pc' Vc' and Tc. These expressions are: 

a [Vc' \1 = 
9 R Tc Vc 

8 (2.11 ) 

27 R2 T 2 
[Pc,Tc1 = c a 64 Pc 

(2.12) 

(2.13) 

(2.14) 

(2.15) 

If the same pair of independent variables is employed in 
calculating a and b, three different equations of state result: 

RT (2.16) 
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RT 3 P V 2 
P [PC,VC] c c (2.17) = 

Vc V2 
V ~'3 

RT 27 R2 T 2 
P [PC,TC] c (2.18) = 

RTc 
V 64 Pc V2 

- w:-
C 

These are all perfectly valid equations based on the van der Waals 
development. The critical isotherms of these equations are shown 
in Figure 2.2 along with the true curve for Argon (see Martin, 
1967). As can be seen, only equation (2.18) has a general 
appearance of the true curve. In fact, equation (2.18) is the 
most common form of the van der Waals equation which has been 
quoted in many textbooks. With reduced parameters defined by 

equation (2.18) becomes 

\ Pr = ---'-----,-
Z V -l c r 0 

27 
64 Z 2 V 2 

C r 

Substituting Zc = i from equation (2.10) 

3 
V 2 
r 

(2.19) 

(2.20) 

This reduced equation of state implies that all gases, when held 

at equal values of Pr and Tr , should have equal values of Vr . 
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P 

(2.17) 

Data 

Pc - - - - - -- - - -- - --- -:::-::--...,.---+-::;:-~--;:-~ __ ...:: 

v 
c v 

FIGURE 2.2 Critical isotherms of three van der Waals equations 
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This theorem; known as the corresponding states principle, has 
provided the basis for many theories of the fluid state and is 

discussed later in this chapter. 

Van der Waals used the following mixing rules to extend 

his equation of state to mixtures: 

am = L L y. y. a·· (2.21) . . 1 J 1J 1 J 

bm = L L y. y. b .. (2.22) . . 1 J 1J 1 J 

= (a .. ~ (2.23) aij aj ) 11 

b .. = ~ (b .. + b .. ) 
1J ' 11 JJ 

(2.24) 

Although the vdW equation of state is rarely used in 
industrial applications nowadays, it is of considerable interest 
since it is the forerunner of the so called Redlich-Kwong type 
of equations which are so commonly used. The vdW equation is the 
simplest equation that gives a qualitatively adequate account of 
the process of condensation and the properties of co-existing 
phases. It is easy to manipulate and never yields physically 
absurd results. The poor agreement with experiment, particularly 

at the critical point and below, can be attributed to the simpli
city of the equation and the fact that the predicted critical 

compressibility ZcvdW is higher than the actual Zc. 

2.1.3 The Virial Equation of State 

Most of the equations of state that have been proposed since 

the time of van der Waals are empirical in nature - there being 
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little theoretical justification for the constants appearing 

in them. In contrast to these equations, the virial equation 
of state has a sound theoretical foundation. The virial equa
tion gives the compressibility factor as a power series: 

+ •..•.. (2.25) 

or Z = 1 + Bp + Cp2 + ......•. (2.26) 

where: p = l/V 

or Z = 1 + B'P + C'p 2 + ••..... (2.27) 

The two, volume and pressure-implicit forms of the above 
equation are frequently called the Leiden and Berlin forms in 
recognition of the work done in the two cities. The constants 
B, B', C, C', D, D' .... etc. are termed the second, third and 
fourth virial coefficients etc. and it may be shown that they 
are independent of pressure and molar density. The virial 
coefficients are functions of temperature only and have a direct 

relationship to intermolecular forces. For simple molecules the 
second virial coefficient can be accurately calculated'from pair 
interaction potentials. One of the most important advantages of 
this approach is that virial coefficients for mixtures 'are given 
by the rigorous relationships. 

B . t ml x ure 

C . t mlX ure 

=I~y·y·B .. 
i J 1 J lJ 
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Virial coefficients can'be obtained from derivatives of 
the compressibility factor but the results obtained for the 

higher order (third, fourth, etc) coefficients are not accu

rate as errors are introduced by repeated differentiations. 
By far the most realistic method for calculating virial coeffi
cients is that proposed by Lennard-Jones (1924). 

Except in the case of hard sphere molecules with no attrac

tive forces, virials beyond the third are largely unknown. 
With three virials, the gaseous region compressibility factors 
of simple molecules can be predicted accurately to the satura
tion line at reduced temperatures below about 0.9. At higher 
reduced temperatures ,the equation truncated after the third 
virial is accurate for 
With only two virials, 
greater than about 8. 
approaching the liquid 

Vr values greater than approximately 2. 

the equation is accurate at Vr values 
For densities above the critical -density 
region, the virial equation gives poor 

results (Leland et al, 1968). 

2.1.4 The Redlich'-Kwong Equation of State (1949) 

Redlich and Kwon~ proposed a two constant equation based 
on several theoretical and practical considerations. Their 
proposed equation is: 

p RT a 
= v:1) - T; V (V+b) 

(2.30) 

where the constants a and b are obtained by equating the two 
pressure-volume derivatives to zero at the critical point, 

as in the case of the vdW equation. In terms of Tc and Pc' a 

and bare 

R2 T 2.5 
a = 0.42748 c 

Pc 
(2.31) 

b 0.08664 
R Tc 

= -p- (2.32) 
c 
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An important theoretical consideration in the derivation of 

Redlich-Kwong (R-K) equation was the experimental observation 

that the volume of all gases approaches a limiting value at 

high pressures. Redlich and Kwong assumed a value given by: 

b = 0.26 Vc (2.33) 

Redlich and Kwong stated that equation (2.30) furnishes satisfac

tory results above the critical temperature for any pressure. 

This was also concluded by Thodos and Shah (1965) who used the 

equation for the prediction of P-V-T properties of argon. 

Thodos and Shah found that for argon, the R-K equation predicted 

accurate densities over a wide range of temperature and pressure 

and was valid for both the gaseous and liquid regions. 

The RK equation can be written in the following reduced 

form: 

Tr 0.42748 

-Z -(-V -_'0'."'0""86""674) - T ~ V Z 2 (V + 0.08664) 2 

C r lc r r c r lc· 

(2.34) 

At the critical point, 

into equation (2.34), a gas 

compressibility of 

P = 1 
r ' 

obeying 

Tr = 1, Vr = 1 and substituting 
the R-K equation has a critical 

ZCRK = 0.3333 (2.35 ) 

If the actual critical compressibility of a fluid is used in 

equation (2.34), prediction of densities in the critical region 

is improved (Leland et al, 1968). 
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Equation (2.30) can also be written as a cubic in the com
pressibil ity Z, 

where: 

Z3 - Z2 + (A - B2 - B) Z - AB = 0 

bP 
B = RT 

and na = 0.42748 

nb = 0.08664 

(2.36) 

(2.37) 

(2.3B) 

To extend the application of the equation to mixtures, the 

following mixing rules for a and b are recommended: 

bm=Ly·b. 
. 1 1 
1 

where: am and bm are mixture constants. 
y., y. are mole fractions. 

1 J 

(2.39) 

(2.40) 

There are no sound theoretical reasons for the mixing rules given 
here. However, b is related to the limiting volume, and therefore 

depends linearly on the mole fractions, while a is related to the 
second virial.coefficient and must therefore be quadratic in the 
mole fractions. The cross-terms aij in equation (2.39) can be 
obtained from the following geometric mean rule: 
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a"J' = (a .. a .. )~ 
" JJ 

(2.41) 

For mixtures containing physically and chemically similar 

molecules, equation (2.41) gives adequate representation of P-V-T 
properties. However, for mixtures containing chemically and 
physically dissimilar molecules, a correction factor commonly 
known as the binary interaction coefficient must be used. Thus 
we may write 

(2.42) 

where ~ij is a binary interaction coefficient which must be 
obtained from experimental data for the mixture. 

The R-K equation is a marked improvement over the vdW 
equation, with a greater numerical accuracy and providing the 
best two parameter equation of state for the gas phase volumetric 
properties of simple fluids and fluid mixtures. It is remarkably 

simple and can be employed in all property calculations. It has 
achieved wide application and acceptance in chemical engineering 
practice, its justification resting mainly on the good degree of 
approximation obtained by comparatively simple means. Like the 
vdW equation, it is a well behaved function which can be used to 

represent gas phase properties over a wide range of pressures. 
Although it provides a superior fit to real gas behaviour than 
the vdW equation, it is no better in the critical region. How
ever, it is doubtful whether this region can be represented by 

any. single cubic equation or, indeed, any analytical equation of 
state (Sengers et al, 1968). Nevertheless, the representation 
in the critical region is more realistic than that of the more com

plicated equation of Benedict, Webb and Rubin (1940), which exhibits 
erratic and unusual behaviour in this region. The R-K equation 
is desirable in mixture calculations because of the ease and simple 

manner in which binary interactions can be introduced into it. 
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Nevertheless, like any other equations of state, the R-K 
equation has its shortcomings. It cannot give accurate predic
tions for widely different types of fluid over extensive ranges 
of temperature, pressure and density conditions. The original 
R-K equation was proposed for non-polar fluids in the gaseous 
state only and hence, its application to polar fluids and their 
mixtures and for the liquid state is not recommended. The 
fundamental criterion of the equality of fugacities is not 
implicit in the equation and therefore it should not be-strictly 
applied for the calculation of vapour-liquid equilibrium. 

The inherent inadequacies of the R-K equation are related 
to the fact that it contains only two parameters and predicts 
a universal critical compressibility which is much higher than 
the actual experimental value for any fluid. 

2.1.5 Modifications of the Redlich-Kwong Equation 

Since its introduction in 1949, the R-K equation has been 
modified in many different ways in an attempt to improve its 
accuracy in P-V-T representation and in the prediction of thermo
dynamic properties and phase equilibria. The corresponding states 
principle suggests that the equation should have at least three 
parameters to describe satisfactorily the behaviour of substances 
which are not simple fluids. Two possibilities for the third 
parameter are the actual critical compressibility Zc and Pitzer's 
acentric factor, w. The acentric factor has been used widely 
and it permits the influence of the molecular size and shape to 
be taken into account. It is defined by: 

~ = - log Pr - 1.0 (2.43) 

where Pr is the reduced vapour pressure at Tr = 0.7. 
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Efforts have also been made to extend the R-K equation to 
polar substances (Fuller. 1976; Chaudron et al. 1973) and their 
mixtures and to the critical region. It is interesting to note 
that Red1ich himself has proposed a number of variations in the 

hope of achieving more accurate representation (Red1ich et al. 
1963; 1965; 1970). Horvath (1974) presented a shorter communica
tion giving a list of 112 references containing a comprehensive 
collection of the published works on the R-K equation. Since 
1974 more than 20 modifications have appeared in the literature. 
The fact that the R-K equation has become the most modified 
equation of state-in the history of applied thermodynamics 
reflects the need for a simple equation of state. The multipli
city of variations can also be explained by the general diffi

culty of developing a reasonable compact equation of state 
applicable over a wide range of substances and conditions. 

Any modifications to the R-K equation and in general to any 
cubic equations will involve two kinds of compromise: 

1. Accuracy versus complexity. 
2. Accuracy in one region versus inaccuracy in another. 

The modifications made to date can be conveniently classi
fied under the following categories: 

1. Temperature dependence of the parameters a and/or b 

(Chaudron et al. 1973). 

2. Addition of a correction term such as a deviation function 

to the original function; thus 

(Red1 ich et a1, 1970) 

3. Use of additional constraints to determine constants 

(Soave; 1972)~ 

4. Changing the expression to determine a and b (Peng and 

Robinson; 1976). 
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5. Addition of new parameters (Simonet and Behar; 1976). 

6. Use of hard sphere repulsion theory (De Santis et a1; 1976). 

7. Improvements and new suggestions on mixing rules. This 
includes the introduction of binary interaction coefficient 

(Graboski and Daubert; 1978). 

Perhaps the most successful modifications of the R-K equation, 
which are widely used in industries for vapour-liquid equi1ibria 
are those proposed by Soave (1972) and Peng and Robinson (1976). 
Modifications by Simonet and Behar (1976) and Chaudron et a1 (1973) 
have been shown to give excellent predictions of pure component 
density over a wide range of conditions. However, the most impor
tant application of equations of state in industry is probably 

in the calculation of vapour-liquid equi1ibria and, for such 
calculations, the equations of Soave (1972) and Peng and Robinson 
(1976) have achieved eminence. 

2.1.6 A Modified Red1ich-Kwong Equation by Chaudron, 
Asse1ineau and Renon (1973) 

In this modification, the two parameters of the original 

R-K equation were taken as temperature dependent. Constants a and 
b were written in terms of critical temperature and critical 

pressure in the usual manner: 

R2 T 2.5 

a = Qa 
c 

Pc 
(2.44 ) 

b Q
b 

R\ 
= 
~ 

(2.45) 

However, in contrast to the other modifications of the R-K equa
tion, Qa and Qb were not evaluated by applying the classical 

constraints at the critical point. They were represented by the 
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following analytical forms: 

!la = I 
Ca, i 

i = 0, 1 , 2 ~ 

i T 1 
r 

(2.46) 

Q
b = ~ Cb " T j j = 0, 1 , 2 

,J r 
J 

(2.47) 

C . and Cb . are optimised coefficients which were obtained a,l ,J 
by minimizing the relative deviation between experimental and 

computed values of volume for all data available. Chaudron et 

a1 (1973) obtained Ca,i and Cb,j for 25 substances including 
hydrocarbons up to n-decane and some polar substances such as 
water and ammonia. 

For non-polar substances in reduced temperature range 

0.65 < Tr < 1.5, Qa and Qb have been correlated in the following 
way: 

and 

Q "".- = Q (0) +U1Q (1) 
a c a a 

Q = Q (0) + w Q (1) 
b b b 

Q (K) = ~ 
a 1 T ; 

r 

Q (K) 
b 

= I g.(K) 
j J 

T j 
r 

i=0,1,2 

j=0,1,2 

(2.48) 

(2.49) 

(2.50) 

(2.51) 

d. (K) and g.(K) are generalised coefficients and they have 
1 J 
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been obtained by fitting values of na and ~ from equations (2.46) 
and (2.47) at a few reduced temperature values for all substances 
considered. 

To extend the proposed modification to the calculations of 
mixture properties, a new set of mixing rules were used. A new 
parameter F was defined as: 

(2.52) 

F . = L L x. x. F .. (2.53) mlX i j 1 J lJ 

2/3 
a . 

F . = mlX (2.54) mlX bmix 

(2.55) 

Based on the experimental partial volume data of 19 binary 
mixtures, the following correlation for F .. was obtained: 

. 1 J 

F .. lJ = 

n ~/3 [T 1 R2/ 3 Z ~/3 T
C1

.
J
. al m . . Cl 
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(2.58) 

Zci = 0.291 - 0.08 wi (2.59) 

where, i is 
interaction 

the most volatile component (T . < T .). The 
Cl cJ 

coefficient, Cij for different systems was given 
by: 

For hydrocarbon mixtures: 

1/3 1/3 
!CV. + V . ) 

Cl cJ 

(2.60) 

For paraffin-carbon dioxide systems: 

o 25 V CH - 7 . c 
Ci j = V CH 

c + 31.5 
(2.61 ) 

where Vc CH is the critical volume of the paraffin. 

For para ffi n-hydrogen sulfi de systems: 

(2.62) 

For other mixtures, some experimental data are needed to obtain 

F ij. 
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The above mixing rules were recommended for the calculation 
of partial molal volumes and vapour phase fugacity coefficients. 

For the calculation of liquid phase fugacity, activity coeffi
cients were used and the influence of pressure on liquid fugacity 
was calculated using the modified equation with given mixing 
rules. 

In view of the number of equations involved and the require
ment of additional parameters, the use of this modification for 

vapour-liquid equilibrium (VLE) calculations presents a more 
difficult task compared with the use of the Soave (1972) or the 
Peng-Robinson (1976) equations. Accurate predictions of VLE were 
made by Chaudron et al but they did not follow the easier single 

equation of state approach. 

In general, this modification using equations (2.46) and 
(2.47), gives very accurate predictions of density over a wide 
range of pressures and temperatures. Results obtained were as 

good as and in some cases better than those obtained using the 
eight constant equation of Benedict, Webb and Rubin (1940). 
Other volumetric properties can also be predicted with a good 
degree of accuracy. 

The prediction of mixture density can be made through the 
mixing rules given by equations (2.52) - (2.62). But it is not 
necessary to use this set of mixing rules. Accurate predictions 

of mixture density have also been obtained by Teja et al (1978) 
using the relatively simple mixing rules of van der Waals. 

2.1.7 A Modified Redlich-Kwong Equation by Simonet and 
Behar (1976) 

In this modification, the parameters of the original R-K 
equation were treated as functions of temperature and acentric 

factor. The equation was written as: 

26 



p = RT _ UIL 
v=b V{Vt6T 

with the constants a and b being given by: 

a = n a 

From equations (2.64) and (2.65): 

(2.63) 

(2.64) 

(2.65) 

(2.66) 

na and ab were obtained by minimizing the root mean square devia
tion between the experimental and computed values of volume for 
all data available. The temperature range of data was 0.5 < .. Tr < 

1.5. n b was correlated with the acentric factor and reduced a .. 
temperature in the following way: 

nO = 5.06364 ab 

ab was correlated as: 
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(2.70 ) 

n~ = 0.0826 - 0.0122.w (2.71 ) 

1 
~ = 0.0220 - 0.0127.w (2.72) 

·2 
nb = -0.0072 - 0.02905.w (2.73) 

Thi s genera 1 i zed form of the equation has been tested in 
the liquid, gas and hypercritical regions for normal alkanes 
up to n-decane. Experimental volumes were reproduced within 
1% but the critical region (0.96 < Tr < 1.1) was avoided. This 
equation also gave accurate predictions for heavy hydrocarbons: 
from ri-decane to n-hexadecane. Results obtained from this equa
tion were as good as and in some cases better than those obtained 
from the equation of Chaudron et al (1973) and the equation of 
Benedict, Webb and Rubin (1940). Accurate predictions for the 
enthalpy departures have also been obtained. 

This equation has been used with the van der Waals one

fluid model to predict mixture densities (Teja et al; 197B). 
Their results indicated that accurate predictions of mixture 

density can be made using simple mixing rules. 

Equation (2.63) should not be used for the calculation of 

saturation properties because the fundamental criterion of the 
equality of fugacities for saturation phases is not satisfied. 

2.1.8 The Soave-Redlich-Kwong Equation (1972) 

Soave modified the original R-K equation for vapour-liquid 
equilibrium (VLE) calculations. He surmised that the R-K equation 
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gave poor predictions for VLE because the influence of temperature 
was not represented adequately. His work was based on the assump
tion that an improvement in reproducing saturation conditions 
of pure substances also leads to an improvement for mixtures. 
'The term a/T~ in equation (2.30) was replaced by a more general 
temperature-dependent term arT]. 

RT ~ 
p = v:o - V TVi-b 1 

In terms of the compressibility factor, 
tion is identical to the R-K equation 

where: 

Z3 - Z2 + (A - B2 - B) Z - AB = 0 

A = a [T] P 
R2 T2 

P 
= fl _r ol[T] 

a T 2 
r 

fla = 0.42748; flb = 0.08664 

(2.74) 

Z, the R-K-$ equa-

(2.75) 

(2.76) 

(2.77) 

(2.78) 

At the critical point the $-R-K equation is identical to the 
R-K equation and the predicted critical compressibility factor is 
0.333. At temperatures other than the critical, constant arT] is 
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given by: 

all) = ac·a[T) (2.79) 

R2 T 2 

where: a = na· 
c (2.80) c Pc 

A set of values of arT) for a number of hydrocarbons were 
obtained by satisfying the criterion of the equality of fuga

cities 

(2.81 ) 

When values of u[T)~ were plotted against T ~, almost 
r 

straight lines were obtained. As all lines must pass through 

the same point (Tr = arT) = 1.0), we can write: 

(2.82) 

The slopes of these lines, m, were correlated with the 
acentric factor by Soave to give 

m = 0.480 + 1. 57 w - o. 1 76 w2 (2.83) 

The acentric factor, w, was used as a third parameter to 

extend the original R-K equation to heavier hydrocarbons. 

Soave calculated the vapour pressures of a number of hydro

carbons ranging from ethylene to n-decane. 
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From the results presented by him, the modification appears 
to be a vast improvement over the original R-K equation not only 
in the prediction of vapour pressures but also in VLE predictions. 
Mixing rules used for a and b were the same as those used for 
the original R-K equation. 

Soave concluded that larger deviations were obtained for 
systems containing carbon dioxide, hydrogen sulfide and polar 
compounds. For these systems use of the binary interactio~ coeffi
cient was recommended. No binary interaction coefficients were 
used for hydrocarbon-hydrocarbon systems. 

In general, saturated liquid densities calculated from the 
Soave equation are lower than the experimental values. This is 
true except for small molecules like argon, nitrogen and methane 
at very low temperatures where the predicted values of liquid 
density are slightly higher. Saturated vapour densities are 
predicted accurately (Peng and Robinson, 1976). 

2.1.9 The Peng and Robinson Equation of State (1976) 

This equation can be written in the following 
is different to that of the R-K equation: 

P RT arT] 
= V-b - V (V+b) + b(V-b) 

form, which 

(2.84) 

In terms of the compressibility factor, it can be written as: 

Z3 - (l-B) Z2 + (A - 3B 2 - 2B)Z - (AB - B2 - B3) = 0 

(2.85) 
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where: A aP = 
.R2 T2 

B bP 
= RT 

PV 
Z = lIT 

(2.86) 

(2.87) 

(2.88) 

Equating the two pressure derivatives to zero to describe the 
critical point, we have 

R2 T 2 
C a [Tc l = 0.45724 .,...-:'-

Pc 

RTc 
= 0.07780 -P

c 

ZCPR = 0.3074 

At temperatures other than the critical: 

(2.89) 

(2.90) 

(2.92) 

(2.93) 

, 

where: arT ,wl is a dimensionless function of reduced temperature 
r 

and 'acentric factor and equals unity at the critical temperature. 
Equation (2.92) was also used by Soave (1972). 
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The functional form of arT ,w] was determined by using r ' 
experimental vapour'pressures and satisfying the equilibrium 

condition of the equality of fugacities along the vapour pressure 
curve. The relationship between a and Tr was given by: 

(2.94) 

where: K is a constant characteristic of each substance and 
was given by: 

K = 0.37464 + 1.54226w - 0.26992 w2 (2.95) 

The value of K for each pure component was obtained by 

1inearizing the a~ [Tr,wJ vs \~ relationship between the normal 
boiling ptiint and the critical point. This is slightly different 

than the method of Soave (1972) which assumed a linear relation

ship from Tr = 1.0 to Tr = 0.7. 

The influence of wand K was obtained by a least squares 
fit of the data for all components of interest. 

Equation (2.84) was extended to mixtures using the same 
mixing rules as those used for a .and b in the original R-K equa
tions. Use of an experimentally determined binary interaction 
coefficient was recommended for VLE calculations of systems 

containing weakly polar components such as carbon dioxide and 
hydrogen sulfide. 

Comparison with the Soave equation shows that both equations 
predict bubble point pressures and equilibrium ratios with the 
same accuracy. However, equation (2.84) is superior in the repre

sentation of vapour pressures and saturated liquid densities. In 
general, both equations predict vapour phase properties equally 
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well but equation (2.84) is superior .for liquid phase properties, 

except in the case of very 1 i ght components such as argon for' 

which it gives poor predictions in the region away from the 

critical (Tr < 0.8). The fact that equation (2.84) predicts 

a universal critical compressibility factor of 0.3074 as 

compared with Soave's 0.333 has improved the predictions in 

the critical region for those components whose critical com

pressibility factor is close to 0.3074. For heavy hydrocarbons 

and highly polar substances, for which the value of the critical 

compressi bi 1 ity factor 1 i es be low 0.26 (and therefore far from 

0.3074), equation (2.84) does not give good predictions. The 

applicability of equation (2.84) can be extended to a wide range 
of substances and conditions if a way can be found to make the 

predicted critical compressibility factor a substance dependent 

parameter. It is not necessary to reproduce the actual critical 
compressibility factor as indicated by the results obtained from 

equation (2.84), but the value of the predicted critical compre
ssibility factor should be sufficiently close to the experimen

tal value for the.overall results to be acceptable. 

2.1.10 A Modified Peng and Robinson Equation of State by 
Reyen (1980) 

In this modification, a third parameter has been added to 

the two parameter equation of state proposed by Peng-Robinson 

(1976). The experimental value of the critical compressibility 

factor is reproduced exactly. The form of this equation is 

given by: 

P _ RT - r-e a 
y2 + (b+e) Y - be 

where a and e are temperature dependent. 

to the Peng-Robinson equation by setting 

compressibility, Z, it can be written as: 
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(2.96) 

Equation (2.96) reduces 
b=e. I n terms of the 



where: l - PV • 
- lIT ' 

bP 
B = RI 

As explained by Martin and Hou (1955), values of A, Band 
E at the critical temperature are obtained by noting that equa

tion (2.97) has 3 equal roots lc. Hence: 

l3 = 0 
C 

Ac = Bc + Ec + 2B E + E 2 + 3l 2 c c C c 

(2.98) 

(2.99) 

(2.100) 

To solve equation (2.99) Newton's method is recommended 

with an initial value of Ec given by: 

Ec ~ 0.32429 lc - 0.022005 (2.101) 

(2.97) 

Since equation (2.99) is cubic, it can also be solved analytically, 
as indicated in Appendix (D). At temperatures other than the 

critical, a, band e were given by: 

R2 T 2 
C 

P . Cl [T rl 
c 

(2.102) 
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b = B • c (2.103) 

(2.194 ) 

Values of a[Tr ] and S[Tr ] have been calculated by forcing the 
equation of state to match experimental. vapour pressures and 
saturated liquid volumes. a is a monotonically decreasing func
tion of Tr . The form selected by Soave (1972) and Peng-Robinson 
(1976) is not appropriate, since it predicts that a vanishes, then 
starts increasing at high T. A new form for a was suggested by 

r 
Heyen. This is given by: 

(2.105) 

Values of S decrease from a maximum asymptotic value at low 
Tr , to unity at Tr = 1, and can be correlated by: 

. 
1 - exp (e(Tr - 1)) 

= 1 + m -----'---'--- (2.106) 
1 + exp (e(Tr - 1)) 

Parameters K, n, m and e have been evaluated for polar and non 
polar components. For normal fluids, K, n, m and e have been 
correlated with a.centric factor, as follows: 

K = 0.47614 + 0.5145500 - 0.19072002 (2.107) 

n = 1.589 + 1.18800 (2.108) 

m = 0.2311 - 0.042100 + 0.39068002 (2.109) 

e = 6.8635 + 13.98200 + 7.8829002 (2.110) 
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To extend equation (2.96) to mixture calculations, the 
following mixing rules were used: 

b = L Xl· bl• m i 

(1 - 0 .. ) 
lJ 

(2.111) 

(2.112) 

(2.113) 

Equation (2.111) is the same as equation (2.39) and equation 
(2.42) put together. The binary interaction coefficient 0 .. 

lJ 
in equation (2.111) is related to the previously defined value 

of ~ij by the following equation: 

(2.114) 

Equation (2.96) gives accurate predictions of saturated liquid 
densities and vapour pressures for the reduced temperature range, 

Tr = 0.5 to Tr = 1.0. No results are given for saturated vapour 
phase densities. Accurate predictions of vapour-liquid equilibria 
have been made for systems containing polar and non-polar compo-. 
nents. 

The predictive capabilities of equation (2.96) have not been 
tested in the regions away from the critical and for the vapour 
phase in particular. It is possible that the accuracy in the 
representation of the liquid phase densities is achieved at the 

expense of the accuracy in the vapour phase. 

Equation (2.96) is used in this study for comparison purposes 

(see Chapter 4). 
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2.1.11 A Modified van der Waa1s Type Equation of State 
by Schmidt and Wenze1 (1980) 

The equation of state proposed is a generalised form of the 
van der Waa1s equation. It has the following form: 

P = RT a 
V-b - V2 + ubV + wb 2 

(2.115) 

where: a = a[T] is a function of temperature and u, wand b 
are independent of temperature. To avoid the condition that 
V2 + ubV + wb 2 = 0 for V ~ b, it has been shown that u ·and w 
must satisfy the following constraints: 

w>-u-1 

2 
U 

w>4 

for u ~ - 2 

(2.116) 

for u ~ -2 

As shown in Table 2.1, equation (2.115) can be reduced to 
some of the well known equations of state by selecting a parti
cular pair of values for u and w. 

TABLE 2.1 
Values of 
o state 

u ·w Equation of state 

0 0 van der Waa1s . ( 1873) 
1 0 Red1 ich-Kwong (1949), Soave (1972) 
2 -1 Pen9-Robinson (1976) 
3 -2 Harmens (1977) 
u u2/4 C1ausius (1980) 
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The parameters are given by: 

u + w = 1 and w = -3.w (2.117) 

Using equation (2.117), application of the classical critical 
conditions to .equation (2.115) yields: 

with 

R.Tc 
[w]. -p

c 

R2. T 2 

a c = (la [w]. ---;P"c-"c~ 

(2.118) 

(2.119) 

(2.120 ) 

(2.1 20) 

where 8c is given as the solution of the cubic equation 

and 

(6w + 1) 8 3 + 38 2 + 38 - 1 = 0 c c c 

1 
Sc = 3{1 + 8 w) 

c 

(2.121) 

(2.122) 

The smallest positive root of equation (2.121) should be 
taken. 

The temperature dependence of arT] has been selected in a 
way similar to that of R-K-S. 
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(2.123) 

where a(Tr,m) is given as a function of reduced temperature Tr 
by: 

with 

and 

and 

(5 T - 3 . r 
= mo + 70 

mo = 0.465 + 1 .347w - 0.528w2 

(2.124 ) 

( 2.125) 

(2.126) 

(2.127) 

Unlike Soave's expression, m has been treated as temperature 
dependent. 

The resulting values of ~c (the predicted critical com
pressibility) are always greater than the experimental values 

of the critical compressibil ity, Zc' 

At low reduced temperatures, molar liquid volumes have been 

reproduced within two percent of the experimental values. Accu
rate predictions of vapour pressures have also been made (Schmidt 

and Wenzel, 1980). Compared to the Peng-Robinson (1976) equa
tion and the S-R-K equation, equation (2.115) gives better repre
sentation of the vapour-pressure in the low pressure region. 

In the critical region large deviations in liquid volume occur 

because the experimental critical volume is not accurately 
reproduced. These limitations appear to be inherent in cubic 

equations of state (Abbott, 1973). Accurate predictions for the 
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saturated vapour compressibi1ity factors have also been made. 
VLE calculations have been successfully carried out but no 
results have yet been reported. 

2.1.12 The Han-Star1ing Equation of State (1972) 

This is a modification of the B-W-R (Benedict, Webb and 
Rubin, 1940) equation of state .. The original B-W-R equation of 
state is: 

P = pRT + (BRT - A - ~) p2 + (bRT - a)p3 
T2 

(2.128 ) 

where B, A, C, b, a, y, c, a are constants. The B-W-R equa
tion of state has been found to be very inaccurate at low temp
eratures. The modified equation of state by Han and Starling 
has added constants which improves the behaviour at low temp

·eratures. The modified equation of state is the following 
function of temperature, T, and molar density, p 

+ (bRT - a - ~) P 3 + a( a + ~) P 6 

(2.129 ) 
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where Ao' Bo' Co' Do, Eo' a, b, c, d, a, y are constants. 

Equation (2.129) is capable of predicting thermodynamic 
properties at reduced temperatures as low as Tr = 0.3 and 
reduced densities as great aSP¥'r = 3.0. It can be used for. 
light hydrocarbons in the cryogenic liquid region in addition 
to higher temperature regions. 

To ensure consistency between predicted properties, avail
able experimental PVT, enthalpy and vapour pressure data have 
been used simultaneously in a multiproperty analysis to deter
mine the constants for individual components. Due to the lack 
of extensive data, the individual constants have been reported 
for only light hydrocarbons up to n-octane and components 
commonly found in the petroleum industry such as carbon dioxide 
and hydrogen sulfide. However, the 11 constants in equation 
(2.116) have been generalised using data for the normal paraffin 
hydrocarbons methane through n-octane and are expressed as the 
following functions of the component acentric factor, wi ' 

critical temperature, Tci' and critical density, Pci' 

Pci B . = A1 + Bl wi (2.130) 
01 

Pci Aoi 
A2 + B2 wi (2.131) = 

RTci 

Pci Coi 
A3 + B3 wi (2.132) = 

RT 3. 
C 1 

2 = A4 + B4 wi (2.133) Pci y. 
1 

(2.134 ) 

(2.135) 
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(2.136) 

2 P . C. 
Cl 1 

RT 3. 
Cl 

(2.137) 

p . D . 
Cl 01 

RT .. 
Cl 

(2.138) 

(2.139) 

(2.140) 

The parameters Aj and Bj (j = 1, 2, .... 11) have been 
evaluated by Starling (1973). They are given in Appendix C. 
For consistency in thermodynamic property prediction calculations, 

the values of \i' Pci' and wi should be taken as those values 
reported by Starling (1973) . 

. The generalised equation has been extended to mixtures 

using the following mixing rules for the 11 constants: 

Bom = l xi B . (2.141) 
1 

01 

A = om l ~ 
1 J 

x. 
1 

x. A!.A~.(l - k .. ) (2.142) 
J 01 OJ lJ 

Com = n: Xi x. C~. C~. (1 - k .. ) 3 (2.143) 
i j J 01 oJ 1 J 
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Ym = 0: xi Y J ]2 (2.144 ) 
i 1 

b = 0: Xi b. 1 / 3 ]3 (2.145) m i 1 

am = 0: x. a. 1 / 3 ]3 (2.146) 
i 1 1 

a = 0: Xi a. 1 / 3 ]3 (2.147) m i 1 

Cm = 0: x. C. 1 / 3 ]3 (2.148 ) 
i 1 1 

°om = 2 2 x. x. o !. o !. (1 - k .. )4 (2.149) 
i j 1 .J 01 oJ lJ 

d = [2 X. d. 1h ]3 (2.150) m i 1 1 

Eom = H x. x. EO~i EO~j (1 - kij)5 (2.160) 
1 J 

1 J 

In equations (2.141) through (2.160), Aom' Born' Corn' 0om' 
Eom' am' bm' cm' dm, am' Ym are mixture parameters, i and j are 
indices for the components and the summations range from i = 1 
to i = nand j = 1 to j = n, where n is the total number of 

components. Boi ' Aoi etc. are the pure component equation of 
state parameters for the ith component, given by equations 

(2.130) through (2.140). xi is themole fraction of the ith com
ponent. k .. is the binary interaction parameter and it is a lJ 
measure of deviations from ideal solution behaviour for inter-

actions between the ith and jth components. kij values for a 
large number of binaries have been reported by Starling (1973). 
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Equation (2.129) with generalised parameters have been 

used by Han and Starling (1972) for predicting thermodynamic 
properties of 23 pure fluids. These fluids include polar 
and non-polar components, paraffin, olefin, naphthalene, and 

aromatic hydrocarbons and non-hydrocarbons. Densities were 
predicted with an absolute average deviation of 1.38 per cent 
for 971 data points. Entha1py departures were predicted with 
an absolute average deviation of 1.74 Btu/1b for 620 data points. 
Saturated liquid fugacities were predicted with an absolute 
average deviation of 1.08 per cent from saturated vapour fuga
cities, for 663 data points. Vapour pressures can also be 
predicted accurately because the equality of fugacities criterion 

is satisfied (Han and Starling, 1972). 

The consistent accuracy with which predictions were made 
showed that the generalised equation can be used for non-polar 
fluids with confidence. In addition, the equation of state is 
thermodynamically consistent, since density, entha1py and vapour 
pressure can be predicted accurate1y.using the same constants. 
Thus, entropy, heat capacities, Jou1e-Thomson coefficients, etc. 
can also be predicted with confidence. 

The generalised equation of state gave accurate predic~ions 
of densities, entha1pies, and entropies for both gas and liquid 

mixtures. Vapour-liquid equi1ibria were also predicted accu
rately but the use of binary interaction parameters was recommen
ded. It must be pointed out that the use of the generalised 

equation of state for vapour-liquid equilibrium prediction 
involves tedious manipulation. It requires a trial and error 
procedure to calculate density at a given P and T, while the 
shorter equations such as the Soave (1972), and the Peng-
Robinson (1976) are amenable to analytical solution and may be 
solved rapidly. Predictions of bubble point pressures and temp
eratures, and equilibrium ratios made by simple equations of state 

are comparable to those made by the generalised Han-Star1ing 
equation (Chapter 8). Because of their simplicity, the shorter 
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equations are preferred for the prediction of vapour-l iquid 
equilibria. 

The generalised equation of state has also been used with 
the van der Waals mixing rules to give accurate predictions of 
mixture density (Teja et al, 1978). In this study (Chapter 7) 
use of the van der Waals mixing rules is extended to the predic
tion of vapour-liquid equilibria. 

2.2 The Corresponding States Principle 

The principle of corresponding states was first proposed 
by van der Waals on the basis of his well known equation of state. 
The main application of the corresponding states principle (CSP) 
is the prediction of unknown properties of many fluids from the 
known properties of a few. It also makes possible the utiliza
tion of some important developments in statistical mechanics 
which would otherwise be prohibited by computational difficul
ties. 

From the. principle of continuity of the gaseous and liquid 
phases, van der Waals showed that at the critical point 

ap 
(av)T = 0; 

c 
(2.161) 

The relations led to the general result of van der Waals that 
for variables V, T and P there exists a universal function F 
such that: 

V T P 
F[ V- ' T:" ' ~ ]= 0 

c c c 
(2.162) 
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is valid for all members of a given set of substances. When 

this is applied to the van der Waals equation, we obtain 

v CV) - 1] 
c 

(2.163) 

Equation (2.162) can be written in terms of the compressi

bility factor as: 

T V 
Z = F [T' r] 

c c 
(2.164 ) 

A similar function can be written in terms of PIPc instead of 

VIV c' 

It can be shown, however, that this result is not strictly 
tied to any particular equation but can be applied to any equa
tion of state containing two arbitrary constants in addition to 
the gas constant, R. Equation (2.164) is the simplest form of 
the corresponding states principle and ,is often called the two 
parameter law of corresponding states, since knowledge of only 

two parameters is required for its application. 

According to the simple law of corresponding states, two 
fluids at the same reduced, temperature and reduced pressure will 
have the same reduced volume. They will also have the same value 

for the compressibility factor, and indeed for any dimensionless 
property which is calculable solely from P-V-T data, e.g. fuga
city coefficient, residual enthalpy and residual entropy. 

In general, the accuracy with which a given substance obeys 

the simple law is greatest in the gas phase, poorer in the 
liquid phase and very poor in the solid phase. The accuracy 

-
is also better for temperatures higher than the critical temperature. 
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The simple form of the two parameter CSP is applicable to 

restricted sets of substances. e.g. the heavy inert gases 
commonly known as simple fluids. 

2.2.1 CSP and Two-Parameter Equations of State 

~ .... 
An important consequence ~ the CSP is that the parameters 

in any empirical two-parameter equation of state can always be 
expressed in terms of critical constants. For example. any 
empirical two-parameter equation of state may be represented 
by; 

l = f [T. V. a. b 1 (2.165) 

where a and b are two parameters independent of T and V. whose 
values are adjusted to fit various fluids. When equation (2.165) 
and equation (2.161) are solved simultaneously. a and bare 
obtained in terms of critical constants for each fluid and. in 
addition. a universal constant value of lc for all fluids is 
also obtained. Substituting these values into equation (2.165) 
leads to a generalized equation of state which can be rearranged 
in the form of equation (2.164). 

In general. if the equation of state can be expressed as an 
nth-order polynomial in the voJume or compressibility factor. 
then a total of (n-l) adjustable parameters can be .found in terms 
of critical constants. It is thus possible to apply the CSP to 
certain kinds of equations of state of greater complexity than 
equ"ation (2.165). As an example. consider the equation; 

l = f [a. b. c •....• T. Vl (2.166 ) 

which can be rearranged in a polynomial in V. 
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n-2 
f 2 [a, b, c, .... , \' Pc' Zc 1 v +... = 0 

(2.167) 

where a, b, c, .... are equation of state constants adjustable . ...... 
for various fluids. At the critical point, e+t real volume 
roots of equation (2.167) must become identical and the poly
nomial form must approach: 

(V-V)I1\=D 
c (2.168) 

Equating coefficients of like powers of V in equations 
(2.167) and (2.168) will then determine (Ill'l) parameters a, b, 
c, .... in terms of critical properties. If only (rnl) para
meters are present in the equation, a universal constant value 
will also be predicted for Zc' With this procedure, an equation 
with many constants can be expressed in reduced form accordjng 
to the esp. This procedure is identical with the simultaneous 
solution of equations (2.165) and (2.161), for two constant 
equations of state. 

2.2.2 Extension of the esp 

The set of substances over which the simple form of the two 
parameter law applies can be extended by introducing a third 
parameter. 

The most widely used parameter is the acentric factor 
proposed by Pitzer (1958) and is defined by equation (2.43). 
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The three parameter law of corresponding states which results 
may be defined by: 

v 
, V ' 00] 

c 
(2.169) 

This definition implies that all substances with the same 
value of 00 have the same reduced equation of state. Pitzer 
has shown that equation (2.169) can be expanded about a zero 
00 value to give: 

o az) Z=Z +(awoo=Ooo+ •••• (2.170) 

The function ZO is the value predicted by the simple CSP. 
Pitzer and Curl (1957) have shown that within the range of 
applicability of three parameters, the higher derivatives in 
equation (2.170) can usually be neglected. Moreover, other 
reduced properties which measure deviations from ideal gas 
behaviour have also been expressed as linear functions of 00 

as in equation (2.170). For a molecule such as argon, 00 = 0 
and the three-parameter equation reduces to the simple law of 
corresponding states. 

The acentric factor has had a great deal of significance 
for the development of analytical reduced equations of state. 
In principle any of the simple fluid equations could be modified 
according to equation (2.170). Most investigators, however, have 
provided for the non-linear dependence of oo. 

All fluids obeying the three parameter CSP should lie on a 
single line in plots of 00 against the critical compressibility 
factor. In practice, however, there is a great deal of scatter 
in such plots. This scatter is greater than that which can be 
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attributed to errors in the experimental values of the critical 
volume. fhis clearly indicates the need for more than three para
meters in the principle. However, the three parameter law is 
obeyed by many substances with sufficient accuracy and it remains 
the most widely used extension of the principle of corresponding' 
states. 

A useful form of the three parameter law has been proposed 
by Leland et al (1962) who have introduced shape factors. 
Lee and Kesler (1975) modified equation (2.170) and used B-W-R 
type equation of state to represent Z, ZO etc. Further modifi
cations have been presented by Teja et al (19BO) and also in 
Chapter 4. 

2.2.3 Extension to Mixtures 

The simplest way of extending the CSP and equations of state 
to mixtures is to assume that the mixture can be represented by 
a hypothetical equivalent substance whose parameters are com
position averages of all the binary interactions in the mixture. 
The most successful recipe for obtaining the parameters is the 
van der Waals approximation (Leland et al, 1968) which can be 
written as: 

T V cm cm x. x
J
' T .. V .. 

1 C1J C1J 

x. x. V ., 
·1 J C1J 

(2.171) 

(2.172) 

where, Tcm and Vcm are respectively the critical temperature and 
the critical volume of the equivalent substance. Tcm and Vcm 
replaces Tc and Vc in the pure component equation of state. 
Thus equation (2.164) for mixture becomes: 
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T V 
Zm = F [1 ' -v - 1 

cm cm 
(2.173) 

where Zm is the compressibi1ity factor of the mixture. 

The use of a single equivalent substance to represent the 
mi xture is often ca 11 ed the one f1 ui d model or the "pseudo-
cri ti ca 1" approach. It may be extended to the development of 
"multi fluid" models· in which each component of the mixture is 
replaced by an equivalent substance and the equivalent substances 
are then assumed to mix ideally to form the mixture. 

Multi-fluid models are discussed by Le1ands, Rowlinson, 
Sather and Watson (1969). There is no advantage in using multi
fluid models for the prediction of phase-equi1ibria. Because of 
its simplicity, the one-fluid model is widely used. The following 
discussion is, therefore, restricted to the development of the 
one fluid model only. 

The van der Waals approximation can be used to obtain the 
thermodynamic properties of a mixture provided values can be 
assigned to the cross-parameters Tcij and Vcij (i F j). This 
problem is usually solved via the modified Lorentz-Berthe10t 
mixing rules: . 

(2.174) 

v .. = n .. (V .. 1/3 + V : ,,{3)~/8 
C1J lJ Cll CJJ 

(2.175) 

where 1; •• and n·· are binary interaction coefficients. If no 
lJ lJ 

experimental data are available for the binary system i-j, then 
the Lorentz-Berthelot assumptions are adopted, with 
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~ij = 1 (2.176). 

= 1 (2.197). 

In most cases, it is sufficient to use one adjustable 
coefficient to characterize each binary system and it is usual 

to assume nij = 1, with ~ij being calculated from the experimen
tal data for the binary system (Teja, 1978). When complex equa
tions of state are used, however, it is better to assume ~ .. = 1 

lJ 
and calculate nij from the experimental data (Chapter 7). No 
further information is required to predict the properties of 
ternary and higher mixtures. 

The values of ~ij have been estimated from corresponding 
states correlations of vapour-liquid equilibria and related 

properties (Gunning and Rowlinson, 1973), critical and azeo
tropic states (Teja and Rowlinson, 1973) and saturated liquid 

densities (Mollerup and Rowlinson, 1974). These values agree 
very well with each other (Mollerup and Rowlinson, 1974) and 
with values found by Chueh and Prausnitz (1967) who used a 
modified Redlich-Kwong equation to correlate thermodynamic prop
erties and phase equilibria. The above mentioned studies have 
also shown that to a good approximation, ~ij is independent of 
temperature, density and composition. Typical values of ~ij have 
been given by Teja (1978). 

There have been many attempts to relate ~ij and nij to 
physical properties using theory (Hudson and McCoubery, 1960; 
Munn,1961; Good and Hope, 1970; Prausnitz and Gunn, 1958). 
Teja (1978) has given the following correlations for methane
n-alkane, ethane-n-alkane and CO2-n-alkane binaries. 

For methane-n-alkane binaries: 

~ij = 1.0 - 0.02 (n - 2) (2.178) 
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For ethane-higher alkane binaries: 

f;ij = l.0 - 0.01 (n - 3) (2.179) 

For CO2-n-alkane binaries: 

f;ij = 1.0 - 0.04n (2.180) 

where n is the number of carbon atoms in the (higher) n-alkane 
of the binary pair. 

In terms of the critical volumes, f;ij was correlated as: 

f;.. = (V .. V .. ) ~ IV .. 
lJ Cll CJJ C1J 

(2.181) 

where V •. is given by equation (2.175), with 11 .. = 1. 
C1J lJ 

When a three-parameter generalised equation of state is 
used, an additional mixing rule is required for the third para
meter. In most cases, the third parameter is either Pitzer's 
acentric factor w or the critical compressibility factor Zc: 
For these parameters, the following mixing rules have been 
successfully used (Teja et al, 1978; Joffe, 1976; Plticker et 
al, 1978). 

x. w· 
1 1 

Zcm = L Xl· Z . i Cl 

where wm and Zcm refers to the equivalent substance. 
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One of the main advantages of the one-fluid model is 
in the application of complex equations of state to the predic
tion' of mixture properties. For example a modified B-W-R 
equation by Hans and Starling (1972) has 11 constants. Appli
cation of this equation to mixtures requires 11 arbitrary mixing 
rules and in view of this complexity, introduction of the binary 
interaction coefficient is a formidable task. If the van der 
Waa1s one-fluid model is used, then mixing rules for only the 
criti ca 1 cons tants and the a centri c factor are requi red; 
Oifferentia1s of the mixing rules are required for derived 
thermodynamic properties and these can be easily obtained for 
the van der Waa1s mixing rules (Appendix F). In general, use 
of the van der Waa1s mixing rules increases the speed of calcu
lation and reduces computation involved for the prediction of 
the derived thermodynamic property (see Chapter 7). 
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CHAPTER 3 

CHOICE OF AN EQUATION OF STATE 

A large number of equations of state can be found in the 
literature. Each equation has its strengths and weaknesses. 
To date, no single equation of state has been found which is 
truly valid over a wide range of temperature, pressure, density 
and can be applied to a variety of components. There ar~ many 
characteristics of the phase diagram of a fluid which an equa
tion of state should be able to predict. These can be summari
zed as follows (Rowlinson, 1965; Teja and Singh, 1977): 

1. The critical point of the fluid. This is the limit of 
the vapour-liquid phase boundary and is important in the 
application of the corresponding states principle. At 
the critical point, the equation of state should give: 

(3.1 ) 

(3.2) 

and (3.3) 

2. The slope of the vapour pressure curve at the critical 
point. The importance of this has been suggested by the 
work of Riedel (1954). The slope is given by: 

CL = c 
T dP s 

(p:- x (['[-le 
s 

where CL
C 

is the Riedel parameter. 
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3. The vapour-liquid and liquid-solid phase boundaries. 
The equality of fugacity criterion for saturated phases 
must be satisfied: 

(3.5) 

f P V 1 
and 1 n P = J (RT - 1'") dP (3.6) 

4. The virial coefficients. The availability of second virial 
coefficient data of sufficient accuracy allows us to 
include the residual second virial coefficient function 
in the evaluation of the constants. 

5. The loci of the vanishing of various derivatives: 

(a) The Amagat curve or Joule inversion locus: 

az where (aT)V = 0 and (3.7) 

(b) The Boyle curve, along which 

and (3.8) 

(c) The Joule-Thompson inversion locus where 

az 
(aT)p = 0 and (3.9) 

(d) The loci of maxima or minima in the heat capacities where 

and (3.10) 
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(3.11) 

~. The deviation from linearity of the lines of constant 
volume. 

7. The intersections with the P = 0 axis of the curves 

generated by equating the derivatives in (5) to zero. 
These intersections determine some important values of 

the second virial coefficient and the nature of its 'varia
tion with temperature. 

Even for simple fluids, no equation of state exists which 
can possibly account for all the features outlined above and 
give accurate numerical values for the compressibility factor over 
the entire P-V-T region. It is a usual practice to select a few 
important features and include them in the development of an 
equation of state. In selecting the particular features, five 
main considerations are made initially: 

1. The thermodynamic properties to be predicted. 
2. The complexity of the required equation. 
3. The amount and kind of experimental data that will be' 

required and are available to evaluate the parameters of 
the equation. 

4. The range of pressure, density and temperature as well as 
the nature of the components. 

5. The precision with which the P-V-T data are to be represented, 

or the thermodynamic property calculated. 

For some applications, it is desirable to have an equation 
which can be obtained from a minimum of data such as the critical 
temperature, pressure and volume, or the boiling point or some 

molecular parameter. In other instances, an equation of state is 
sought which will represent a large amount of experimental P-V-T 
data within experimental uncertainty. 
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In general an equation with two or three constants will 
suffice for low densities but a many constant equation will be 
required if coverage is to include both low and high densities. 
From present knowledge, high precision equations have many 
arbitrary constants whose number depends primarily upon the 
density range. These constants reflect the non-idealities of a 
real fluid. The fact that there is a need at all for any con
stants follows from the existence of intermolecular forces. 
The evaluation of a large number of constants involves a lengthy 
process requiring curve-fitting and, trial and error procedures. 
Extensive data on some thermodynamic properties are required 
in order to begin establishing these constants. 

Reliable and thermodynamically consistent data exist for 
the more common substances but are scarce for binary mixtures. 
The problem is even more acute for multicomponent mixtures. 
Considering the large number of systems involved, it is an impos
sible task to obtain experimental data for even a small fraction 
of these systems under varying conditions of pressure and temp
erature. 

The shorter equations of state, having only two or three 
constants have been overlooked, largely because of their lack 
of sophistication. This is consistent with the false common 
notion that an equation of state with more constants should pre
dict results that are consistent with the experimental behaviour 
of a fluid. 

One of the most attractive features of simple, two or 
three constant equations of state is that they do not require 
vast amounts of experimental data for the evaluation of these 
constants. Using only limited experimental data such as Pc' Tc ' 
V , Z etc. they allow predictions of thermodynamic properties c c 
at other temperatures and pressures. Simple equations can be 
easily linked to theory via the corresponding states principle. 
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The interpretation and prediction of vapour-liquid equi
librium data at high pressures are everyday necessities in 
the design of separation processes. With simple two or three 
constant equations, which yield direct analytical expressions 
for the compressibility factor and densities, vapour-liquid 
equilibrium calculations can be performed with ease and simpli
city. On a practical basis, the simple equations also afford 
ease of adaptation to the techniques of computer-aided design 
used so commonly today. Although direct comparisons between 
simple equations and multi-constant equations are rarely found, 
comparable results have been obtained for vapour-liquid equili
bria with both types of equations when a binary interaction 
coefficient is used in the calculations (Peng and Robinson, 
1976; Soave, 1972; Han and Starling, 1972).· 

The greatest limitation of simple equations of state is 
their inability to give simultaneously accurate representation 
of both the liquid phase and the vapour phase densities while 
maintaining accuracy in VLE calculations. Because of attrac
tiveness of such equations, it seems more fruitful to try and 
overcome this limitation than to consider multi-constant 
equations of state. 
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CHAPTER 4 

A NEW CUBIC EQUATION OF STATE 

In an effort to find a cubic equation of state suitable 
for representing low- and high-pressure behaviour and vapour
liquid equilibria, a new three constant equation of state is 
proposed in this work. The new equation has the following 
form: 

P RT a [T] 
= v=o - V(V+b) + c(V-b) (4.1 ) 

where: R is the universal gas constant, a is a function of 
temperature and band c are constants. By choosing particular 
values for the constants, two well known cubic equations of state 
can easily be obtained from equation (4.1). When c=b equation 
(4.1) reduces to the Peng and Robinson equation (1976) and when 
c=O, it reduces to the Redlich and Kwong (1949) or Soave (1972) 
equations. 

Acceptable prediction of both low and high pressure beha
viour requires at the very least that the critical compressibility 
factor implied by the equation of state be treated as an empirical 
parameter different in general from the experimental value of Zc 
(Abbott, 1973; Leland, 1966). It is also well known that the 
predicted value of the critical compressibility factor (denoted 
by Zm below) is not an important indicator of the overall per
formance of any reduced equation of state (Leland et al, 196B). 
For these reasons, the new equation of state is constrained to 
satisfy one more condition, in addition to the two classical 
conditions at the critical point. The three conditions satisfied 
by the new equation are: 

(4.2) 
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(4.3) 

and (4.4) 

Instead of letting Zm have a value equal to the experimental 
value of the critical compressibility factor, an arbitrary value 
is chosen. Thus, Zm is an empirical parameter. If Zm is set 
equal to 0.3074, equation (4.1) together with equations (4.2)' 
and (4.3) reduce to the' Peng and Robinson equation. Similarly 
if Zm is set equal to 1/3 equation (4.1) reduce to the Redlich 

,and Kwong or Soave equations. 

4.1 Evaluation of the Parameters 

Constants a, band c in equation (4.1) are given by: 

(4.5) 

(4.6) 

(4.7) 

where: a[Trl is a function of reduced temperature which has the 
same form as that used by Peng and Robinson (1976) and Soave (1972). 
It is given by: 

(4.8) 
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where: Tr is a reduced temperature and na , nb' nc and Fare 
constants for a given substance. 

Equation (4.1) can be written as: 

where: 

Z3 + (C-l) Z2 - {2BC + B2 + B + C - A)Z 

PV 
Z = RT 

Pr 
=a[TJ.n.

raT 2 
r 

At the critical point, 

B = nb' C = nc and Z = 

P = 1 T = 1 arT J = 1 and A = n r 'r ' r a' 
Zc. Therefore equation (4.10) becomes: 
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(4.9) 

(4.10) 

(4.11) 

(4.12) . 

(4.13) 

(4.14) 

(4.15) 



To develop the stabil ity criterion, we note that at T < \ 

there are three real roots of V (volume); for T > T there is c ' 
only one real root for V corresponding to the gas phase; and at 
T = Tc there are three equal real roots for V. Thus, at T = Tc 
there are also three equal roots for Z. If we call these Zm' 
then we can write: 

Z 3 - 3Z Z 2 + 3Z 2 Z - Z 3 = 0 c m c m c m 

Equation (4.17) is a requirement equivalent to equations 
(4.2), (4.3) and (4.4). Comparing equation (4.17) with equation 
(4.16), we obtain the following three equations relating na , nb 
and nc to the empirical parameter Zm 

- 3Z = n - 1 m c 

From equation (4.18): 
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(4.16) 

(4.17) 

(4.18) 

(4.19) 

(4.20) 

(4.21 ) 



Substituting for ne into equation (4.19) and rearranging, we 

get: 

Substituting for Qa and Qc into equation (4.20), we get 

where: Cl = 1.0 

C2 = 2 - 3 Zm 
C3 = 3 Zm 2 

C4 = Zm 3 

(4.22) 

(4.23) 

Equation (4.23) can be solved analytically as shown in 
Appendix D. Only the smallest positive root is meaningful and 
should be used. Once Qb is found, Qa can be obtained from equa

tion (4.22). However, before Qa' Qb and Qc can be found, a value 
must be assigned to Zm. To obtain Zm and F, the following trial 
and error procedure is used. 

Initially, Zm is set equal to 0.307 or 1.1 Zc whichever is 

closer to the experimental critical compressibility Zc· Qa' Qb 
and Qc are calculated using equations (4.23), (4.22) and (4.21). 

Using these values of Qa , Qb and Qc' a value for a is obtained for 
each temperature such that the equilibrium condition 

is satisfied along the saturation curve. For this, an expression 

for the fugacity of a pure component is required. The fugacity 
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of a pure component is given by the following thermodynamic 
relationship 

f ln - = . P o f 
P 

V 1 
(lIT - p) dP (4.25) 

Using equation (4.25) with the new equation of state the 
following expression for the fugacity is obtained (for derivation 
see Appendix F) 

f a 1 ~Z+m In-p-= Z - 1 - ln (Z-B) + 2 RTN n Z+ 

where: N = !bc + (~)2 

M = (b!C - N) R~ 
b+c P 

Q = (7 + N) RT 

(4.26) 

(4.26a) 

(4.26b) 

(4.26c) 

A computer program for evaluating ~ for each temperature is given 
in Appendix ~. Equation (4.8) is fitted using a least square 
technique to sets of ~ values corresponding to each T. The follor 
wing sum is minimised: 

(4.27) 

~ere ~. 1 = [l + F(l - T ))]2 
1 ,ca c r, 1 

T . = T·IT r, , 1 C 

~i,exp is the value obtained by applying equation (4.24) 

n is the total no. of data points. 
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Thus: 
n 

S = L 
i = 1 

[{1 + F(l - T .~)}2 - Cl. ]2 r,l l,exp 

For' a mi ni mum 

as n 
( aF) = 0 = 2 U {1 

1 = 1 
+ F(l - T .~)}2 - Cl. ] r,l l,exp 

X [2 {l + F(l - Tr,i~)}] ~ X (1 - Tr , i ) 

Simplifying equation (4.29) leads to 

where: 
n 

Cl = L 
i = 1 

n 
C2 = 3 L (1 

i = 1 

n 
C3 = 3 L (1 

i = 1 

n 
- L Cl· i=l l,exp 

n 
- L Cl· (1 - T .~) i=l l,exp r,l 

(4.28) 

(4.29) 

(4.30) 

(4.30a) 

(4.30b) 

(4.30c) 

(4.30d) 

Equation (4.30) is a cubic in F and can be solved analytically 
as shown in Appendix o. Only the smallest positive root is meanin~ 

ful and should be used. Using the values of "a' Ib' "c and F, 
saturated liquid densities are calculated and compared with exper~ 
mental values obtained from the literature. The absolute average 
deviation is noted. The value of Zm is changed by 0.001 and n~ 

values of "e' Ib' "a and F are obtained by solving equations (4.21), 
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(4.23), (4'.22) and (4.30) respectively. The absolute average 
deviation in saturated liquid densities is obtained once again. 
This procedure is repeated until a minimum value of the absolute 
average deviation is obtained. After the first iteration, it 
becomes clear whether the value of Zm should be increased or 
decreased by 0.001. A typical set of results obtained for n
decane is given in Table 4.1. 

TABLE 4.1 

Evaluation of Zm and F for n-Oecane 

Saturated pressures and temperatures from API (1973). 

Saturated liquid densities from a modified Rackett equation 
(Spencer and Adler, 1978). 

No. of points = 27. 

Tr range = 0.5356 - 0.7706 

Zm F 
Sat. 1 i q. 
A.A.D. (%) 

0.295 1.011969 0.9783 

0.296 1.016983 0.7669 

0.297 1.021919 0.6166 

0.298 1.026949 0.9442 

0.299 1.031881 1.4383 

0.300 1.036873 1.9803 

A.A.D. (%) 
1 n 

= n i~l 
S S 

Pexp - Pcal 
P~xp 

x 100 

The optimum values of Zm and F correspond to the minimum 
deviation in saturated liquid densities and the equilibrium con
dition of equality of fugacities as implied by equation (4.24). 

The new equation using optimum values of Zm and F is therefore 
expected to give accurate prediction of liquid phase densities 



and vapour-liquid equilibria. Optimum values of Zm and F have 
been evaluated for 38 pure components including polar sUbstances 
and are given in Appendix A. Experimental values of the satu
ration pressure. saturation temperature and saturated liquid 
densities were used for evaluating Zm and F. 

4.2 Pure Component Calculations 

The new equation of state has been used to calculate the 
thermodynamic properties of pure components. Density. vapour 
pressure. the enthalpy departure and the entropy departure 
have been calculated and compared with experimental values 
(when available) and with the values calculated using other 
equations of state. 

4.2.1 Dens ity 

The prediction 
requires a solution 

of density at a given 
of equation (4.1). 

temperature and pressure 
This equation is first 

transformed into a cubic equation in Z as given by equation 
(4.10) and solved analytically as shown in Appendix D. 

In the region where vapour and liquid phases co-exist. 
there are three real roots of Z. The largest Z value is for the 
saturated vapour state. while the smallest is for the saturated 
liquid state. The third Z value has no physical meaning. 

Saturated liquid and vapour densities have been calculated 
for· 38 components for which values of Zm and F have been evalua
ted. The new equation is compared with the Peng and Robinson (P-R) 
equation (1976). the Heyen equation (1980). the Redlich and Kwong 
(R-K) equation (1949) and the Han and Starling (H-S) equation 
(1972). Calculation of the density using the H-S equation 
requires a trial and error procedure as outlined by Starling 
(1973). Their procedure is followed in this work. Absolute 
average deviations obtained in saturated liquid densities and 
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vapour densities are given in Tables 4.2 to 4.5. 

The R-K equation was designed for the vapour-phase only. 
This is evident from the results obtained. Very accurate 
tions of the saturated vapour densities are obtained for 

predic
light 

components. For polar components and heavy hydrocarbons abso
lute average deviations of the order of 5% are obtained for 
vapour densities. The overall average deviation for 24 compo
nents was found to be 3.35% (Table 4.3). Deviations in the 
small region near the critical point (0.9 < Tr < 1.0) are shown 
in Table 4.5. Accurate predictions of saturated vapour densi
ties have been obtained in the critical region for light compo
nents. For heavy hydrocarbons and polar components deviations 
of the order of 10% were obtained in this region. The overall 
average deviation is 5.66% (Table 4.5). Predictions of satu
rated liquid densities are very poor. Even for light components 
deviations of the order of 10-15% were obtained. For heavy 
hydrocarbons and polar components deviations of the order of 
30-50% were obtained (Table 4.2). Predictions of saturated 
liquid densities in the critical region are very poor. The 
overall average· deviation was found to be 34.15% (Table 4.4) 

The new equation of state gives absolute average deviat.ions 
which are lower than the P-R and the R-K equations. for both 
saturated liquid and saturated vapour densities. The overall 
average deviation for saturated vapour densities was found to 
be 1.44% for the new equation compared to 1.89% for the P-R 
equation and 3.35% for the R-K equation (Table 4.3). For satu
rated liquid densities the overall average deviation for the new 
equation was found to be 2.94% compared with 7.75% for the P-R 
equation and 20.02% for the R-K equation. In the critical region 
(0.9 < Tr < 1.0). large deviations for saturated liquid densities 
were obtained from the three equations (Table 4.4) but saturated 
vapour densities are predicted accurately. The overall average 
deviation for saturated vapour densities was found to be 2.32% 
for the new equation. 3.78% for the P-R equation and 5.66% for the 
R-K equation (Table 4.5). For heavy hydrocarbons and polar compo-
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nents, the new equation gives consistently better predictions 
than the P-R and the R-K equations. Deviations between experi
mental and calculated saturated liquid densities are plotted 
against reduced temperature for methane, n-pentane, n-decane, 
n-eicosane, hydrogen sulfide, carbon dioxide, ammonia and 
water in Figures 4.1 to 4.8. Except in the region close to 
the critical point, the new equation of state gives accurate 
predictions of saturated liquid densities. The superiority of 
the new equation over the P-R equation for heavy hydrocarbons 
and polar components is clearly shown in Figures4.3, 4.4, 4.7 
and 4.8. 

The Heyen equation has been designed to represent satura
ted liquid densities and this is reflected in the small devia
tions obtained for this property. However, the predictions of 
vapour phase densities are worse than the R-K equation. The 
overall average deviation for saturated liquid densities was 
found to be 2.98% (Table 4.2) and for saturated vapour densi
ties 4.14% (Table 4.3). Because the experimental value of the 
criticalcompressibility factor is reproduced by this equation, 
accurate predictions of saturated liquid densities in the region 
near the critical point are obtained. The overall average devia
tion for saturated liquid densities in the critical region was 
found to be 3.69% (Table 4.4). The overall average deviation 
for the saturated vapour densities was 9.9% (Table 4.5) . 

. The Han and Starling equation gives excellent predictions 
of both saturated liquid and saturated vapour densities. How
ever, surprisingly. large deviations were obtained for satura
ted liquid densities of n-octane. The use of this equation is 
limited to normal alkanes from methane to n-octane, for which 
the eleven equation of state constants have been reported 

(Starling, 1973). 

Although the overall predictions obtained from the new 
equation are better than those obtained from the other cubic 
equations considered in this study, results for the saturated 
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liquid densities in the critical region are very poor (Table 
4.4). To improve the predictions in the critical region, the 
predicted value of the critical compressibility factor (Zm)' 
is made a linear function of temperature between Tr = 0.9 and 
Tr = 1.0. That is Z~ = f [Tr] is given by 

Z - Z m c 
=Zm- 0.10 (T

r 
- o.g) (4.31) 

where Z~ is the predicted critical compressibility as a 
function of Tr . 

According to equation (4.31) at T = 1.0, Z' = Z and r m c 
hence the experimental value of the critical compressibility 
is reproduced. This resulted in the improvement of the predic
tions for saturated liquid densities. The overall average devia
tion for saturated liquid densities was reduced from 11.56% to 
3.04% (Table 4.4) through the use of equation (4.31) in the 
critical region. However, this also resulted in a loss of 
accuracy for the saturated vapour densities. The overall average 
deviation for the saturated vapour densities increased from 
2.32% to 5.37% (Table 4.5). Nevertheless the use of equation 
(4.31) is a good compromise between the accuracy in the satura
ted liquid and the saturated vapour phase densities". As can be 
seen from Tables 4.4 and 4.5, no cubic equation can give accu
rate' predictions of both saturated liquid and saturated vapour 
densities in the critical region. Accuracy in saturated liquid 
densities always results in a loss of accuracy in saturated 
vapour densities and vice versa. However, better agreement 
between the predicted and the experimental values of the satu
rated liquid and vapour densities can be obtained if the temp
erature dependence of Z~ represented by equation (4.31) is 
improved. The results obtained through the use of equation 
(4.31) are also presented in Tables 4.2 and 4.3. It must be 
remembered that equation (4.31) is only used in the region 

0.9 < Tr < 1.0. In the region where Tr < 0.90, Z~ = Zm is used. 
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TABLE 4.2 

Comparison of Saturated Liquid -Densities 

No. 
Tr Component of 

Points Range 

Argon 34 0.556-0.981 
Nitrogen 32 0.501-0.983 
Oxygen 36 0.530-0.983 -
Methane 32 0.524-0.976 
Ethane 28 0.563-0.982 
Ethylene 24 0.550-0.983 
Propane 33 0.570-0.984 
Propylene 27 0.563-0.974 
Acetylene 21 0.624-0.972 
n-Butane 28 0.627-0.980 
i-Butane 29 0.578-0.980 
1-Butene 26 0.651-0.966 
n-Pentane 30 0.638-0.981 
i-Pentane 21 0.579-0.965 
n-Hexane 32 0.613-0.974 
n-'Heptane 23 0.637-0.987 
n-Octane 23 0.586-0.972 . 
n-Nonane 27 0.525-0.760 

-

IltW tl{. 

Z'-Z Z~-f[\l m m 
MD (%l MD (%l 

4.27 2.45 
4.10 2.32 
4.30 2.37 
4.59 3.03 

6.25 3.63 
4.82 2.72 
5.58 2.86 
4.35 2.27 
4.91 1.83 
5.57 3.39 
2.29 2.61 
3.80 1.45 
3.96 3.11 
4.83 2.24 

3.11 2.24 

4.44 2.04 
3.91 1.34 
0.53 0.53 
------

Heyen P-R R-K H-S Sat. 
Data 

MD (%l AAD (%l MD (%l MD (%l Ref. 

1.80 8.72 5.06 - 1,4 
1.20 8.88 4.76 - 4 
1.99 8.16 5.74 - 4 
1.52 7.66 5.72 0.50 6 
2.65 7.12 13.32 0.09 9 
1.46 6.07 11 .79 - 9 
1.63 5.98 14.51 0.23 9 
5.99 7.17 9.97 - 9 
2.40 5.30 24.91 - 5 
2.26 5.61 19.36 0.13 9 
3.82 3.40 15.64 - 9 
1.W 4.52 16.88 - 5 
5.22 4.00 20.12 0.05 9 
1.91 5.43 23.66 - 9 , 

I 

0.62 3.22 24.02 0.12 9 
3.23 4.69 29.56 0.15 9 
3.96 6.55 31.40 5.58 10 

8,~_J - 3.62 - -
---- -----
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TABLE4.2.continued. 

No. 
. of 

Component Points 

n-Decane 27 
n-Undecane 27 
n-Dodecane 27 
n-Tridecane 27 
n-Tetradecane 27 
n-Heptadecane 27 
n-Octadecane 27 
n-Eicosane 

~ 

27 

Carbon dioxide 44 
Carbon monoxide 21 
Sulfur dioxide 33 
Hydrogen sulfide 29 
Water 29 
Ammonia 22 
Benzene 39 
Methanol 22 

Ethanol 26 
Propan-1-01 30 

Butan-1-01 23 
Pentan-1-01 30 
uvera I I Average ,,) 

NEW EQ. 
Tr Z' =Z Z'=f[T 1 

Range m m m r 
AAD (%) AAD (%) 

0.536-0.771 0.62 0.62 
0.545-0.781 0.63 0.63 
0.576-0.790 0.70 0.70 
0.563-0.799 0.70 0.70 

0.569-0.806 0.76 0.76 

0.592-0.832 0.94 0.94 
0.598-0.839 1.07 1.07 

0.615-0.850 1.04 1.04 

0.712-0.987 4.48 1. 78 

0.542-0.960 3.81 2.10 
0.593-0.989 4.46 1.71 
0.565-0.982 3.47 1.57 
0.546-0.978 3.99 1.57 
0.698-0.986 3.21 2.44 
0.553-0.988 3.87 1.69 

0.588-0.695 0.51 0.51 

0.575-0.719 0.51 0.51 

0.536-0.726 0.66 0.66 

0.609-0.730 0.28 0.28 

0.542-0.736 0.53 0.53 
z~4- 1.69 

Heyen P-R R-K H-S Sat. 
Data 

AAD (%) AAD (%) AAD (%) AAD (%) Ref. 

- 5.85 - - 8,3 

- 5.81 - - 8,3 

- 7.47 - - 8,3 

2.41 6.81 - - 8,3 

1.11 8.95 - - 8,3 

1. 76 14.82 - - 8,3 

- 18.89 - - 8,3 

- 18.42 - - 8,3 

5.70 5.22 23.00 - 2 

2.70 8.~8 4.97 - 5 

1. 70 4.49 35.14 - 5 
0.83 5.84 1O~29 - 9 
2.69 26.33 64.88 - 7 
6.19 15.90 45.83 - 5 
0.77 4.05 20.95 - 5 

0.55 20.05 - - 8,3 

0.96 4.33 - - 8,3 

7.99 3.06 - - 8,3 

10.09 2.18 - - 8,3 

7.11 1. 32 - - 8,3 
2.98 7.75 20.02 0.86 
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TABLE 4.3 
Comparison of saturated vapour densities 

NEW EQ. 
Component Lm=Lm Lm=Tl'rJ 

MD (%) AAD (%) 

Argon 0.36 1.15 
Nitrogen 0.55 1.32 
Oxygen 0.70 1.23 
Methane 0.88 1.50 
Ethane 0.99 2.12 
Ethylene 0.71 1.60 
Propane 0.86 2.22 
Propylene 2.43 2.71 
Acetylene 2.09 2.11 
n-Butane 0.73 1.62 
i-Butane 1.30 2.30 
1-Butene 1.41 2.31 
n-Pentane 0.59 1. 78 
i-Pentane 0.88 1.99 
n-Hexane 0.87 1.70 
n-Heptane 0.67 1. 32 
n-Octane 2.46 3.08 

Carbon dioxide 0.71 2.13 

------- ------- ----

Heyen P-R R-K H-S 

AAD (%) MD (%) MD (%) AAD (%) 

4.32 1.42 0.33 -
3.32 1.20 0.75 -
3.58 0.91 0.94 -
4.20 1.66 0.51 0.58 
4.03 1. 38 1.97 0.20 
3.72 1.04 1. 70 -
4.03 1.23 2.91 0.22 

3.10 1.68 3.91 -
2.86 1.87 5.05 -
3.98 0.78 3.23 0.15 
4.39 1. 73 1.30 -
4.84 1 .71 2.65 -
5.27 0.62 3.30 0.14 
4.01 1. 13 1.97 -
3.48 0.88 4.10 -
3.54 0.63 3.54 -
3.85 2.86 4.62 -
6.20 2.00 4.53 -

I , 
~--~-- ------------ -
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TABLE 4.3 (Continued) 

NtW EQ. 
Component Z'=Z m m Z'=f[T 1 m r Heyen P-R R-K 

MD (%) MD (%) MD (%) MD (%) AAD (%) 

I 
Carbon monoxide 3.93 3.24 3.39 3.45 4.14 
Sulfur dioxide 1.04 2.00 3.70 1.11 5.11 
Hyc!It!Jgen sulfi de 2.58 3.38 6.37 3.38 1.27 
Water 1.26 2.36 4.47 3.76 7.11 
Ammonia 4.48 3.00 3.64 6.81 11 .31 
Benzene 2.18 3.27 4.80 2.23 4.21 

Overall average (%) 1.44 2.14 4.14 1.89 3.35 
-------

No. of points, temperature range and saturation data reference are same as those given in Table 4.2. 

H-S 
AAD (%) 

-
-
-
-
-
-

0.26 



TABLE 4.4 
Comparison in the critical region 0.90 < T < 1.0 r --
Predictions of saturated liquid densities 

NEW EQ. 
Component Lm~Lm Lm~t[lrl Heyen 

MD (%) MD (%) MD (%) 

Argon 11 .39 2.41 1.2B 

Oxygen 12.47 2.55 1.36 
Nitrogen 12.19 2.72 1.32 

t·lethane 12.90 4.56 2.08 
Ethane 14.18 5.09 6.23 
Ethyl ene 14.44 4.36 2.68 
Propane 11 .16 2.88 3.26 
Propylene 13.62 2.39 3.19 

Acetylene 13.35 2.03 2.86 
n-Butane 12.51 3.79 5.80 
i-Butane 3.99 5.45 2.52 

l-Butene 11 .55 1.38 6.02 

n-Pentane 8.74 5.10 4.37 

i-Pentane 16.59 2.37 3.36 

n-Hexane 7.94 3.96 1.43 

n-Heptane 14.52 3.51 7.08 

Carbon dioxide 9.38 1.47 7.95 
Carbon monoxide 11.15 1.72 4.55 

Sulfur dioxide 11.38 ·2.28 2.40 

Hydrogen sulfide 10 .61 1.51 1.59 
Water 12.69 2.31 3.95 

Ammonia 6.91 4.52 7.85 

Benzene 12.11 1.48 1. 75 

Overa 11 average 11.56 3.04 3.69 (%) 

For saturation data reference see Table 4.2. 
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P-R R-K 
MD (%) MD (%) 

3.84 13.86 
3.69 15.65 
3.25 14.85 
4.75 17.16 

10.80 26.63 

8.98 25.37 
6.33 24.86 
5.17 23.09 

11.86 39.60 
11.68 ' 33.02 

0.50 22.69 
7.70 28.18 

8.43 31 .75 
13.10 46.79 
9.26 . 35.09 

15.90 55.06 

4.78 36.43 
2.96 15.06 

12.26 48.71 
4.42 20.40 

37.82 123.41 
21 .54 54.87 
10.84 32.87 

9.56 34.15 
-



TABLE 4.5 

Comparison in the critical region 0.90 < Tr < 1.0 
Predictions of saturated vapour densities 

NlW llJ. I 
Component Z'=Z m m Z'=f[T 1 m r Heyen 

MD (%) MD (%) MD (%) 

Argon 0.68 4.50 9.83 
Oxygen 0.89 3.64 9.13 
Nitrogen 0.27 4.33 9.57 
Methane 2.25 5.5B 11.28 -
Ethane 1. 31 5.24 9.21 
Ethylene 0.86 5.11 10.40 
Propane 0.56 4.63 9.06 
Propylene 2.23 3.74 9.66 
Acetylene 3.16 3.24 6.96 
n-Butane 1.00 4.55 9.44 

i-Butane 3.89 8.41 11.34 

l-Butene 2.04 5.95 10.44 

n-Pentane 1.09 6.19 11.94 

i-Pentane 2.48 8.63 9.47 

n-Hexane 0.44 4.20 9.45 

n-Heptane 1.93 4.91 9.07 
Carbon dioxide 0.59 4.46 10.30 

Carbon monoxide 9.77 5.98 7.28 
S'ulfur dioxide 1.47 4.63 7.99 

Hydrogen sulfide 7.51 11.39 15.98 

Water 0.72 5.45 11.58 
Ammonia 6.43 1.76 6.B8 
Benzene 1.68 6.98 11.42 

Overa 11 average 2.32 5.37 9.90 (%) 

For saturation data reference see Table 4.2. 
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P-R R-K 
MD (%) MD (%) 

4.16 1.00 
2.60 2.01 

3.76 1.06 
4.98 0.97 

3.03 2.62 
2.66 2.90 
2.13 4.40 
0.82 5.86 
2.64 9.66 
1.25 5.64 
5.22 1.95 
2.90 4.00 
1.18 6.38 

3.65 3.93 

0.19 7.36 
1. 79 9.11 
3.58 -
7.58 10.78 

1.61 10.22 
9.66 3.96 
B.32 -

11.29 19.70 
2.09 5.45 

3.78 5.66 
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Densities in regions other than the saturation region have 
also been calculated. Results are given in Table 4.6. For light 
hydrocarbons, su1fur dioxide and benzene, the new equation and 
the P-R equation give similar predictions but for heavy hydro
carbons, better predictions were obtained with the new equa
tion. AS'expected, the Han and Starling equation gives very 
accurate predictions of density. The individually fitted con
stants were used (Starling, 1973). These constants are given 
in Appendix C. The Heyen equation gave very poor predictions of 
density. The absolute average deviation obtained from the 
Heyen equation was of the order of 5-10%, compared with 2-3% 
for the new equation and the P-R equation. 

4.2.2 Vapour Pressure 

One of the most important considerations for any equation 
of state that is to be used for vapour-liquid equilibrium cal
culations is whether or not it can accurately predict the 
vapour pressure of pure substances. The. calculation of the 
vapour pressure Ps at a given temperature requires the simul
taneous solution of the following equations for vapour-liquid 
equilibrium (Benedict et a1, 1940) 

(4.32) 

where: L and V refer to the liquid and vapour respectively. 

The procedUl:e used for ca 1 cu1 ati ng the vapour pressure j s 
-- described in Appendix G. A computer program for the prediction 

of the vapour pressure at a given temperature is given in Appendix H. 

Excellent predictions of vapour pressures were obtained for 
38 components using the new equation of state. Results are 
given in Table 4:7. Only the three a1coho1s - propan-1-01, 
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TABLE 4.6 

Comparison of pure component densities 

No. 
Substance of T r Range 

Data 

Methane 570 0.601-3.271 
Ethane 336 0.894-1.713 
Propane 419 0.796-l.483 
n-Butane 244 0.693-1.348 
n-Pentane 440 0.662-l. 221 
n-Hexane 159 o . 613-1 .080 
n-Heptane 102 0.514-0.946 
n-Octane 93 0.656-0.964 
n-Nonane 75 0.523-0.860 
n-Decane 214 0.503-0.827 
Su1fur dioxide 170 0.593-l.212 
Benzene 353 0.553-2.233 

Overall average (X) 

P-R - Peng and Robinson equation (1976) 

H-S - Han and Starling equation (1973) 

New 
. Pr Range Eq. 

AAD (%) 

0.150-10.682 3.77 
0.021-14.129 2.32 
0.024-16.225 2.19 
0.018-18.160 3.43 
0.030-20.465 3.45 
0.188-22.327 3.96 

0.045-25.273 2.12 
0.204-12.225 2.19 

0.103-29.968 l.40 
0.656-32.778 l. 71 
0.001-3.935 l.67 
0.001-4.223 l.06 

2.44 

P-R Heyen H-S Vo1.Data Ref. 
MD (%) AAD (%) AAD (%) 

4.81 5.68 l. 79 1, 2, 3 
3.05 6.31 l.02 4, 5, 6, 7 
2.96 6.54 0.71 8, 9, 10 

3.64 8.36 l.26 11, 12, 13, 14, 15 
3.51 9.01 l.46 11, 12, 16, 17, 18 
3.38 7.87 l.57 19, 20, 21 

3.53 4.38 l.24 22 

3.18 3.50 4.15 23 

3.1.5 - - 24 
5.24 - - 25 
l.68 - - 12 
l.05 - - 12 

3.27 6.46 1.65 



TABLE 4.7 

Vapour pressures from the new equation of state 
(For data reference, see Table 4.2) 

Component No. of Tr Range Points 

Argon 34 0.556-0.981 
Nitrogen 32 0.501-0.983 
Oxygen 36 0.530-0.983 
Methane 32 0.524-0.976 
Ethane 28 0.563-0.982 
Ethylene 24 0.550-0.983 
Propane 33 0.570-0.984 
Propylene 27 0.563-0.974 
Acetylene 21 0.624-0.972 
n-Butane 28 0.627-0.980 
i-Butane 29 0.578-0.980 
i-Butene 26 0.651-0.966 
n-Pentane 30 0.638-0.981 
i-Pentane 21 0.579-0.965 
n-Hexane 32 0.613-0.974 
n-Heptane 23 0.637-0.987 
n-Octane 23 0.586-0.972 
n-Nonane 27 0.525-0.760 
n-Oecane 27 0.536-0.771 
n-Undecane 27 0.545-0.781 
n-Oodecane 27 0.576-0.790 
n-Tridecane 27 0.563-0.799 
n-Tetradecane 27 0.569-0.806 
n-Heptadecane 27 0.592-0.832 
n-:Octadecane 27 0.598-0.839 
n-Eicosane 27 0.615-0.850 
Carbon dioxide 43 0.712-0.987 
Carbon monoxide· 21 0.542-0.960 
Sulfur dioxide 33 0.593-0.989 
Hydrogen sulfide 29 0.565-0.982 
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1 
pS 

MO (%) 

0.64 
0.51 

0.88 
0.88 
0.46 
1.04 
0.59 
0.56 
0.90 
0.25 
0.50 
0.50 
0.26 
0.34 
0.67 
0.61 
0.92 

1.49 
1.50 
1.18 
1.36 

0.94 
2.58 
0.94 

2.07 

2.75 
0.23 
0.58 

0.30 
0.67 



TABLE 4.7 (Continued) 

Component No. of 
Tr Range 

pS 
Points MD (%) 

Water 29 D.546-0.978 0.64 
Ammonia 22 0.698-0.986 D.73 
Benzene 39 0.553-0.988 0.53 
Methanol 22 0.588-0.695 0.77 
Ethano 1 26 0.575-0.719 0.52 
Propan-l-Ol 3D D. 536-0.726 4.06* 

. Butan-l-Ol 23 0.609-0.730 3.53* 
Pentan-l-Dl 30 0.542-0.736 6.97* 

Overall average (%) 0.865 

* These points are not included in the overall average deviation. 
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Butan-1-01 and Pentan-1-01 showed absolute average deviations 
of the order of 5%. For' light components (hydrocarbons up to 
n-octane), the predictions were within 1% of the experimental 
values. For heavy hydrocarbons (up to n-eicosane), the predic
tions were within 2% of the experimental values. For polar 
components -such as water, ammonia and the lower a1coho1s -
the predictions were within 1% of the experimental values. 

4.2.3 The Entha1py Departure 

The entha1py departure is required in the calculation of 
the entha1py of a compound by the following equation: ' 

(4.33) 

where Hoo i~ the standard entha1py of formation of the compound 
from the elements at zero pressure and zero temperature and which 
can be obtained from API (1953); (Ho - Hoo) is the difference 
in the entha1py of the compound in the ideal gas state at the 
temperature of interest and the reference state of zero temp
erature. This quantity can also be obtained from API (1953); 
(H - HO) is the entha1py departure or the difference in the 
entha1py of the compound at the temperature-pressure conditions 
of interest and the entha1py of the compound in the ideal gas 
state at the same temperature. 

The entha1py departure is related to the equation of state 
by the following equation: 

V 
~(H - HO) = RT (Z - 1) + I [T (~)v - P]dv 

m 
(4.34) 

where ~ is a conversion factor. 
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The equation of state expression for the enthalpy departure 
(derived in Appendix E) has the following form when the new 
equation of state given in equation (4.1) is substituted in 
equation (4.34). 

o aa 1 (Z+M) cp(H - H ) = RT (Z - 1) - (T aT - a) ["2N ln (Z+Q)l 

(4.35) 
where N, M and Q are given by equations: 

(4 - 26a); (4 - 26b), and (4 - 26c) 

For self-consistency, the value of Z used in equation 
(4.35) must be determined by the solution of equation (4.10), 
for the temperature-pressure condition of interest. 

Instead of the actual enthalpy H, the enthalpy departures 
were calculated using the new equation, the P-R equation and the 
H-S equation. The H-S equation predicts the enthalpy departures 
and the entropy departures within the experimental errors. The 
percentage deviation from the experimental value is less than 1 
per cent for methane, ethane, propane and n-butane. 
tane and n-hexane the deviation is slightly greater 

For n-pen
than 1 per-

cent and for n-heptane and n-octane predictions are within 3 
per.cent of the experimental values (Starling, 1973). The 
expressions of the enthalpy departure from the Peng-Robinson 
and the Han-Starling equation are given in Appendix E. 

The values of the enthalpy departures obtained from the 
new equation and the P-R equation are compared with the values 
obtained from the H-S equation. Results are given in Table 4.8. 
The new equation predicts the enthalpy departures of pure com
ponents with the same accuracy as the P-R equation. Absolute 
average deviations of the order of~ were obtained. Enthalpy 
departures of saturated liquid have &k& been calculated with tIte 

~~I:I:..... 5aflIe accuracy t~Results are gi ven in Table 4.9. 
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TABLE 4.8 

Comparison of entha1py and entropy departures 

. .. --- -- - - --I 6H 6':. 
No. 

Substance of Tr Range Pr Range I New New· 
Points . Eq. P-R Eq. P-R 

AAD (%l AAD (%l AAD (%l AAD (%l ) , 
Methane 570 0.601-3.271 0.150-10.682 I 3.80 5.21 1.01 0.98 

I 

Ethane 336 0.894-1.713 0.021-14.129 .5.57 6.96 0.62 0.61 
Propane 419 0.796-1.483 0.024-16.225 . 5.21 5.78 0.62 0.57 t 

i 

n-Butane 244 0.693-1. 348 0.018-18.160 4.07 4.10 0.67 0.65 , 
n-Pentane 440 0.662-1.221 0.030-20.465 2.73 2.74 0.49 0.49 
n-Hexane 159 0.613-1.080 0.188-22.327 2.16 2.28 " .19 1.16 
n-Heptane 102 0.514-0.946 0.045-25.273 i 2.49 2.42 1.58 1.53 

0 

, 
n-Octane 93 0.656-0.964 0.204-12.225 I 1.37 1.31 0.89 0.95 

l 
. , 

Overa 11 average (%l r 3A3 3.85 0.88 0.87 
- . . . < ,~. 

165 - 65 1 
AAD in 65 = 1 L HS CALC x 100 N 6SHS 

16H - 6H 1 
AAD in 6H = 1 L HS CALC x 100 

. N 6H HS 

6HHS ' 6SHS are entha1py and entropy departures calculated from the Han and Starling equation. 
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TABLE 4.9 
Entha1py and entropy departures of saturated 1iguid 

No. 
Substance of Tr Range 

Points 

Methane 32 0.524-0.976 
Ethane 28 0.563-0.982 
Propane 33 0.570-0.984 

- n-8utane 28 0.627-0.980 
n-Pentane 30 0.638-0.981 
n-Hexane 32 0.613-0.974 
n-Heptane 23 0.637-0.987 
n-Octane 24 0.586-0.972 

Overa 11 average (%) 

lIH, LIS as defined in Table 4.8. 

I 
, 

I 

, 

- . - - - - -
I 

lIH lIS , 
! 

New Eq. New tq. 
AAD (%) MD (%) 

2.11 1.07 
2.53 1.16 
2.52 1. 21 ! 
2.41 1.24 ! 

1. 70 0.92 
2.55 1.44 
1.53 0.85 
1.13 0.79 

2.06 1.09 

-



4.2.4 The Entropy Departure 

The entropy of a compound is calculated using the equation 

(4.36) 

This equation is analogous to equation (4.33) for the 
enthalpy except that the entropy of formation at zero temperature, 

Soo is zero by virtue of the third law of thermodynamics (Canjar 
et al, 1967). SO is the entropy of the compound in the ideal 
gas state at unit pressure (Canjar et al, 1967) and can be 
obtained from API (1953); (S - So) is the entropy departure 
or the difference in the entropy of the compound at the temp
erature-pressure conditions of interest and the entropy of 
the compound in the ideal gas state at the same temperature and 
unit pressure. The entropy departure is related to the equation 
of state by the following equation: 

RT V R ap 
= -R ln V - J [V - (ar)vl dV (4.37) 

'" 

When the new equation of state is used with equation (4.37), 
the following expression for the entropy departure is obtained 
(Appendix E) 

(4.38) 

where ~ is a conversion factor. M, Nand Q are given by equa
tions (4.26a), (4.26b) and (4.26c). 

The value of Z used in equation (4.38) must be determined 
by the solution of equation (4.10), for the temperature-pressure 

conditions of interest. 
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The entropy departures have been calculated using the new 
equation, the P-R equation and the H-S equation. The entropy 
departure expressions for the P-R equation and the H-S equa
tion are given in Appendix E. The entropy departures obtained 
with the new equation and the P-R equation are compared with the 
entropy departures obtained from the H-S equation. As mentioned 
earlier in the text, the H-S equation predicts entropy depart
ures within the experimental errors. 

Results are given ip Table 4.8. The new equation predicts 
the entropy departures of pure components with the same accuracy 
as the P-R equation. Absolute average deviations of the order 
of 1 to 2% were obtained. Entropy departures of saturated liquid 
have also been calculated with the same accuracy. Results are 
given in Table 4.9. 

4.3 Extension to New Substances 

One way of extending any equation of state to new substances 
is to generalise the equation of state constants. In order to 
apply the new equation of state";to the prediction of thermo
dynamic properties of substances not covered in this work, the 
values of the parameters Zm and F have been correlated with the 
acentric factors as shown in Figure 4.9 and. Figure 4.10. The 
resulting equations are given by: 

F = 0.452413 + l.30982oo - 0.295937002 (4.39) 

Zm= 0.329032 -0.076799200+ 0.0211947002 (4.40) 

These expressions were obtained using mini-max polynomial 
fitting (NAG routine E02ACF, Loughborough University Computer 
Centre). Equations (4.39) and (4.40) are shown. by a solid line 
in Figures 4.10 and 4.9 respectively. As can be seen excellent 
correlations have been obtained. 
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3"1 1 Zm (PREDICTED Zc) VS ACENTRIC FACTOR 
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FIGURE 4.9 Relationship between predicted critical compressibilities 
(Zm) and acentric factors (w). 
Each value is marked with an identification number. 
(see Appendix A) 
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As expected the generalised equations apply to non-polar 
substances only (3 parameter CSP). Water, ammonia and alcohols 
are not included in Figures (4.9) and (4.10). The values of Zm 
and F for these components are very different from those 
obtained by using equations (4.39) and (4.40). 

To test the validity of equations_(4.39) and (4.40), 
saturated liquid densities and vapour pressures have been cal
culated for methane, n-pentane, n-decane and n-eicosane. 
Results are summarized in Table 4.10. Equations (4.39) and 
(4.40) give results which are as good as those obtained by 
using Zm and F values-evaluated from experimental data (Appendix 
A). Equations (4.39) and (4.40) are most useful for components 
for which saturation data are not easily available. However, 
for accurate work it is necessary to evaluate Zm and F from 
saturation data as described in Section 4.1. 

TABLE 4.10 
Saturated liquid densities and vapour pressures from generalized 
correlations 

Component No.of Tr Range Points 
Methane 32 0.524-0.976 
n-pentane 30 0.638-0.981 
n-decane 27 0.536-0.771 
n-eicosane 27 0.615-0.850 

Overall average (%) 

* Generalized constants 
-** Individual constants 

PSL 
AADi-'h) -AAD (%) 

.. --** .. -**-
4.86 4.59 0.96 0.88 
3.92 3.96 0.42 0.26 
0.66 0.62 1.58 1.50 
1.03 1.04 2.97 2.75 

2.62 2.55 1.48 1.35 

Results have also been obtained for compressibilities of 
normal alkanes using the generalized form of the new equation 
(see Table 4.12). 
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4.4 Extension to New Substances via the Generalized Corresponding 
States Principle 

The 'three parameter corresponding states principle was 
originally proposed by Pitzer et a1 (1955), who showed that 
the compressibi1ity factor (expressed as a function of reduced 
temperature and reduced pressure) can be written as a power 
series in the acentric factor as follows: 

z = Z(O) + w Z(l) + .... (4.41) 

where, Z(O), Z(l), etc. are each functions of reduced temp
erature (Tr) and reduced pressure (Pr). Z(O) is the compressi
bi1ity factor of a simple fluid with zero acentric factor at 
the same reduced temperature and pressure and Z(l), z(2) etc. 
are complicated deviation functions. 

The first two terms in equation (4.41), are usually 
sufficient for moderate and high temperatures (Tr > 0.8) and 
Z is then given by: 

(4.42) 

Expressions for other thermoydnamic properties can be 
written in a similar way. In particular, Pitzer et a1 (1955) 
showed that the vapour pressures of pure substances can be 
expressed ,i n the form: 

1n P = 1n P (0) + w 1n P (1) _, r - r r (4.43) 

and Gunn and Yamada (1971) showed that the saturated liquid 
volumes of pure substances can be expressed as: 
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v = v (0) + w V (1) 
r r r (4.44 ) 

where: 1n P (0) 1n P (1) V (0) and V (1) which-are satura-
. r' r' r ' r -

ted fluid properties, are complicated functions of reduced 
temperature only. 

The three parameter corresponding states principle of 
Pitzer et a1 (1955) and the subsequent modifications by other 
workers (Lu et a1 1973; Hsi and Lu, 1974; Gunn and Yamada, 
1971) have been used extensively for the prediction of volume
tric and thermodynamic properties needed for process design. 
However, most of these correlations are in-tabular or graphical 
form, difficult to use on the computer. Since the calculation 
of derived properties and phase equi1ibria requires differentia
tion and integration of the compressibi1ity function and often 
involves iterative calculations, it is desirable to have the 
correlations in analytical form which can be used on a 
digital computer. 

- With improvements in equations of state for pure substances, 
it has been possible to provide an analytical framework for the 
three parameter corresponding states principle. This was done 
by Lee and Kes1er (1975) who showed that equation (4.42) can 
also be written as 

(4.45) 

where the compressibi1ity of any fluid of acentric factor w 

is expressed in terms of the compressibi1ity factor of a simple 
fluid Z(O) and the compressibi1ity factor of a (heavy) reference 
fluid Z(r). Lee and Kes1er used mainly the properties of argon 
to obtain an analytic B-W-R type expression for Z(O) and mainly 
the properties of n-octane to obtain a similar expression for 
Z(r). The Lee-Kes1er correlation is accurate for the es.timation 
of the thermodynamic properties of non-polar fluids (Reid et a1, 
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1977}. Lin and Daubert (1979) have expressed the saturated 
liquid volumes in a similar fashion 

v = V (O) + w 
r r (r) w 

[V (r) _ V (O)] 
r r (4.46) 

A similar approach is used to represent analytically other 
derived thermodynamic functions, such as fU9acity and the 
departures of enthalpy, entropy and isobaric and isochoric 
heat capacities from the ideal gas state. (Lee and Kesler, 
1975) . 

80th equations (4.45) and (4.46) have retained Pitzer's 
original proposal of a Taylor series expansion of a thermodynamic 
property about that property of a simple reference fluid of 
zero acentric factor. The extended corresponding states equa
tion proposed by Teja (1980) and Teja and Sandler (1980) no 
longer retains the simple fluid as one of the references. The 
Lee-Kesler form is rewritten as: 

z = Z(rl} 
w (rl) - w 

( 4.47) + (r2) 
w (rl) - w 

where the superscripts rl and r2 refer to two reference fluids 
which are chosen so that they are similar to the pure component 
of interest or, in the case of mixtures, to the key components 
of interest. If one of the references chosen is a simple fluid 
of zero acentric factor, equation (4.47) reduces to equation 
(4.45). 

Equation (4.47) provides a method for generalizing equa
tions of state using the known equations of two pure components. 
In this work, the new equation of state (equation 4.1) is 
generalized by choosing ethane and n-decane as two reference 
fluids. Following the work of Lee and Kesler (1975), the compressi-
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bility of the fluid of interest at a given T and P is calculated 
as follows: 

i) Values of Tr (= T/Tc) and Pr (= PIPe) are first calculated 
using the critical properties of the fluid. 

ii) From Appendix A, the values of Zm and F for the reference 
fluid, rl (ethane) are used to solve for Z in equation 
(4.10). The smallest root is used if liquid compressibility 
is calculated and the largest root is used if vapour 
compressibility is calculated. The value of Z obtained 
in this step is the value of Z(rl) in equation (4.47). 

fii) From Appendix A, the values of Zm and F for the reference 
fluid, r2 (n-decane) are used and equation (4.10) is 
solved for Z. The value of Z obtained in this step is the 
value of Z(r2) in equation (4.47). 

iv) From Z(rl) and z(r2), the compressibility factor Z is 

determined using equation (4.47). If volumes are required, 
they are obtained from: 

(4.48) 

whereZ is obtained from equation (4.47) . 

. If vapour pressures and saturated liquid densities at a 
given T, are to be calculated from the generalized equation (4.47), 
then the state of vapour-liquid equilibrium must be established 
(as described in Appendix G).prior to carrying out the procedure 
described above. The following equation, similar to equation 
(4.47), can be written for other thermodynamic functions: 

(rl) oo_oo(rl) 
q = q + -r:( r'""2') ---""(-=r"'l )-

00 - 00 

(4.49) 

where q is the thermodynamic function of interest. 
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For saturated liquid densities 

q = V r (4.50) 

The reduction of the volume is carried out with RTc/Pc 
instead of Vc' as the former is likely to be more readily 
available in practice. 

For vapour pressures 

For fugacity coefficient 

f q = ln cP = ln (1') 

For enthalpy departures 

H - HO 
q = RI 

c 

For entropy departures 

q = =..S ~_-=S:...-o + 1 n (_p) 
R pO 

For isochoric -heat capacity departures 

q = 
Cv - Cv

o 

R 

For isobaric heat capacity departures 

C - C 0 
q = p P 

R 

100 

(4.51) 

(4.52) 

(4.53) 

(4.54) 

(4.55) 

(4.56) 



Table 4.11 compares the results obtained using the genera
lised equation (4.47) with those of the individually fitted 
constants. The extension of the Redlich and Kwong equation 
by Chaudron et al (1973) is used for comparison purposes, 
because it is simple, predicts accurate compressibilities both 
for the gas and liquid phases (except in the region around the 
critical point) and individually fitted constants are available 
for a number of substances (a description of this equation is 
given in Chapter 2). 

Results obtained by the method of equation (4.47) are in 
good agreement with experiment and the deviations from experi-

. mental data are comparable to those obtained from the individually 
fitted equations. The predicted values from both these methods 
were compared with the same experimental data. Better agreement 
with experiment could be obtained if a more accurate reference 
equation is chosen. Both equations used·in this work give large 
deviations in the vicinity of the critical point and these 
deviations are included in the overall results presented in 
Table 4.11. 

The effect of changing reference fluids is shown by the 
results obtained using argon and n-octane as the two reference 
fluids. For the hydrocarbons considered, argon and n-octane 
appear to be better reference fluids than ethane and n-decane. 
This is due mainly to the fact that the range of pressures and 

\( 
temperatures of the experimental data used to evaluate equation 
of state constants, is greater for argon and n-octane than for 
ethane and n-decane. The other reason is that, the acentric 
factors of the hydrocarbons considered are within the range 
covered by argon and n-octane. However, one of the main advan
tages of using equation (4.47) is in the flexibility of choosing 
the two reference fluids. Thus, for the prediction of the thermo
dynamic properties of hydrocarbons heavier than n-decane, one 
reference fluid can be chosen as n-decane and the other reference 
fluid can be chosen as the heaviest hydrocarbon for which the. 
equation of state constants are available. 
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TABLE 4.11 
Compressibilities of pure components 

Pressure range 
Temperature range 
No. of points 

Same as in Table 4.6 

New Equation 
Component AAD (%) 

* ** 
C2-C10 

Methane 3.77 5.32 
Ethane 2.32 -
Propane 2.20 2.48 
n-Butane 3.43 3.57 
n-Pentane 3.45 3.55 
n-Hexane 3.96 4.00 
n-Heptane 2.12 3.45 
n-Octane 2.19 2.10 
n-Nonane - -

Overall average(%) 2.93 3.35 

* Individual constants 

CRK Equation 
AAD (%) 

*** * ** 
Ay-C8 l' 

C2-C10 

4.30 2.5 6.71 
4.21 - -
2.27 1 .72 2.13 
2.77 1.86 3.07 
3.29 3.90 6.44 
3.25 5.58 3.23 
2.22 1.96 3.74 

- 0.73 1.49 
- 2.56 2.06 

3.06 2.60 3.61 

** General ized with Ethane as Ref. 1 and n-Decane as. Ref. 2 
*** Generalized with Argon as Ref. 1 and n-Octane as Ref. 2. 

Volumetric 
Data 

*** Reference 

A;;-C8 

-
-

1.95 SAME AS 
3.01 
5.98 TABLE 4.6 
-

3.22 
- . 

1.42 

3.12 



4.5 Comparison of the Methods Used for Generalizing the Equation 
of State 

Two methods are used in this work to generalize the new 
equation of state (equation 4.1). One method (Section 4.3) uses 
the correlations given in terms of the acentric factor by equa
tion (4.39) and equation (4.40) to calculate the equation of 
state parameters F and Zm respectively. The second method 
(Section 4.4) uses the generalized corresponding states principle 
(GCSP) with two reference fluids. In both methods the critical 
temperature, the critical pressure and the acentric factor are 
required as input parameters for the calculation of thermodynamic 
properties of a fluid of interest. The advantage of using the 
GCSP is that it requires the equation of state constants for only 
the two reference fluids. Thus, experimental data of only two 
reference fluids are required compared with the other method in 
which experimental data on many pure components are required in 
order to obtain the correlations such as those given by equations 
(4.39) and (4.40). If an equation of state with a large number 
of constants is employed, then generalizing the parameters 
presents a more severe problem. The second advantage of the 
GCSP is that it is more closely tied to theory and so can be 
safely extrapolated to new regions of pressure and temperature. 
The disadvantage of using the GCSP method is that it involves 
steps in which the equation of state has to be solved twice 
(for two reference fluids) in order t9 get the final result. 
In 'general, the method using the correlations for Zm and F (or 
for any other parameters in the equation of state) is easier 
and requires less computer time. Both methods give similar 
predictions for the compressibi1ities of hydrocarbons. Table 
4.12 compares the results obtained using the GCSP method with 
argon and n-octane as the two reference fluids and the method 
using correlations for F and Zm' A.major disadvantage of the 
two methods is their restriction to relatively simple fluids. 
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TABLE 4.12 
Comparison of the two methods used for generalizing the new 
equation of state; prediction of compressibi1ities 

!'lo. G(;~P New equation 
of * Generalized Component Points MD (%) ** MD (%) 

Methane 570 4.30 4.42 
Ethane 336 4.21 2.70 
Propane 419 2.27 2.18 
n-Butane 244 2.77 2.86 
n-Pentane 440 3.29 3.34 
n-Hexane 159 3.25 3.25 
n-Heptane 102 2.22 2.17 
n-Octane 93 2.19 2.09 

Overa 11 average (%) 3.06 2.88 

* Argon as ref. 1 and n-octane as ref. 2. 
Results are taken from Table 4.11. 

** Using Zm and F given by equations (4.40) "and (4.39). 

4.6 Use of the Exponential Temperature Function 

It has been pointed out by many authors (Ad1er et a1, 1977; 
Heyen, 1980) that the temperature function used by Soave (1972) 
and Peng and Robinson (1976) for the constant 'a' does not 
reproduce the correct temperature behaviour at very high temp
eratures. This is mainly because at a finite value of the reduced 
temp"erature, T ,the function becomes zero and then starts to r,m 
rise with temperature. This is not in accordance with what is 
observed in practice. At high temperatures, the real gas 
behaviour approaches that of an ideal gas and, if the constant 
'a' is assumed to represent the attraction between molecules, 
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the function should become zero as the temperature approaches 
infinity. The value of Tr m is given by , 

(4.57) 

This is obtained by equating a from equation (4.8) to zero. 
Tr,m represents the maximum temperature for which equation 
(4.8) is valid. 

Heyen (1980) proposed the following exponential function 

(4.58) 

This temperature function has the required characteristics. 
It becomes unity when Tr = 1 and 
temperature approaches infinity. 

it approaches zero as the 
However, equation (4.58) 

contains two arbitrary constants K and n, compared with only 
one constant F in equation (4.8).' Constants, K, nand F have 
been evaluated for 38 components from saturation data and are 
given in Appendix A. 

Both temperature functions are plotted for methane and 
n-decane as shown in Figure 4.11 and Figure 4.12. For tempera
tures up to Tr = 12 for methane, both functions show a similar 
trend but at high temperatures, the exponential function 
assumes zero value while the function given by equation (4.8) 
increases with temperature. Similarly for n-decane both func
tions show similar trend up,to Tr. = 2; after that the exponen
tial function apprQaches zero while the other function increases 
with temperature. The results obtained for saturated liquid and 
vapour densities and densities in other regions are presented in 
Table 4.13 and Table 4.14. As can be expected, identical results 
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TABLE 4.13 
Comparison of the temperature functions. 
Predictions of saturated liquid and vapour densities. 
1. (1[T] = [1 + F (1 - T

r
i )]2 

e
K(l-Tr") 

2. (1[T] = 

Component 1* 
LIQUID 

2 1** 
VAPOUR 

2 
MD (%) MD (%) MD (%) MD (%) 

Argon 4.27 
Methane 4.59 
Propane 5.58 
n-Pentane 3.96 
n-Heptane 4.44 
n-Decane 0.62 
n-Dodecane 0.70 
n-Tetradecane 0.76 
n-Octadecade 1.07 
n-Eicosane 1.04 
Carbon dioxide 4.48 
Caron monoxide 3.81 
Sulfur dioxide 4.46 
Hydrogen sulfide 3.47 
Water 3.99 
Ammonia 3.21 
Benzene 3.87 
Methanol 0.51 
Ethanol 0.51 
Propanol 0.66 
Butan-l-Ol 0.28 
Pentan-l-Ol 0.53 

Overa 11 average (%) 2.58 

* Taken from Table 4.2 
** Ta~e.from Table 4.3 . 

4.15 
4.45 
5.52 
3.93 
4.35 
0.56 
0.63 
0.68 
0.96 
0.90 
4.48 
3.76 
4.43 
3.56 
4.10 
3.40 
3.88 
0.54 
0.51 
0.65 
0.31 
0.29 

2.55 

0.36 0.40 
0.88 0.94 
0.86 0.87 
0.59 0.60 
0.67 0.69 
- -
- -
- -
- -
- -

0.71 0.71 
3.93 3.92 
1.04 1.02 
2.58 2.55 
1.26 1.32 
4.48 4.60 
2.18 2.18 

- -
- -
- -
- -
- -

1.63 1.65 

. For temperature range, no. of data points and saturation data reference 
see Table 4.2 and Table 4.3. 
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TABLE 4.14 

£omparison of the temperature functions~ 
. Predictions of pure component densities 

1. arT] = [1 + F (1 - Tr!)]2 
K(l - Tr") 

2. arT] = e 

Component 

Methane 
Ethane 
Propane ) 
n-Butane 
n-Pentane 
n-Hexane 
n-Heptane 
n-Octane 
n-Nonane 
n-Decane 
Sulfur dioxide 
Berizene . 

Overall average (%) 

* Taken from Table 4.6 

1* 
MD (%) 

3.77 
2.32 
2.19 
3.43 
3.45 
3.96 
2.12 
2.19 
1.40 
1. 71 
1.57 
1.06 

2.44 

. 
2 

MD (%) 

4.11 
2.33 
2.24 
3.42 
3.47 
3.98 
2.13 
2.20 
1.39 
1.67 
1.57 
1.05 

2.47 

For temperature range, pressure range, no. of data points and 
volumetric data references see Table 4.6. 
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are obtained. This is mainly due to the fact that the temperature 
range of all the experimental data used is well below 
Tr,m' Comparisons of the two functions are made here to show 
that there is no definite improvement in the prediction of 
thermodynamic properties in regions of interest when the exponen
tial function is used. In vapour-liquid equilibrium predictions 
we are concerned with low reduced temperatures (except for 
mixtures containing hydrogen) and therefore the use of the 
exponential function is unlikely to lead to an improvement in 
accuracy. 

When constants K and n are correlated with the acentric 
factors using minimax polynomial fitting, the following equations 
are obtained: 

K = 0.594707 + 1.16337 w (4.59 ) 

n = 0.823795 + 0.117995 w (4.60) 

The straight lines given by equations (4.59) and (4.60) are 
shown in Figures 4.13 and 4.14 where the values of K and n 
from Appendix A are plotted. As can be seen, the straight 
line approximation is acceptable for K but not for n. In fact 
no reliable correlation could be found between n and the acen
tric factor. This means that equation (4.58) cannot be generalized 
as easily as equation (4.8). The constant F in equation (4.8) 
has been correlated with the acentric factor in Figure 4.10 
and the correlation is given by equation (4.39). As can be 
seen in Figure 4.10, there is an excellent correlation between 
F and w • 

In general, the exponential function is useful for reduced 
temperatures greater than, T , but in practice such temperatures r,m 
are usually not encountered in vapour-liquid equilibrium ca1cula-
ti ons. 
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In most cases when the reduced temperature exceeds T ,it r,m 
is easier to use an equation of state such as the R-K ~quation 
(this equation is valid at high temperatures) than to use the 
exponential temperature function with equation (4.1). In view 
of this and the shortcomings outlined above, the use of the 
exponential temperature function for a was not pursued further 
in this study. 
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CHAPTER 5 

PHASE EQUILIBRIUM IN MIXTURES 

A phase is any part of the system or quantity of matter, 
that is homogeneous in composition, temperature and pressure. 
The term 'phase equilibrium' implies a condition of equili
brium between two or more phases. When two phases are in con
tact with each other, an exchange of the constituents between 
the phases will occur until a constant value of the composition 
in each phase has been attained. At this stage, there will then 
be no tendency towards change of the physical properties and 
composition with time. The system is then considered t.o be in 
equilibrium. 

Although the equipment in a plant or laboratory rarely 
operates at a state of equilibrium between the phases, a know
ledge of the relationship between the phases at equilibrium 
is essential to· the understanding of the process. The thermo
dynamics of phase equilibrium is of fundamental importance 
in chemical engineering, since so many unit operations rely 
on phase contacting e.g. distillation, absorption, leaching 
etc. In particular, vapour-liquid equilibrium (VLE) operations 
are extensiv~ly used in the chemical industries. The most promi
nent of VLE operations is undoubtedly the classic distillation 
process, which relies on favourable distribution between vapour 
and liquid phases. Other operations of importance involving 
vapour-liquid equilibrium are gas absorption, azeotropic disti
llation, flashing of liquid mixtures, to quote a few. In addi
tion, many chemical reactions are carried out with a gas or vapour 
in intimate contact with a liquid phase. Even the simple opera
tions of compression and expansion of gases and liquids frequently 
involve vapour-liquid equilibrium. 
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5.1 Thermodynamic Considerations 

In 1875, Gibbs proposed that for different phases to co
exist in equilibrium the following conditions must hold: 

Cl = ll.S ll.Y for chemi ca 1 equil ibri urn (5.1 ) ll· = 1 1 1 

pcl = pS = pY for mechani ca 1 equil i bri urn (5.2) 

TCl = TS = TY for thermal equilibrium (5.3) 

where llt is the chemical potential of component i in phase Cl, 

pcl is the pressure in phase Cl, TCl is the temperature in 
phase Cl and Cl, S, Y are different phases. 

The chemical potential llj is defined in terms of the partial 
quantiti es as 

or 

where: 

= U. 
1 

G = Gibbs free energy 
H = Enthalpy 
A = Helmholtz free energy 
U = Internal energy 
S = Entropy 
n. = no. of moles of component i in a mi xture. 

1 

(5.4) 

(5.5) 

The eva~uation of the chemical potential is the central problem 
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in phase equilibrium thermodynamics. However, the chemical 
potential cannot easily be computed and must first be t,'ansformed 
into another quantity which is easier to evaluate using readily 
available data. 

In terms of the chemical potential, the differential equa
tions for the four thermodynamic potentials U, H, A and G 
become: 

dU = T d5 - P dV + L ll, dn, 
i 1 1 

(5.6 ) 

dH = T dS + V dP + L ll· i 1 
dn, 

1 
. (5.7) 

dA = -S dT - P dV + L lli dn, 
i 1 

(5.8) 

dG = -S dT + V dP + L lli dn i i 
(5.9) 

Any of these equations can be used to obtain the Gibbs
Duhem equation (Edmister, 1961): 

V dp - S dT = L ni dll i (5.10) 

For a·pure component i we can write, 

(5.11 ) 

For an ideal gas Vi is given by 

(5.12) 
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and we obtain, 

~i - ~i 

o p 
= RT ln -

po 

where superscript '0' denotes a standard state. 

(5.13) 

The above equation can only apply to an ideal gas. This 
observation led Lewis (1923) to define a pressure-related func
tion known as the fugacity. Thus, for any real substance, whether 
pure or mixed, whether solid, liquid or gas, we have: 

o 
~i - ~i = RT ln (5.14) 

Furthermore, it can be observed that at very low pressures 
and high temperatures, when all substances tend to behave like ideal 
gases 

for pure substances (5.15) 

or f. = y.P for component i in a mixture 
1 1 

(5.16) 

where YiP is the partial pressure in a·mixture. The above 
definitions are all at constant temperature and it is therefore 
essential. that all standard states,denoted by superscript '0' 
be defined at the same temperature. 

This possibility of expressing the chemical potential in 
terms of the more physically definable fugacity. allows us to 
calculate the conditions that must be satisfied in order that 
equilibrium be maintained. If the standard states are carefully. 
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defined to be the same at any particular temperature, then it 
can be shown (Dodge, 1944; Prausnitz et al, 1967) that for 
different phases, a, Band y we can write 

f. a = f.B = f. Y at equilibrium 
111 

(5.17) 

Equation (5.17) forms the basis for the calculation of phase equi~ 
libria in pure fluids and.mixtures. 

It may be shown (Edmister, 1961) that the fugacity of 
a pure component is given by: 

RT 1n t = r (V - ¥) dP 
o 

Equation (5.18) is in a form convenient for use 

(5.18) 

with a 
volume explicit equation of state. However, many useful equa
tions are pressure explicit. For such equations of state, the 
following expression for the fugacity of a pure component can be 
easily derived from equation (5.18). 

where: 

f In ~ = Z -1 - ln Z -

PV 
Z = RT 

V 
f P 1 

(n - V) dV (5.19) 

(5.20) 

It may also be shown that the fugacity of component i in 
a multi component mixture is given by the following expression 
(Prausnitz, 1959) 
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where: 

RT ln (5.21 ) 

y. = mole fraction of component i in a liquid or vapour 
1 

phase. 

Vi = is the partial molar volume 

= (~) an. T, P, n . 
1 J 

(5.22) 

Equation (5.21) is not suitable for use with a pressure 
explicit equation of state. A more suitable fugacity expression 
for such equations can be derived from equation (5.8) and is 
given by (Beatti~, 1949): 

f 1· '" 
RT In:-:-n = f [(~) - RVT] dV - RT ln Z 

Y··r van. T,V,n. 
1 1 - J 

(5.23) 

where: V is the total volume = nV 

and V is molar volume. 

Using equation (5.23) with an equation of state capable 
of representing both liquid and vapour phase behaviour, it is 
possible to calculate fugacity in liquid and vapour phases and 
thereby carry out VLE calculations. However, equations of state 
are rarely valid for the liquid phase of mixtures containing one 
or more strongly polar or hydrogen-bonding components. In this 
case, activity coefficients are used to evaluate liquid phase 
fugacity (Wilson, 1964) and the vapour phase fugacity is calcu
lated from the equation of state (Prausnitz and Chueh, 1968; 
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Prausnitz et al, 1967). When activity coefficients are used, the 
liquid phase fugacity is calculated from: 

where: 

f.L = y X f 0 ,. . . , , , 

X. = liquid phase mole fraction of component i. , 
f. o= standard state fugacity. , 
y. = activity coefficient of component i. , 

An activity coefficient has no significance unless there 
is a clear definition of the standard state to which it refers. 
The standard state is commonly taken as the pure liquid at the 
system temperature and pressure. 

A common problem in multicomponent phase equilibrium 
calculations is that the system temperature is often such that 
one or more components do not exist as liquids. It is possible 

(5.24) 

to introduce the concept of a pure, hypothetical supercritica1 
liquid and to evaluate its fugacity by extrapolation provided the 
component in question is not excessively above its critical temp
erature. However, for a highly supercritica1 component (e.g. H2, 
N2, CH4, etc. at room temperature) the concept of a hypothetical 
liquid is of little use since the extrapolation of pure liquid 
fugacity is so excessive as to lose all its physical significance. 

The only satisfactory procedure for the evaluation of the 
activity coefficients of supercritica1 components is the use of 
Henry's constant as the standard state fugacity (Prausnitz, 1977;
Prausnitz et a1, 1967; O'Conne11, 1977). Henry's constant Hi' 
for component i in a pure (reference) solvent r which is a 
constituent of the solvent mixture is defined by: 

f.L 
H. (i n pure r) = 1 imit 

, 
(5.25) x. , 

x.+O , , 
x +1 r 
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Henry's constants are not hypothetical but are experimentally 
accessible. Moreover, they can, in principle, be calculated from 
an equation of state (Prausnitz, 1977). However, the use of 
Henry's constants is only convenient for dilute solutions and 
for binary mixtures. At high concentration unsymmetrically 
normalized activity coefficients are needed and because they 
depend on both the solute and the solvent, difficulties are 
encountered when several solvents are present as in the case of 
multicomponent systems. 

The only simple approach for mixtures containing highly 
supercritical components is the one using an equation of state 
for all fluid phases. In this approach the problem of specifying 
a standard state is avoided and information on pure components 
and their binary mixtures is sufficient to calculate equilibria 
in multi component mixtures (Peng and Robinson, 1976; Soave, 
1972) . 
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CHAPTER 6 

CALCULATION OF MIXTURE PROPERTIES 

In the process industries, the problem of calculating mixture 
-properties occurs more often than the calculation of pure compo
nent properties. In particular, phase equilibria at high pressures 
are of great interest to chemical engineers involved with 
petroleum, cryogenic and related industries. Mixture densities 
are often required in the design of equipment involving mass 
transfer while enthalpies and heat capacities are required for 
the design of equipment involving heat transfer. 

The development of an equation of state that can accurately 
represent phase equilibria has been one of the success stories 
of physical chemistry and chemical engineering in the past two 
decades. At present, two methods are widely used for the cal
culation of vapour-liquid equilibria. Both methods start from 
the equilibrium criterion of the equality of fugacities. In one 
method, however, an equation of state is used to calculate the 
fugacities in both phases. In the other method, an equation of 
state is used only for calculating the vapour phase fugacity and 
activity coefficients are used for calculating condensed phase 
fugacities. One of the main advantages of using an equation of 
state for all fluid phases is that the same standard states are 
also used for all phases and the method is self-consistent. If 
sepa~ate standard states are defined for different phases, then 
problems may arise with multicomponent mixtures where at least one 
component is super-critical and, therefore, non existent as 
liquid at a given pressure and temperature. In that event, 
the choice of a properly defined activity coefficient and stan-
dard state introduces formal difficulties which are often mathe
matically inconven~ent and for practical implementation, require 
parameters from experimental data that are rarely available. 
Since the method using activity coefficients relies on separate 
equations to represent liquid and gas phases, it cannot guarantee 
consistency for all properties and may not predict phase equilibrium 
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under certain conditions at all. Moreover, this method only 
describes vapour-liquid equilibria and other equations are 
needed for other thermodynamic properties. 

From a strictly thermodynamic point of view, using an 
equation of state is more efficient than using activity coeffi
cients. If an equation of state is applicable to all phases 
of interest, we can calculate not only the fugacities but also 
all other configurational properties such as the enthalpy, entropy 
and volume change on mixing. However, the method relying on the . 
equation of state has hitherto been limited to mixtures contain-
ing simple non-polar and weakly polar components only. To cal
cUlate vapour-liquid equilibria for mixtures containing one or 
more strongly polar or hydrogen bonding components, we have had 
to resort to the use of activity coefficients and standard state 
fugacities in the past. 

In the present work, the new equation of state given by 
equation (4.1) was used to calculate densities and vapour-liquid 
equilibria of mixtures containing light and heavy hydrocarbons 
as well as non-polar, weakly polar and some polar components. 
The Peng and Robinson (1976) and the Soave (1972) equations 
were used for comparison purposes. In Chapter 4, it has already 
been shown that the new equation of state gives better represen
tation of pure component saturated liquid densities than the Peng 
and Robinson (P-R) equation, specially for heavy hydrocarbons and 
polar substances. This feature of the new equation is likely to 
improve the prediction of saturated liquid densities of mixtures 
containing heavy hydrocarbons and polar substances. 

6.1 Extension of the New Equation of State to Mixtures 

BY'replacing a, band c in equation (4.1) with am' bm and 
cm respectively, the new equation of state for mixtures is 
written in the following form: 
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P = RT am 
V - 5 m - ITV Ti( V""'-;-+'5=-m') --'+-;-:---;;c:-m:-("'Vr---'5:-

m
') 

where am' bm and cm are mixture constants. 

In order to apply equation (6.1) to the calculation of 

mixture properties, it is necessary to devise a mixture model 

so that am' bm and cm for the mixture of interest can be cal
culated from the knowledge of constants a., b. and c. for the " , 
pure components and the mole fractions. The following mixture 
model is proposed: 

X. X., a .. 
, J ,J 

b = L x. b. 
m i ' 1 

c = LX. Cl' 
m i ' 

(6.1 ) 

(6.2) 

(6.3) 

(6.4) 

The choice of this model is completely arbitrary, the only 
justification being the success with which analogous equations 

have been applied to other cubic equations of state such as the 

P-R ~nd the S-R-K equations. It is also possible to reduce 
equation (6.1) to the P-R equation and the S-R-K equation by 

setting cm = bm and cm = 0 respectively as in the case of pure 
components. This is not possible if a different mixture model 

is used. By using equations (6.2) - (6.4), the method of 
comparison becomes consistent and the amount of computing involved 

is reduced considerably. A computer program written for equation 
(6.1) can also be used for the P-R equation and the S-R-K equa

tion. Appropriate values for the constants used to describe the 
temperature dependence of ai have to be specified in each case. 

123 



To use equation (6.2), the cross-term aij needs to be 
evaluated and this is done by the following mixing rule. 

a .. 
lJ 

= t.: •. (a .. a .. )~ 
lJ 11 JJ 

(6.5) 

where t.:ij is a correction factor for the geometric mean rule 
assumption. t.:ij is known as the binary interaction coefficient. 
Although empirical in practice, the interaction coefficient t.:ij 
is a measure of deviations from ideal solution behaviour for inter
actions between ith and jth components (Prausnitz and Chueh, 1968; 
Bishnoi and Robinson, 1972). Thus t.: .. is 1.0 when i ~quals j 

lJ 
(pure fluid interaction) and t.:ij is nearly 1.0 for component 
pairs which form nearly ideal solutions (for example paraffin 
hydrocarbon pairs heavier than propane). The numerical values 
of t.:ij differs considerably from 1.0 when the component pair 
forms highly non-ideal solutions. Thus, accurate values of t.: ij 
are required when i or j is a light hydrocarbon or a non
hydrocarbon (for example methane with hydrocarbons heavier than 
n-butane, CO2-hydrocarbon, H2S-hydrocarbon and N2-hydrocarbon 
mixtures) . 

Compared with vapour-liquid equilibrium (VLE) predictions, 
the sensitivity of predicted bulk mixture properties such as 
densHy and entha 1 py to the va 1 ue of t.:i j is sma 11 (Han and 
Starling, 1973). Therefore it is a common practice to use binary 
vapour-liquid equilibrium data for the determination of t.:ij 
values. 

In this study, the values of t.:ij have been determined from 
isothermal VLE data. Equation (6.1), the P-R equation and the 
S-R-K equation are used. The binaries considered are mainly 
those of importance to the synthetic fuel industry. 
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6.2 Evaluation of the Binary Interaction Coefficient 

A number of criteria may be chosen for selecting the 
optimum value of the binary interaction coefficient. Two useful 
criteria using VLE data are (Graboski and Daubert, 1978): 

1. Minimizing the deviation in the bubble point pressure. 
2. Minimizing the deviation in the flash volume. 

The first criterion uses the experimental values of liquid 
phase compositions, total pressure and temperature to determine 
~ij' Since all these quantities can be-accurately determined 
by experiment, this criterion has an advantage over the second 
criterion. Because the bubble point pressure is sensitive to 
the most volatile component, the first criterion will most 
accurately correlate that equilibrium ratio. The second crit
erion utilizes the experimental liquid and vapour phase compo
sitions for an isothermal flash calculation to optimize the 
material balance as predicted by the correlation. The material 
balance (called flash) criterion is very sensitive to K values 
which are close to unity. 

Graboski and Daubert(1978) have used both criteria with 
the S~R-K equation and found that no difficulty in convergence 
is encountered with the bubble point procedure making it useful 
for the determination of the binary interaction coefficient. 
However, some problems were encountered with the flash procedure 
because, for close boiling mixtures, the correct value of the 
interaction coefficient was needed in advance to "find" the 
two phase region. Their results indicate that the minimization 
of bubble point pressures is the better criterion for obtaining 
the interaction coefficient because it will produce good results 
for both the flash and bubble point calculations. 

In this study, the optimum value of the binary interaction 
coefficient was obtained by minimizing the absolute average 
deviation in the bubble point pressures at a selected temperature. 
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The absolute average deviation is defined as: 

P (%) 1 
n 

n P - P I I ex~ calcl 
i exp 

x 100 (6.6) 

Generally, ~ij is assumed to be independent of temperature, 
pressure, density and compositions. (Plocker, Knapp and Praus
nitz, 1978; Grabosky and Daubert, 1978; Chueh and Prausnitz, 
1967). However, in practice this is not always true. Therefore, 
~ij values should be determined at temperatures and pressures 
where they will find the most usage. No attempt was made in 
this work to correlate ~ij with temperature or pressure but 
the temperature at which the ,optimum value of ~ij is evaluated, 
was selected carefully to lie in the middle range of the reported 
experimental data. Optimum values of ~ij have been evaluated 
using three different equations. The Peng and Robinson equation 
(1976) and the Soave equation (1972) were used for evaluating 
optimum values of ~ .. of 32 binaries containing a light hydro-

lJ ' 
carbon, as one of the components with the other component being 
either a light hydrocarbon, carbon dioxide, or hydrogen sulfide. 
Equation (6.1) was used to evaluate optimum~ .. for 52 binaries 

lJ 
including those used with the P-R and the S-R-K equations. Some 
binari es conta i ni ng he,avy hydrocarbons, nitrogen, water and 
alcohols were also included. 

Where all three equations had been used for a particular 
binary at a given temperature, the same set and number of exper
imental data were used. Data points were selected to cover the 
maximum available composition range, including the critical 
region where possible. 

The precision to which the optimum value of ~ij had been 
evaluated was restricted to three decimal places for two reasons. 
Firstly, since a reliable convergence criterion is not available, 
the procedure adopted for evaluating the optimum value of ~ij is 
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a trial and error method taking a long time to reach the final 
solution. Secondly, there is no justification in increasing 
the precision because in all cases considered, it was found 
that the difference in the absolute average deviations of the 
bubble point pressures between neighbouring values of ;ij is 
sma 11 . 

The fo 11 owi ng tria 1 and error method was used. -Initially, 
the value of ;ij is set at 1.0 and then decreased in large 
intervals of 0.1 or 0.01 depending on the magnitude of the 
absolute average deviation of the bubble point pressures. If 
the predicted values of the bubble point pressures were found 
to be consistently greater than the experimental values for all 
compositions then the value of ;ij was increased in large 
intervals. Once the region of the optimum ;ij had been detected 
and bracketed, the interval was decreased to 0.001 and the opti
mum value of ;ij corresponding to the minimum deviation in the, 
bubble point pressures was evaluated. 

The optimum values of ;ij obtained from the three equations 
of state are given in Table 6.1. Corresponding values of the 
absolute average deviations in bubble point pressures and vapour 
phase mole fractions are given in Table 6.3. The results obtained 
from equation (6.1) for systems containing heavy hydrocarbons, 

'nitrogen, water and alcohols are given in Table 6.2. This 
table also contains results of some binaries with light hydro
carbons. 

As can be seen from Table 6.1, the optimum values of ;ij 
obtained from the three equations are close to each other 
except for binaries containing methane. The anomolous behaviour 

.- of methane is well known since it tends to fonn highly non-ideal 
solutions with hydrocarbons heavier than propane. In general 
the Soave and the Peng and Robinson equations give very similar 
values of ;ij. The optimum values of ;ij obtained in this study 
can be summarised as follows for the different groups of binaries 
considered. 
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a) Hydrocarbon-Hydrocarbon (up to n-decane) 

Except for binaries containing methane and the binary system 
ethy1ene-n-butane, the binary interaction coefficient Sij for 
all other hydrocarbon-hydrocarbon mixtures was found to be very 
close to unity. This is true for all three equations used in 
this study and is in accordance with Soave's conclusion that 
no binary interaction coefficients are needed for VLE predic
tions in hydrocarbon-hydrocarbon systems. For binaries contai
ning methane, equation (6.1) gives Sij values which are close 
to unity but Sij values obtained from the P-R and the S-R-K 
equations are significantly different from unity. The value 
of Sij for ethy1ene-n-butane appears to be inconsistent with 
other ethylene-hydrocarbon binaries and is probably due to the 
inconsistency of the experimental data. 
trend in the values of Sij obtained but 
from equation (6.1 r are closer to unity 
the other two equations. 

There is no consistent 
in general the s .. values 

lJ 
than those obtained from 

b) Hydrocarbon (light) - Hydrocarbon (heavier than n-nonane) 

These systems include binaries such as methane-n-eicosane, 
ethane-n-dodecane, ethane-n-eicosane etc. For these binaries 
only equation (6.1) has been used and the optimum values of Sij 
obtained are given in Table 6.2. Most of the s .. optimum values 

lJ 
are in the range 1.0 - 1.08. 

c) Carbon dioxide - Hydrocarbon (up to n-decane) 

The optimum values of Sij obtained from the three equations 
are slightly different from each other and are usually in the 
range 0.90 ~ 0.84. These values are given in Tables 6.1 and 
6.2. 

d) Hydrogen sulfide - Hydrocarbon 

the 
Slightly different values of ~ij optimum are obtained from 

three equations. The optimum values of s .. are given in 
lJ 
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Table 6.1 and Table 6.2 and they are found to be in the range 
0.91 - 1.0. 

e) Nitrogen - Hydrocarbon (up to n-heptane) 

Only equation (6.1) has been used to evaluate ~ij optimum 
for these binaries. The optimum values obtained are given in 
Table 6.2. Most of the values are found to be in the range 
0.97 - 0.91. 

f) Alcohol - Water 

Only equation (6.1) has been used to evaluate-optimum 
value of ~ij for these binaries. Only two binaries have been 
considered. They are methanol-water and ethanol-water. For 
methanol-water the optimum ~ij was found to be 1.083 and for 
ethanol-water ~ij optimum was found to be 1.075. For other 
alcohol-water binaries similar values of i;ij optimum can be 
expected. 

In Table 6.4. the optimum values of i;ij obtained in this 
study from the Soave equation are compared with those obtained 
by Graboski and Daubert (1978) using the same equation and the 
same criterion for optimizing the binary interaction coefficients. 
The slight disagreement in results is mainly due to the tempera
ture dependence of ~"". In this study. isothermal VLE data 

- lJ 
were used to evaluate ~ij' whereas Graboski and Daubert used 
VLE data at different temperatures. Nevertheless. in many cases 
the optimum values of i;ij are in good agreement and therefore the 
procedure used in this study for evaluating the binary interaction 
coefficient is valid. 

Further discussion on the optimum values of ~ij will be 
presented later when the predictions of bubble point pressures 
are discussed. 
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6.3 Vapour-Liquid Equilibrium (VLE) Calculations 

There are three basic categories of VLE calculations which 
are extensively used in design: 

1. Estimation of equilibrium temperature, T and vapour or 
liquid phase compositions, y or x, at constant pressure 
(bubble point or dew point temperature calculations). 

2. The prediction of the system pressure, P, and vapour or 
liquid compositions, y or x under isothermal conditions 
(bubble and dew point pressure calculations). 

3. The evaluation of the phase compositions, x, y or K-values 
at a given temperature and pressure (flash calculations). 

Other, more complex, VLE calculations exist but they can 
generally be broken into a combination of the three basic types 
indicated above. In this study computer programs have been 
devised for the three types of calculation. In cases 1 and 2 
above, only the bubble point calculations are considered. Algo
rithms necessary for these calculations are presented in Appen
dix G. 

6.3.1 Calculation of the Bubble Point Pressure 

A computer program for "the prediction of bubble point 
pressure is given inAppendix H. Results obtained for 52 binaries 
containing hydrocarbons, carbon dioxide, hydrogen sulfide, 
nitrogen, carbon monoxide, alcohols and water have been summarized 
in Tables 6.2 and 6.3. The absolute average deviations in bubble 
point pressures and vapour phase mole fractions have been obtained 
using the optimum values of the binary interaction coefficients 
evaluated in this study. Results have also been obtained without 
the use of the binary interaction coefficients ( ~ .. = 1.0 ). 

" lJ 
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As can be seen, excellent predictions have been obtained by 
using the optimum values of the binary interaction coefficients. 
This is expected since the minimization of the bubble pOint 
pressure deviations has been used as the criterion for optimi
zing the interaction coefficients. Equation (6.1) has been 
used for all 52 binaries and the P-R and the S-R-K equations 
have been used for 32 binaries. Results obtained from the 
three equations are,very similar. To date, th~ P-R and the 
S-R-K'equations have not been used for the binaries containing 
heavy hydrocarbons. 

Results are also presented in the form of phase diagrams 
which include plots of pressure (P) versus mole fractions 
(x,y) and the mole fractions in the vapour phase (y) versus the 
mole fractions in the liquid phase (x). These are given in 
Figures 6.1 to 6.113. The dotted lines represent results obtained 
without using the binary interaction coefficient and the solid 
lines represent results obtained using the optimum value of ~ij 
from Tables 6.1 or 6.2. The 52 binaries considered in this work 
can be conveniently grouped under the following headings: ' 

a) Hydrocarbon - Hydrocarbon 

Results for these binaries are given in Tables 6.2 and 6.3, 
and the phase diagrams are shown in Fi gures 6.1 to 6.56. With 
the exception of binaries containing methane, there is very little 
improvement in the accuracy of predictions through the use of the 
optimum values of ~ij for light hydrocarbon binaries. This is 
clearly shown in the phase diagrams where the dotted line 
(~l·· = 1.0) is very close to the solid line (~ .. = ~.. t) and 

J 1 J lJ op 
in some cases the two lines coincide .. In such cases the optimum 
values of ~ij are very close to unity and' there is little or no 
advantage offered by the ~mum value of ~ij. ' 

For binaries containing methane, the accuracy of predictions 
can be improved considerably through the use of the optimum 
value of ~ij. large deviations are obtained with ~ij = 1.0. 
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This is clearly shown in the phase diagrams where the dotted 
lines are further from the experimental points than the solid 
line. 

For binaries containing light hydrocarbon with a heavy 
hydrocarbon (above n-decane), the predictions made with ~ij = 1 .0 
can produce deviations of the order of 30 or 40 percent. In 
these cases, use of the optimum ~ij is necessary. In most cases 
considered, the optimum values of ~ij have been found to be 
greater than unity. This is in contrast to light component 
binaries where ~ij is always less than unity. Results for the 
binaries with heavy hydrocarbons are given in Table 6.2,and are 
shown in Figure 6.14, and Figures 6.28 to 6.30. 

b) Carbon dioxide - Hydrocarbon 

Results for these binaries are given in Tables 6.2 and 6.3. 
Deviations of the order of 20% were obtained with ~ij = 1.0. 
These deviations can be reduced to approximately 1% by the use 
of optimum values of ~ij. The optimum values are significantly 
different from unity and 'are usually below 0.9. 

Results obtained with the three equations are almost 
identical and this can be clearly seen in· the phase diagrams 
obtained (Figures 6.57 to 6.78). 

c) Hydrogen sulfide - hydrocarbon 

Results of these binaries are given in Tables 6.2 and 6.3. 
Deviations of the order of 15 to 20% were obtained with ~ .. = 1.0. 

lJ 
These deviations can be reduced to approximately 2% by using 
optimum values of ~ij. The optimum values of ~ij were found to 
be significantly different from unity. 

The similarity in results obtained from the three equations 
can be seen from the phase diagrams (Figures 6.80 to 6.93). 
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d) Nitrogen - Hydrocarbon 

Results are given in Table 6.2 and are shown in Figures 
6.94 to 6.97. Deviations of the order of 10% were obtained 
with ~ij = 1.0. These deviations can be reduced to approxi
mately 3% by the use of optimum values of ~ij. 

e) Alcohol - Water 

Results are given in Table 6.2 and are shown in Figures 
6.98 and 6.99. As can be seen, deviations of the order of 
25% were obtained with ~ij = 1.0. These deviations can be 
reduced to approximately 1% by using the optimum va1ue's of 
~ij. The optimum values of ~ij were found to be greater than 
unity. 

In all the binaries considered (Figures 6.1 to' 6.113), 
improvement in the prediction of bubble point pressures with 
the use of the optimum value of ~ij also resulted in improvement 
in the prediction of the vapour phase mole fractions (y). 

In Table 6.5, results are given for the methane-ethane
propane system. Acceptable predictions have been obtained with 
~ .. = 1.0. When the optimum values of ~ .. were used, equation lJ lJ 
(6.1) gave predictions which were less accurate than those 
obtained with ~ .. = 1.0. The Peng and Robinson equation gave 

lJ 
better predictions with the optimum values of ~ij. The results 
are very similar and it is difficult to say which equation is 
superior. Results obtained for the methane-propane-decane 
system ar.e shown 
cients were used 
rity of equation 

in Table 6.6. No binary interaction coeffi-
(~ .. = 1.0). The results indicate the superiolJ 
(6.1) at high pressures. 

To test the applicability of the equation (6.1) and also 
of the computer program for the predictions of VLE in multi
component systems, a system containing methane, ethane, propane, 
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n-pentane and 
in Table 6.7. 

n-hexane was chosen. Results obtained are given 
Three equations of state have been used. The 

S-R-K and the P-R equations give very similar predictions. 
Overall deviation in the bubble point pressure is of the order 
of 3.5% for all three equations. 

6.3.2 Calculation of the Bubble Point Temperature 

A computer program for the prediction of bubble point temp
erature is given in Appendix H. The carbon dioxide-n-pentane sys
tem was used to demonstrate the predictive capabilities of equa
tion (6.1). The P-R equation was used for comparison purposes. 
Results are given in Table 6.B. As can be seen, both equations 
gave accurate predictions of the bubble point temperature if 
the optimum value of the binary interaction coefficient, ~ij 
was used. Optimum values of ~ij are given in Tab1es6.1 and 
6.2. In general, accurate predictions of the bubble point 
temperature can be obtained for any system provided the optimum 
values of the binary interaction coefficients are available. 

6.3.3 Calculation of the Equilibrium Ratios (K values) 

A computer program for the prediction of K values is given 
in AppendixH.Two binaries were used to show the predictive capa
bilities of equation (6.1). The P-R equation was used for com
parison purposes. The results obtained for the n-butane-n-decane 
system are presented in Table 6.9. As can be seen, both equa
tions gave accurate predictions of the K values. Predictions 
from the two equations are very similar although the optimum 
values of ~ij are different. Results for the carbon dioxide
n-decane system are given in·Tab1e 6.10. Equation (6.1) gave 
consistently better predictions compared with the P:"R equation 
for the K values of carbon dioxide. For the K values of.n-decane, 
both equations gave similar predictions. The optimum value of 
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~ij for equation (6.1) was taken from Table 6.2. For the P-R 
equation the same value of ~ij was used and this is probably 
the cause of the poor predictions for the K values of carbon 

dioxide. 

6.3.4 Effect of Temperature and Pressure on ~ijopt 

Because of the nature of the systems considered, it is 
impossible to separate the effects of temperature and pressure. 
In other words, a high temperature data set is also a high 
pressure data set. Results obtained by Graboski and Daubert (1978) 
have clearly shown that for many systems the binary interaction 
coefficients are essentially independent of temperature and 
pressure. This is confirmed by the results obtained in this 
study. Results have been obtained at different temperatures 
using the optimum values of ~ij from Tables 6.1 and 6.2. The 
binaries considered are ethane-n-decane, ethane-n-dodecane, 
ethy1ene-n-dodecane, propane-benzene, carbon dioxide-n-decane, 
hydrogen su1fide-n-heptane, n-heptane-nitrogen, methanol-water 
and ethanol-water. These results are given in the form of 
phase diagrams in Fi9ures 6.100 to 6.113. With the exception 
of ethane-n-decane (at 499.670R) and methanol-water (761.670R), 
excellent predictions of the bubble point pressure were obtained 
for all binaries. Even for the two binaries mentioned here the 
results are within the acceptable limits of accuracy. 

6.4 Calculation of the Mixture Density 

A computer program for the prediction of mi.xture density i~ 
~ given in Appendix H. Equation (6.1) has been used to calculate 

the mixture density using two different approaches. In one 
approach, equation (6.1) was transformed into a cubic in the 
compressibility Z, and was then solved at a given P, T and x' 
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(mole fractions). In this case, the mixture parameters are 
evaluated using equations (6.2) to (6.5). In the second 
approach, the generalized corresponding states principle 
(GCSP) presented in Chapter 4 (Section 4.4) was used. 
The GCSP with two non-spherical reference fluids is given by 
equation (4.47). The procedure for calculating the compressi
bi1ity of pure component is given in Chapter 4. The same pro-
cedure can be used for mixtures if the critical proper-

ties Tc' Vc' Zc' Pc and w of the pure component can be 
replaced by the pseudocritica1 properties Tcm' Vcm ' Zcm' Pcm 
and wm of a hypothetical equivalent substance. This is achieved 
via the van der Waa1s one fluid model given by equation.s (2.171), 
(2.172) and (2.175), together with equations (2.182) and (2.183). 
The following combining rule is used for Tcij Vcij 

(6.7) 

and Pcm is given by 

(6.8) 

Two cases were considered. In one case, ethane was used as 
the reference fluid 1 and n -decane was used as reference fluid 
2. In the second case, component 1 was used as reference fluid 1 

and component 2 was used as reference fluid 2. 

The equation of Chaudron et a1 (1973) was used for compari
son purposes. This equation is simple, the individually fitted 
constants are available for a large number of substances and 
has been known to give accurate predictions of density for both 
pure components and mixtures (Chaudron et a1, 1973; Teja et a1 . 
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1978). The Chaudron equation was used with the mixture model 
given by equations (6.2), (6.3) and (6.5) and in the case of 
the GCSP with the van der Waals one fluid model. 

The results are given in Table 6.11. 
coefficients were not used (1; .. = 1.0, n·· 

1 J 1 J 

Binary interaction 
=1.0). Verysimi-

lar predictions were obtained with the two equations used. 
A total of five binary systems were considered and the overall 
average deviation of the order of 2% was obtained using equa
tion (6.1) compared with 1.74% using the Chaudron equation 
with individually fitted constants. When the. two equations 
were used with the GCSP (ethane and n-decane as the reference 
fluids), the overall average deviation obtained was of the 
order of 3.51% with equation (6.1) as the reference equation 
compared to 3.04% with the Chaudron equation as the reference 
equation. If component 1 is used as reference 1 and component 
2 as reference 2, then the overall average deviation obtained 
from equation (6.1) is decreased to 3%. In general predictions 
obtained with the Chaudron equation were slightly better than 
those obtained using equation (6.1). This is not surprising 
because the Chaudron equation contains six constants per sub
stance evaluated from the P-V-T data covering a wide range of 
conditions. However, the results obtained using equation (6.1) 
are adequate for many design calculations. The loss of accuracy 
in the method using the GCSP is mainly due to the generalization. 

6.5 Prediction of Saturated Liquid Volumes 

The main advantage of using the new equation of state prop
osed in this work is that it gives accurate predictions of the 
saturated liquid volumes as well as other properties of the 
equilibrium phases. In Chapter 4, it has been shown that the 
new equation is superior to the Peng and Robinson and the Soave 
equations in the representation of saturated liquid densities of 
pure components. The improvement in the accuracy of predictions 

137 



is greater for heavy hydrocarbons and polar sUbstances. For 
mixtures, the improvement in the predictions of saturated 
liquid volumes is likely to be a direct consequence of the 
improvement in the saturated liquid volumes of pure components. 
Results for the n-butane-n-decane system are shown in Figure 
6.114. The dotted line represents the predictions of the Peng 
and Robinson equation and the solid line represents the predic
tions obtained from equation (6.1). As can be seen, the new 
equation is superior to the Peng and "Robinson equation. 
Saturated liquid volumes were obtained by using the equilibrium 
criterion of the equality of fugacities for saturated phases. 

From the results obtained in this chapter it can be 
said with confidence that equation (6.1) is capable of giving 
accura te and consi stent predi eti ons df the thermodynami c 
properties of mixtures. The most interesting feature of 
equation (6.1) is its applicability to mixtures containing 
heavy hydrocarbons and polar substances and the fact that it is 
cubic and thus easy to handle. It can reproduce with sufficient 
accuracy the liquid and vapour phase densities (except in the 
region around the critical point) and give very accurate VLE 
predictions. Comparisons have shown that equation (6.1) is as 
good as and in many cases better than the well known equations 
of Soave and Peng and Robinson. 

The generalized form of equation (6.1) is not used in this 
chapter but similar predictions can be expected since excellent 
results have been obtained for pure components (Chapter 4) using 
the generalized correlations for F and Zm given by equations 
(4.39) and (4.40). 
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TABLE 6.1 
Optimum values of ;ij from three different equations of state 

No. System 
No. Temperature Optimum ;;j VLE 
of Ref. 

Poi nts (oR) ( K) EQ.(6.1) P-R S-R-K 

1. Methane-Ethane 6 450.02 250.0 0.995 0.989 0.991 1 

2. Methane-n-Butane 8 379.73 211 .0 1.008 0.986 1.000 3 

3. Methane-i-Butane 7 559.69 311 .0 0.986 0.976 0.977 4 

4. Methane-n~Pentane 9 491.69 273.2 0.980 0.959 0.964 5 

5. Methane-n-Hexane 9 671.69 373.2 0.990 0.954 0.952 6 

6. Ethane-Propane 7 499.61 277 .6 0.996 0.994 0.998 9 

7. Ethane-Propylene 6 509.69 283.2 0.994 0.992 0.997 10 

8. Ethane-n-Butane 9 558.65 310.4 0.999 0.994 0.997 11 

9. Ethane-n-Pentane 10 559.73 311 .0 1.001 0.994 0.998 13 

10. Ethane-n-Heptane 5 659.68 366.5 1.015 0.999 0.999 14 

11. Ethylene-Methane 9 270.02 150.0 0.974 0.971 0.973 18 

12. Ethylene-Ethane 9 459.67 255.4 0.992 0.990 0.994 19 

13. ., Ethyl ene-Propane 10 491.53 273.1 0.981 0.979 0.982 20 

14. Ethy1ene-n-Butane 7 579.61 322.0 0.938 0.932 0.930 21 

1.5. Propane-i-Butane 10 539.69 299.8 0.987 0.987 0.944 23 

16. Propane-n-Pentane 11 649.73 361.0 0.987 0.976 0.979 24 

17. Propane-i-Pentane 10 671.69 373.2 0.979 0.978 0.980 25 

18. Propylene-Propane 9 559.71 311.0 0.970 0.993 1.000 28 
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TABLE 6.1 (continued) 

No. Temperature Optimum ~ij VLE 
No. System of Ref. 

Poi nts (oR) ( K) EQ.(6.1) P-R S-R-K 

19. Propylene-l-Butene 7 529.67 294.3 1.002 0.998 1.000 29 

20. n-Butane-n-Decane 9 679.67 377 .6 0.995 0.986 0.988 30 

21. 1-Butene-n-Butane 9 739.69 411 .0 1.003 1.000 1.000 31 

22. CO2-Methane 8 434.63 241.5 0.907 0.902 0.899 32 

23. CO2-Ethane 10 455.33 253.0 0.872 0.870 0.870 33 

24. CO2-Ethylene 10 416.81 231.6 0.943 0.942 0.944 34 

25. CO2-Propane 9 529.67 294.3 0.869 0.874 0.868 35 

26. CO2-n-Butane 10 491.69 273.2 0.891 0.875 0.886 36 

27. CO2-i-Butane 9 559.67 311 .0 0.873 0.884 0.874 37 

28. CO2-n-Pentane 9 679.69 377.6 0.865 0.866 0.849 38 

29. H2S-Methane 8 499.61 277.6 0.920 0.927 0.931 41 

30. H2S-Ethane 9 509.69 283.2 0.911 0.910 0.909 42 

31. H2S-i-Butane 8 619.89 344.4 0.954 0.952 0.950 43 

32. H2S-n-Heptane 9 559.69 311 .0 0.947 0.936 0.928 44 



•• 

TABLE 6.2 
Values of the deviations in bubble point pressures and vapour phase mole fractions with ;iJ' = 1.0 and ;iJ' = ;iJ'opt 
from equation 6.1. 

No Temp ;i j - I. U ; .. = ;i jopt VLE 
No. System lJ 

of ;ijopt REF 
Points oR K LIP (%) llY 1 LIP (%) II Y 1 

1. Methane-propane 5 499.67 277.6 2.65 0.0059 0;989 0.68 0.0048 2 

2. Methane-benzene 7 609.75 338.8 2.45 0.0064 0.991 0.92 0.0054 8 

3. Methane-n-Eicosane 5 563.67 313.2 29.26 0.0000 1.080 1.09 0.0000 7 

4. Ethane-i-butane 8 560.27 311.8 3.57 0.0072 1.018 1.62 0.0038 12 

5. Ethane-n-decane 8 679.67 377 .6 4.81 0.0455 1 .019 0.60 0.0426 15 

6. Ethane-n-dodecane 9 581.67 323.2 5.58 0.0009 1.016 2.26 0.0008 16 

7. Ethane-n-Eicosane 7 599.67 333.2 41.01 0.0002 1.070 9.15 0.0000 17 

8. Ethy1ene-n-dodecane 8 536.67 298.2 2.92 0.0002 1.006 1. 10 0.0000 22 

9. Propane-benzene 10 679.67 377 .6 3.58 0.0101 0.988 1.86 0.0086 27. 

10. Propane-n-decane 7 679.67 377.6 8.63 0.0008 1.024 0.79 0.0004 26 

11. Nitrogen~methane 10 279.65 155.4 4.22 0.0299 0.968 0.71 0.0217 46 

12. Nitrogen-propane 6 536.67 298.2 11.00 0.0269 0.926 3.80 0.0161 47 

13. Nitrogen-n-butane 6 559.71 311.0 10.83 0.0146 0.969 8.73 0.0151 48 

14. Nitrogen-n-heptane 5 634.67 352.6 17.14 0.0032 0.911 3.30 0.0018 49 

15. H2S-n-heptane 5 634.67 352.6 10;97 0.0027 0.956 3.41 0.0018 44 

16. H2S-n-decane 7 619.67 344.3 0.62 0.0004 0.999 0.53 0.0004 45 
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TABLE 6.2 (continued) 

No. Temp. f;ij = l.0 f;ij = f;ijopt 
No. System of f;;j opt VLE 

REF Points oR K LIP (%) lIY 1 LIP (%) lIY 1 

17. CO2-n-decane 7 619.67 344.3 24.74 0.0003 0.903 2.24 0.0020 39 
18. CO-propane 8 491 .67 273.2 7.11 0.0170 0.979 6.11 0.0151 40 
19. Methano 1-wa ter 10 671.67 373.2 27.45 0.0750 1.083 l. 75 0.0081 50 
20. Ethanol-water 10 761 .67 423.2 23.75 0.0847 1.075 2.04 0.0213 51 
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TABLE 6.3 
Values of the deviations in bubble = 1.0 and ~ .. = ~.. t 

1 J 1 JOP 
rom tree 1 erent egua 10ns 

Refer to Table 6.1 for optimum ~ij' temperature, no. of points and data. ref. 

No. System ~~ . = l.0 ~ij = ~ij opt. lJ 
EQ. (6.1) P-R S-R-K EQ. (6.1) P-R S-R-K 

liP (%) llY1 liP (%) llY1 liP (%) flY 1 liP (%) llY 1 liP (%) llY1 liP (%) llY 1 

l. Methane-ethane 0.91 0.0044 l. 74 0.0056 l. 25 0.0036 0.59 0.0039 0.45 0.0044 0.65 0.0038 

2. Methane~n-butane 9.13 0.0191 9.30 0.0188 8.30 0.0195 8.65 0.0190 8.31 0.0189 8.30 0.0195 

3. Methane-i-butane 2.36 0.0108 4.67 0.0195 3.90 0.0203 0.43 0.0067 0.63 0.0117 0.58 0.0149 

4. Methane-n-pentane 7.94 0.0022 12.97 0.0048 11 .29 0.0034 6.16 0.0015 4.97 0.0025 5.41 0.0021 

5. Methane-n-hexane 2.44 0.0150 8.91 0.0185 8.56 0.0129 0.88 0.0150 0.56 0.0149 0.47 0.0073 

6. Ethane-propane 0.84 0.0083 1.09 0.0031 0.57 0.0026 0.42 0.0019 0.46 0.0023 0.53 0.0020 

7. Ethane-propylene 0.76 0.0051 0.97 0.0046 0.43 0.0048 0.34 0.0036 0.24 0.0026 0.44 0.0040 

8. Ethane-n-butane 2.21 0.0093 2.30 0.0092 2.29 0.0092 2.20 0.0093 2.19 0.0093 2.24 0.0093 

9. Ethane-n-pentane l. 16 0.0039 l.96 0.0046 l.29 0.0046 l.02 0.0040 l.02 0.0039 l.12 0.0044 

10. Ethane-n-heptane 2.66 0.0052 1.13 0.0039 1.20 0.0015 1.31 0.0038 l.15 0.0040 l. 21 0.0015 

1l. Ethylene-methane 9.54 0.0120 11.01 0.0156 10.04 0.0130 1.36 0.0043 0.97 0.0060 l.26 0.0040 

12. Ethylene-ethane l.03 0.0061 l.47 0.0060 0.69 0.0058 0.22 0.0056 0.18 0.0053 0.33 0.0053 

13. Ethylene-propane 3.60 0.0067 3.96 :0.0074 3.09 0.0066 0.21 0.0020 0.32 0.0014 0.18 0.0019 

14. Ethylene-n-butane 13.33 0.0334 14.74 iO .0352 14.25 0.0317 l.37 0.0237 l.41 0.0241 l.34 0.0184 

15. Propane-i-butane 2.07 0.0037 2.25 0.0032 l.26 0.0038 0.90 0.0075 0.96 0.0072 0.60 0.0048 
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TABLE 6.3 (continued) 

E.:ij = 1.0 E.:ij = E.:ij opt. 
No. System EO. (6.1) P-R S-R-K EO. (6.1) P-R S-R··K 

flP (%) flY 1 flP (%) flY 1 flP (%) flY 1 flP (%) flY 1 flP (%) flY 1 flP (%) flY 1 

16. Propane-n-pentane 3.27 0.0112 4.13 0.0126 3.26 0.0119 0.46 0.0141 0.49 0.0144 0.51 0.0129 

17. Propane-i-pentane 2.28 0.0162 3.22 0.0163 2.54 0.0161 0.63 0.0166 0.60 0.0168 0.80 0.0166 

18. Propylene-propane 5.27 0.0089 0.97 0.0032 0.41. 0.0034 1.51 0.0132 0.25 0.0029 0.41 0.0034 

19. Propylene-l- butene 0.48 0.0028 0.42 0.0007 0.43 0.0017 0.44 0.0021 0.18 0.0013 0.43 0.0017 

20. n-butane-n-decane 1.73 0.0010 3.36 0.0023 3.23 0.0013 1.24 0.0007 0.94 0.0030 1.86 0.0006 

21. l-butene-n-butane 0.48 0.0163 0.39 0.0013 0.76 0.0013 0.14 0.0161 0.39 0.0013 0.76 0.0013 

22. CO2-methane* 22.49 0.0593 24.29 0.0622 23.06 0.0597 3.26 0.0145 3.19 0.0129 3.27 0.0118 

23. CO2-ethane 18.17 0.0588 18.47 0.0582 17.68 0.0585 1.15 0.0066 1. 17 0.0070 1.18 0.0074 

24. CO2-ethylene 8.73 0.0258 9.22 0.025B 8.36 0.0259 0.39 0.0107 0.50 0.0122 0.50 0.0095 

25. CO2-propane 16.41 0.0398 16.00 0.0384 15 ~ 61 0.0391 0.67 0.0048 0.70 0.0050 0.55 0.0045 

26. CO2-n-butane 26.29 0.0466 26.43 0.0462 26.25 0.0464 1.77 0.0084 3.81 0.0082 3.19 0.0085 

27. CO2-i-butane 20.47 0.0471 16.81 0.0442 16.88 0.0455 1.23 0.0036 1.11 0.0038 0.99 0.0039 

28. CO2-n-pentane 17.25 0.0664 22.19 0.0663 22.64 0.0666 2.64 0.0270 2.70 0.0271 2.43 0.0242 

29. H2S-methane* 19.59 0.0352 20.86 0.0373 18.78 0.0308 2.76 0.0138 3.00 0.0122 3.51 0.0129 

30. H2S-ethane* 12.08 0.0431 12.71 0.0428 12.04 0.0456 0.67 0.0099 0.78 0.0102 0.76 0.0095 

31. H2S-i-butane 5.54 0.0297 5.99 0.0304 5.98 0.0314 0.99 0.0205 0.90 0.0210 0.97 0.0210 

32. H2S-n-heptane 13.77 0.0051 16.57 0.0059 17.85 0.0059 3.27. 0.0019 2.92 0.0020 3.27 0.0018 

* flY 1 refers to hydrocarbon. 
1 

flY1 = n L 1 Yl, exp - Yl, ca le.1 



TABLE 6.4 

Comparison of the optimum values of Sij obtained from the 
Soave equation 

System 
Optimum Sij 

This Work Graboski* 

CO2 - methane 0.899 0.903 
CO2 - ethane 0.870 0.865 

CO2 - propane 0.868 0.898 

CO2 - n-butane 0.886 0.853. 
CO2 - n-pentane 0.849 0.872 
H2S - methane 0.931 0.915 
H2S - ethane 0.909 0.911 
H2S - n-heptane 0.928 0.926 
Nitrogen - methane 0.968 0.968 
Nitrogen - propane 0.926 0.919 

CO - propane 0.979 0.980 

* Graboski and Daubert (1978) 
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TABLE 6.5 
Predictions of bubble point pressures 
Ternary system: Methane (1) - Ethane (2) - Propane (3) 
T = 359.67oR (199.8K); VLE data reference (52) 

EXPERIMENTAL CALCULATED WITH ~ij = 1.0 
Component NEW EQ. P-R EQ. P X Y p P (psia) (ps i a) 

y 
(psia) 

y 

1 100 0.1180 0.9186 100.28 0.9228 95.44 0.9188 

2 0.1440 0.0472 0.0502 0.0523 

1 100 0.1100 0.7916 103.43 0.7905 99.68 0.7838 
2 0.5800 0.1940 0.1980 0.2041 

1 200 0.2350 0.9615 194.15 0.9590 185.43 0.9527 
2 0.1210 0.0228 0.0254 0.0262 

1 200 0.2360 0.8926 198.40 0.8917 191.40 0.8888 
2 0.4830 0.0983 0.1012 0.1038 

1 400 0.4920 0.9630 399.21 0.9650 388.15 0.9645 
2 0.1750 0.0266 0.0270 0.0273 

1- 400 0.5191 0.9321 408.13 0.9341 400.31 0.9338 
2 0.3860 0.0630 0.0633 0.0635 

CALCULATED WITH ~ij=~ij opt. 

NEW EQ, P-R EQ. 
p t' 

(psia) 
y 

(ps i a) 
y 

105.90 0.9243 103.86 0.9219 
0.0498 0.0510 

106.45 0.7936 105.31 0.7911 
0.1949 0.1969 

204.01 0.9594 200.30 0.9582 
0.0253 0.0259 

203.89 0.8927 201.63 0.8913 
0.1001 0.1013 

409.37 0.9646 404.96 0.9639 
0.0273 0.0277 

413.16 0.9337 411.14 0.9331 
0.0635 0.0640 



TABLE 6.5 (continued) 

EXPERIMENTAL 
CALCULATED wITH i;ij - I.U CALCULATUED WITH i;ij-i;ij opt. 

Component Nt.W t.1I. fJ-R t.1I. Nt.W t.1I. P-R 1:.1I. 
P X Y 

p 
Y (pt; a) 

y p y P Y (psia) (psia) (psia) (ps i a) 

1 600 0.7450 0.9775 598.70 0.9813 591.84 0.9815 604.84 0.9807 601.74 0.9803 
2 0.0520 0.0119 0.0097 0.0097 0.0100 0.0101 

1 600 0.7647 0.9583 595.25 0.9617 591. 13 0.9621 597.45 0.9608 596.03 0.9604 
2 0.1612 0.0366 0.0342 0.0339 0.0348 0.0352 
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TABLE 6.6 
Predictions of bubble pOint pressures 
Ternary System: Methane (1) - Propane (20) - n-Decane (3) 
T = 739.67oR (410.93K); VLE data reference (53) 

EXPERIMENTAL 
Component 

CALCULATED WITH ;ij = 1.0 

P X Y NEW EQ. P-R EQ 
(psi a) P y p 

(psia) (psia) 

1 400 0.0632 0.5872 432.55 0.6113 382.56 
-

2 0.1874 0.3925 0.3673 

1 400 0.0251 0.2081 426.64 0.2152 392.29 

2 0.3900 0.7702 0.7614 

1 1000 0.0791 0.1808 982.11 0.1732 962.83 
2 0.7367 0.7883 0.7937 

1 1000 0.1941 0.7973 1058.76 0.8157 ' 929.20 

2 0.1612 0.1881 0.1668 

1 2000 0.3791 0.8871 2070.25 0.8790 1826.43 
2 0.1242 0.0942 0.0966 

1 2000 0.3472 0.6311 1995.40 0.6131 1874.63 
2 0.3917 0.3333 0.3457 

1 3000 0.5381 0.8971 3055.03 0.8902 2723.99 

2 0.0924 0.0676 0.0697 

y 

0.6013 
0.3757 

0.2103 
0.7661 

0.1759 
0.7943 

0.8128 
0.1697 

0.8811 
0.0963 

0.6216 
0.3421 

0.8964 
0.0684 



to 

TABLE 6.7 
Multicomponent results: Predictions of bubble point pressures 
Methane (1) - Ethane (2) - Propane (3) - n-Pentane (4) - n-Hexane (5) system 
T = 559.67oR (310.930 K); VLE data reference (55) 

EXPERIMENTAL CALCULATED WITH ~ij 

Component P X Y NEW EQ. P-R EQ. 
(psia) 

p 
Y 

p 
Y (ps i a) (psia) 

Methane 0.3042 0.7801 0.7731 0.7715 
Ethane 1040 0.1311 0.1102 1099.2 0.1156 1046.1 0.1168 
Propane 0.2026 0.0787 0.0837 0.0846 
n-Pentane 0.2021 0.0223 0.0197 0.0195 

n-Hexane 0.1600 0.0087 0.0087 0.0077 

Methane 0.3472 0.8040 0.7786 0.7781 
Ethane 1235 0.1325 0.1039 .1250.4 0.1124 1193.5 0.1132 
Propane 0.1893 0.0700 0.0803 0.0807 
n-Pentane 0.1613 0.0140 0.0183 0.0179 
n-Hexane 0.1697 0.0081 0.0105 0.0100 

Methane 0.3858 0.7645 0.7818 0.7824 
Ethane 1419 0.1314 0.1169 1383.2 0.1092 1324.4 0.1098 
Propane 0.1755 0.0836 0.0775 0.0775 
n-Pentane 0.1449 0.0215 0.0192 0.0187 
n-Hexane 0.1624 0.0135 0.0123 0.0117 

= 1.0 

S-R-K EQ. 
I' Y (psia) 

0.7765 
1057.5 0.1155 

0.0826 
0.0183 
0.0071 

0.7836 
1205.6 0.1119 

0.0786 
0.0168 
0.0092 

0.7883 
1337.1 0.1083 

0.0753 
0.0174 
0.0107 



I' 

TABLE 6.7 (continued) 

I:.XI'ERIMENTAL CALCULATED WITH t;., - 1.0 
lJ 

Component (ps; a) X Y NEW EQ. P-R EQ. S-R-K EQ. 
(pt; a) y 

(pt; a) y (pt; a) y 

Methane 0.4512 0.7853 0.7807 0.7829 0.7899 
Ethane 1639 0.1306 0.1022 1607.4 0.1076 1548.4 0.1077 1562.3 0.1061 
Propane 0.1490 0.0764 0.0727 0.0721 0.0699 
n-Pentane 0.1256 0.0198 0.0226 0.0218 0.0202 
n-Hexane 0.1436 0.0163 0.0164 0.0154 0.0139 

Methane 0.5574 0.7647 0.7471 0.7522 0.7616 
Ethane 1822 0.1222 0.1022 1909.2 0.1064 1866.4 0.1060 1844.1 0.1044 
Propane 0.1369 0.0779 0.0881 0.0867 0.0837 
n-Pentane 0.0851 0.0309 0.0309 0.0295 0.0272 
n-Hexane 0.0984 0.0243 0.0275 0.0257 0,0232 

ABS. AVE. DEV. (%) IN P = 3.235 3.717 3.585 



" 

TABLE 6.8 

Predictions of bubble pOint temperatures 
C3rbon dioxide (1) - n-Pentane (2) system 
VLE data reference (38) 

EXPERIMENTAL 

P T 
(psia) (OR) X 

160 499.8 0.1834 
501 499.8 0.8998 
230 559.9 0.1689 
986 559.9 0.8763 
127 619.5 0.0444 

1202 619.5 0.6830 
341 679.7 0.1ll5 

1286 679.7 0.5601 

Y 

0.9709 
0.9862 

0.9202 
0.9701 

0.6420 

0.9045 

0.6668 
0.8000 

CALCULATED 

NEW EQ. P-R EQ. 
~., = 0.865 
lJ ~ij = 0.866 

T r 
( OR) Y (OR) Y 

499.65 0.9686 500.57 0.9680 

497.80 0.9910 498.05 0.9911 

553.55 0.9265 554.37 0.9255 

559.87 0.9603 559.87 0.9604 
625.63 0.6031 625.99 0.6016 

616.84 0.8902 616.89 0.8903 

682.43 0.6421 682.72 0.6412 
680.29 0.7837 680.23 0.7838 



,. 

TABLE 6.9 
Predictions of 'K' values 
n-Butane (1) - n-Decane (2) system 
T = 679.67 oR (377.59K): VLE data reference (30) 

CALCULATED 

P EXPERIMENTAL NEW EQ. P-R EQ. 
(psia) t;i j = 0.995 t;ij = 0.986 

K1 K2 K1 K2 K1 K2 

25 8.4970 0.0706 8.3072 0.0733 8.3625 0.0749 

50 4.2660 0.0399 4.2159 0.0411 4.2403 0.0419 
75 2.8530 0.0303 2.8500 0.0309 2.8638 0.0315 

100 2.1470 0.0264 2.1658 0.0263 2.1764 0.0268 
125 1 .7300 0.0250 1.7580 0.0242 1 .7635 0.0247 
150 1.4590 0.0247 1 .4861 0.0236 1.4891 0.0240 
175 1.2760 0.0249 1.2944 0.0242 1.2957 0.0246 
200 1. 1450 0.0255 1 .1550 0.0261 1. 1552 0.0266 
225 1.0500 0.0267 1.0535 0.0297 1.0532 0.0304 



" 

TABLE 6.10 

Predictions of oK' values 
Carbon dioxide (1) - n-Decane (2) system 
T = 619.67 oR (344.26K); VLE data reference (39) 

CALCULATED 

EXPERIMENTAL NEW EQ. P-R EQ. 
P = 0.903 = 0.903 (ps i a) ~ij ~ .. 

lJ 

K1 K2 K1 K2 K1 K2 

200 8.910 0.0044 8.857 0.0034 8.250 0.0034 

400 4.688 0.0036 4.613 0.0029 4.312 0.0030 

600 3.242 0.0036 3.198 0.0034 2.997 0.0035 

800 2.501 0.0040 2.488 0.0046 2.339 0.0047 

1000 2.046 0.0047 2.059 0.0069 1.943 0.0072 

1250 1.662 0.0070 1.711 0.0131 1.618 0.0140 

1500 1.394 0.0202 1.471 0.0300 1.389 0.0336 



TABLE 6.11 
Comparison of density predictions of binary mixtures 

No. Temp. Pressure EQ.(6.1) 
Mixture of Range Range Xl *** 

Points (OR) (psia) MD (%) 

Ethane-propene 174 470-858 15-10000 0.4958 2.37 -
Ethane-n-pentane 152 498-920 200-10000 0.5000 3.72 
Propane-n-pentane 44 619-800 20-500 0.2480 0.67 
Propane-n-pentane 28 619-709 20~500 0.6511 0.66 
Propene-propane 268 470-858 15-10000 0.6289 1.92 
H2S-n-pentane 123 498-800 200-10000 0.6123 2.95 

OVERALL AVERAGE = 2.05 

C-H Chaudron et al (1973) equation with fitted constants 
* GCSP with Ethane as ref. 1 and n-Decane as ref. 2. 

** GCSP with Component 1 as ref. 1 and Component 2 as ref. 2. 

C-H 
*** r--* 

AAD (%) EQ.(6.1) 
MD (%) 

1.88 3.42 
3.13 5.64 
1.27 0.72 
0.37 0.64 
1. 79 2.75 
2.01 7.88 

1. 74 3.51 

*** Using the given equation with mixing rules given by equations (6.2) to (6.5). 

1 \ Ipexp - Pca 1c l 
AAD (%) = - L X lOO n Pexp 

GCSP VLE 
* * DATA C-H EQ.(6.1) REF. AAD (%) AAD (%) 

2.83 2.72 10 
3.45 4.75 13 
0.50 0.71 24 
1.01 0.60 24 
2.13 1. 91 28 
8.32 7.29 58 

3.04 3.00 



CHAPTER 7 

THE VAN DER WAALS ONE FLUID MODEL AND 
GENERALIZED EQUATIONS OF STATE 

Vera and Prausnitz (1971) have discussed the application 
of the van der Waa1s one-fluid model to the calculation of 
vapour-liquid equi1ibria in mixtures containing simple fluids. 
They assumed the validity of a two parameter"princip1e of 
corresponding states. For more complex mixtures, a generalized 
equation with a third parameter such as Pitzer's acentric fac
tor, is necessary. The van der Waa1s one-fluid model has been 
used with slight modifications by many workers (Joffe, "1976; 
P1iicker et a1, 1978; Teja et a1, 1980). 

In this chapter, the van der Waa1s model is applied to 
the generalized equations of Han and Starling (1972), Simonet 
and Behar (1976) and Chaudron et a1 (1973) . These equations 
have been used previously with the one-fluid model to predict 
the densities of mixtures containing mainly hydrocarbons (Teja 
et a1, 1978). Mixtures containing carbon dioxide and hydro
carbons are used in this work. 

As shown in Chapter 2, one of the main advantages of 
using the van der Waa1s one-fluid model is the simplicity with 
which it can be applied to the complex equations of state. The 
main'objective of the present work was to show the effectiveness 
of the one-fluid model when used with the modified B-W-R equa
tion of Han and Starling (1972) to predict vapour-liquid equi-
1ibria. Results obtained from the one-fluid model are compared 
with those obtained by using the eleven arbitrary mixing rules 
recommended by Han and Starling (see Chapter 2). 

A description of the equations used and the one-fluid model 
can be found in Chapter 2. Only the results and discussion of 
the results are presented in this Chapter. ~ 
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7.1 Mixture Density 

Calculations of mix,ture densities have been made for three 
binaries, methane-propane, propane-C02 and n-butane-C02. The 
results are summarized in Table 7.1. The optimum values of ~ij 
have been taken from the literature (Teja, 1978). As can be 
seen accpetab1e predictions have been obtained using the Han and 
Starling equation for methane-propane and propane-C02 systems. 
For the n-butane-C02 system, it is necessary to adjust the 

binary interaction coefficient, ~ij' from the reported value 
of 0.B4 to 0.90 for accurate density predictions. In Table 7.2, 
results obtained for n-butane-C0

2 
systems with different values 

of ~ij are presented. The results indicate the necessi-ty of 
using the optimum value of ~ij for density predictions. In 
general, for binaries with ~ij values which are significantly 
different from unity it is necessary to use the optimum ~ij 

value for accurate predictions of density. 

The results obtained using Simonet and Behar equation are 
within 7% of the experimental values. In the case of the genera
lized equation of Chaudron et a1 (1973), better predictions have 
been obtained for methane-propane systems by taking the coeffi
cients d3(K) (in equation (2.50)) and g/K) (in equation (2.51)) 
as negative constants. However, this adjustment is only effec
tive for methane-propane systems. For other systems large 
deviations are obtained. In the previous study by Teja et a1 
(1978'} excellent predictions of mixture densities were obtained 
using the individually fitted constants reported by Chaudron et 
a1 (1973). In view of the large deviations obtained in this 
study, the generalized form of the Chaudron equation is not 
recommended for the prediction of mixture density. 

7.2 VLE Calculations 

Bubble point pressures and equilibrium ratios (K values) 
for mixtures containing hydrocarbons and carbon dioxide have 
been calculated to demonstrate the genuinely predictive capa-
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bi1ities of the van der Waa1s one fluid model and the ease with 
which it can be applied to generalized multi-constant equations 
of state. Han and Starling (1972) have used a set of arbitrary 
mixing rules (given in Section 2.1.12) to obtain accurate pre
dictions of vapour-liquid equi1ibria in systems containing 
members of the alkane and alkene homologous series and compo
nents such as nitrogen, carbon dioxide, hydrogen sulfide, etc. 
commonly found in the petroleum industry. The Han and Starling 
mixing rules have been used here for comparison purposes only. 

VLE calculations are very sensitive to the_binary inter
action coefficients kij (in Han and Starling mixing rules), nij 
and ~ij (in the van der Waa1s model). Optimum values of kij for 
various systems have been reported by Starling (1973). His 
values have been used in this study. For the van der Waa1s 
model, optimum values of ~ .. were obtained from Teja (1978). 

lJ 
Setting nij = 1.0 and ~ij = ~ijOPt failed to achieve accurate 
predictions of vapour-liquid equi1ibria for systems containing 
dissimilar hydrocarbons. It was found that better predictions 
could be obtained by setting ~._. = 1.0 and n·· = ~ .. t. In . lJ lJ lJOP 
this study accurate predictions of vapour-liquid equi1ibria were 

obtained by assigning nijopt the value of ~ijOpt reported by 
Teja (1978) .. Results obtained using the van der Waa1s model 
are as good as and in some cases better than those obtained using 
the Han and Starling mixing rules. 

, The fugacity expressions necessary for VLE calculations are 
given in Appendix F. 

7.2.1 Predictions of Bubble Point Pressure 

Bubble point pressures have been predicted for four binaries 
- ethane-propene, propene-propane, methane-propane and methane
n-pentane. The results are given in Tables 7.3 and 7.4. For 
ethane-propene and propene-propane systems, no binary interaction 
coefficients are needed. The results obtained using the van der 
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Waals one-fluid model are in close agreement with the results 
obtained using the Han and Starling mixing rules. In both 
cases accurate predictions of bubble point pressures have 
been obtained. 

For the methane-propane system, no binary interaction 
coefficients were used with the van der Waals model but an 
optimum value of k .. equal to 0.023 was used in the Han and 

lJ 
Starling mixing rules. Results are given in Table 7.4. As 
can be seen, predictions using the van der Waals model are 
consistently better than those obtained using the Han and 
Starling mixing rules. 

For the methane-n-pentane system, optimum values of the 
binary interaction coefficient are needed to obtain accurate 
predictions of bubble point pressures. For the van der Waals 
model, nij was taken as 0.94 ,and for the Han and Starling mixing 
rwl es, ki j was taken as 0.041. Res ults are gi ven in Tab le 7.4. 
The Han and Starling mixing rules give acceptable predictions 
at low pressures (below 1000 psia) but at high pressures the 
predictions are very poor. On the other hand the van der 
Waals model gives excellent predictions at high pressures but 
at low pressures the predictions are poor. 

7.2.2, Predictions of the Eguilibrium Ratios 

Predictions of equilibrium ratios (K-values) have been 
made for six binaries, propene-propane, methane-ethane. methane
propane, methane-n-pentane. methane-n-heptane and propane-carbon 
dioxide. The results obtained for these binaries are given in 
Tables 7.5 to 7.10. 

For the propene-propane system. binary interaction coeffi
cients are not needed. Predictions obtained using the van der 
Waals model were similar to those obtained using the Han and 
Starling mixing rules. In both cases the predictions were with'in 
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10% of the experimental 'K' values. These large deviations are 
mainly due to the fact that most 'K' values are close to unity 
and therefore there is little difference between the liquid 
phase mole fractions and the vapour phase mole fractions. 
In these cases, the equation of state fails to recognise the 
existence of two different phases and hence poor results are 
obtained. 

For the methane-ethane system, optimum values of the binary 
interaction coefficients are not needed for the van der Waals 
model but for the Han and Starling mixing rules, kij has been 
taken as 0.01. Very similar results were obtained for both sets 
of mixing rules over a wide range of temperatures (346~6 oR to 
539.67 oR). Results are given in Table 7.6. 

For the methane-propane system, predictions were made with 
kij = 0.023 and nij = 0.98 over a wide range of temperatures 
(351.27 oR to 649.67 OR). Results are given in Table 7.7. 
There is no consistent trend in the predictions but generally 
the van der Waals model gives better predictions at high pressures 
while the Han and Starling mixing rules give better predictions 
at low pressures. 

For the methane-n-pentane system, predictions over a wide 
range of temperatures (499.67 oR to 819.67 OR) were obtained with 

kij = 0.041 and nij = 0.94. Results are given in Table 7.8. 
Both· sets of mixing rules are only useful at low pressures; at 
high pressures large deviations from the experimental 'K' values 
were obtained. Overall the van der Waals model gives better 
predictions than the Han and Starling mixing rules. 

For the methane-n-heptane system, predictions were made 
over a wide range of temperatures (359.67 oR to 919.67 oR) using 
kij = 0.06 and nij = 0.90. Acceptable predictions were obtained 
at low pressures only. 

For the propane-carbon dioxide system, predictions were ob

tained using ~ij = 0.89, nij = 1.0 and kij = 0.045. Very similar 
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results were obtained from the two sets of mixing rules. The 
predicted 'K' values were within 4% of the experimental values. 
At low pressures, the predicted 'K' values were usually lower 
than the experimental values. 

7.2.3 Volumes and Fugacities of Co-existing Phases 

Volumes and Fugacities of co-existing phases have been 
calculated for two binaries, methane-propane and propane-carbon 
dioxide. For the methane-propane system, a wide range of temp
eratures was covered (499.67 oR to 649.67 OR). For the propane
carbon dioxide system, results have been obtained at 529.67 oR. 
only. The results are presented in Tables 7.11 to 7.14. As can 
be seen, very accurate predictions of vapour and liquid phase 
volumes were obtained from the two sets of mixing rules. Except 
at very high press~res, the predicted volumes for the liquid 
phase were lower than the experimental values. Fugacities 
obtained from the van der Waa1s model were similar to those 
obtained from the Han and Starling mixing rules. 

7.3 Comparison of Computer Time 

It has been pointed out before that the van der Waa1s model 
is simple to use and requires less mathematical manipulation. 
In deriving the fugacity expression there is an additional 
advantage of using van der Waa1s model because the differentials 
of the mixing rules can be easily computed. Although time com
parison for only binary mixtures are presented in Table 7.15, 
it can be confidently said that for mu1ticomponent systems the 
use of van der Waa1s model will require less computer time than 
the use of the Han and Starling mixing rules. In VLE.va1cu1ations 
the use of van der Waa1s model will offer even greater advantage 
for mu1ticomponent systems. In Table 7.15, the computer time is 
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given in mill units (1 mill unit ~ 0.5 sec. on ICL 1900 computer). 
The same experimental data have been used for both sets of 
mixing rules and the same algorithm has been followed for the 
'K' value prediction (see Appendix G). As can be seen, the 
use of the van der Waals model reduced the computer time by a 
factor of nearly 4. This may be a direct consequence of the 
fact that in the van der Waals model, mixing rules for only the 
critical temperature, the critical volume and the acentric 
factor are required compared to eleven mixing rules in the Han 
and Starling equation. The ratio of the time taken by the two 
sets of mixing rules (1155/309) is approximately the same as 
the ratio of the number of mixing rules involved (11/3). We 
may conclude from this that the simpler equations with fewer 
mixing rules offer a large saving in computer time and storage 
in VLE calculations, and that the use of the van der Waals model 
with the complex generalized equations of state offers one way 
of reducing the time penalty. 
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TABLE 7.1 

Density predictions of binary mixtures 

No." Mol. Temp. Press. *AV. ABSOLUTE DEV. (%) VLE 
System t;12 of Frac. Range Range Han Chaudron Simonet REF 

DaNta Xl (OR) (psia) 

Methane":propane 0.98 170 0.200 500-920 200-10000 1.41 5 .13 5.51 2 
64 0.500 1. 74 4.19 5.17 
37 0.800 2.27 3.04 5.79 

n-Butane-C02 0.84 154 0.169 560-900 200-10000 3.59 13.44 5.58 36 

154 0.498 5.15 10.65 5.03 

154 0.827 7.38 7.31 4.38 

Propane-CO2 0.89 173 0.206 500-920 200-10000 1.89 14.56 7.13 35 
171 0.412 1.86 13.22 7.16 

173 0.804 4.79 11.48 6.47 

OVERALL AVERAGE 3.34 9.22 5.80 

N -
* AV. ABSOLUTE DEV. (%) = ~ I IPexp Pca11 x 100 

" i exp 



TABLE 7.2 

~E~ff~e~c~t~o~f~~ij _o~n_d~e_n~sl~·t~y-Lpr_e_d_i~c~tl~·o~n~s 

Pressure range, temperature range, no. of data points and data 
reference are same as those given in Table 7.1 

Mole * AV. ABSOLUTE DEV.(%) 
System Frac. ~ .. 

Xl 
lJ Han Chaudron Simonet 

n-Butane-C02 0.169 1.00 5.10 19.39 11 .65 
0.90 1.36 15.55 7.96 
0.89 1.42 15.18 7.18 
0.84 3.59 13.44 5.58 

0.498 1.00 6.17 17.84 11.46 
0.90 2.81 13.23 6.72 
0.89 2.82 12.83 6.39 
0.B4 5.15 10.65 5.03 

0.827 1.00 3.36 9.28 4.83 
0.90 5.81 7.97 4.36 
0.89 6.03 7.86 4.35 
0.84 7.38 7.31 4.38 

* Defined as in Table 7.1 
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TABLE 7.3 

Predictions of the bubble point pressure 

Ethane (1) - Propene (2) System 

T = 499.67 oR (277.59K) 
VLE Reference (10) 

CALCULATED 

van der Waa 1 s Han-Starl ing 
EXPERIMENTAL Model Mixing Rules 

nij = 1.0; E;ij = 1. kij = 0.0 

P (psia) Xl Yl P (ps i a) Y, P (psia) Yl 
100 0.014 0.045 98.31 0.0434 98.17 0.0423 
150 0.209 0.452 147.19 0.4458 145.85 0.4421 
200 0.390 0.646 194.24 0.6492 192.70 0.6482 
250 0.568 0.775 242.82 0.7826 241.60 0.7832 
300 0.739 0.873 292.71 0.8793 291.96 0.8802 
350 0.896 0.951 342.65 0.9539 342.37 0.9543 

Propene (1) - Propane (2) System 
~ = 469.67 OR (260.93K) 
~LE Reference (28) 

49.55 0.1818 0.2168 47.41 0.2124 47.48 0.2133 
50.00 0.2053 0.2503 47.67 0.2383 47.74 0.2396 

51.99 0.3768 0.4344 49.53 0.4238 49.65 0.4243 
52.20 0.4136 0.4653 49.95 0.4619 50.07 0.4622 
54.12 0.5557 0.6048 51.55 0.6038 51.66 0.6037 

54.80 0.6480 0.6945 52.59 0.6919 52.68 0.6914 

56.32 0.7924 0.8050 54.23 0.8234 54.30 0.8228 
56.50 0.8468 0.8642 54.85 0.8711 54.91 0.8705 
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TABLE 7.4 

Predictions of the bubble point pressure 

Methane (1) - Propane (2) System 

T = 407.67 oR (226.48K) 

VLE Reference (2) 

CALCULATED 

EXPERIMENTAL van der Waa1s Han-Star1 i ng 
Model Mixing Rules 

ni j = 1.0; 1; •. = 1. 
lJ 

kij = 0.0 

P (psia) Xl Y1 P (psia) Y1 P(psia) Y1 

200 0.136 0.915 203.79 0.9307 184.3 0.9252 

300 0.208 0.937 299.53 0.9481 285.2 0.9468 

400 0.284 0.946 397.89 0.9567 398.9 0.9572 

500 0.361 0.952 496.36 0.9613 521.3 0.9622 

600 0.440 0.960 598.21 0.9638 653.4 0.9639 

700 0.522 0.964 706.96 0.9646 795.9 0.9625 

800 0.605 0.963 822.61 0.9637 943.2 0.9566 

Methane (1) - n-Pentane (2) System 

~ = 491.69 oR (273.16K) 

~LE Reference (5) 

ni .i=O. 94 I;i .i= 1.0 kij = 0.041 

200.2 0.0909 0.9758 238.2 0.9808 213.2 0.9792 

400.2 0.1653 0.9839 446.1 0.9869 413.2 0.9864 

600 0.2320 0.9855 644.3 0.9883 621.9 0.9883 

800 0.2920 0.9856 832.7 0.9883 837.1 0.9885 

1000 0.3481 0.9839 1018.9 0.9875 1068.5 0.9876 

1200 0.4005 0.9818 1203.0 0.9861 1317.9 0.9857 

1400 0.4480 0.9782 1380.2 0.9841 1579.1 0.9827 

1600 0.4980 0.9722 1578.5 0.9811 1898.7 0.9779 

1800 0.5501 0.9623 1800.0 0.9766 2288.8 0 .. 9707 

2000 0.6117 0.9450 2080.6 0.9692 2828.8 0.9595 
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TABLE 7 oS' 

Predictions of 'K' values 

Propene (1) - Propane (2) System 
T = 469.67 oR (260.93K) 

VLE Reference (6) 

P EXPERIMENTAL 

(psia) 

Kl K2 

4B.56 1 .2695 0.9701 
49.90 1.2229 0.9443 
51.56 1. 1805 0.9226 
52.31 1. 1425 0.9050 
52.36 1.1092 0.8908 
54.33 1.0807 0.8789 
55.26 1.0562 0.8689 

56.16 1.0350 0.8600 

CALCULATED 
van der Waals Han-Starling 

MQdel . Mixing Rules 
n·· = 1.0 i; .. = 1 . O. 

1 J 1 J 
k .. = 0.0 
lJ 

11.1 11.2 1'.1 11.2 

1. 1447 0.9420 1.1495 0.9426 
1.1179 0.9188 1.1212 0.9200 
1 .0939 0.8979 1.0960 0.8998 
1.0727 0.8796 1.0741 0.8823 
1 .0541 0.8635 1.0549 0.8670 

1.0375 0.8490 1 .0378 0.8534 
1.0220 0.8356 1 .0221 0.8409 
1.0074 0.8229 1.0074 0.8291 
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TABLE 7.6 

Predictions of 'K' values 

Methane (1) - Ethane (2) System 

VLE Reference (1) 

P T EXPERIMENTAL 
(psia) (OR) 

Kl K2 

160 346.60 3.740 0.181 
350 1.700 0.140 

600 1.066 0.290 

100 379.67 8.596 0.5408 
300 2.764 0.2585 

600 1.448 0.2665 
800 1.085 0.5595 

300 419.67 3.658 0.4899 

600 1.865 0.4037 

950 1.099 0.7827 

400 479.67 3.563 0.8248 

700 1.944 0.6888 

950 1.194 0.8521 

600 519.67 2.259 0.9281 
800 1.482 0.9012 
850 1.081 0.9769 

750 539.67 1.686 0.9769 
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CALCULATED 
van der Waals Han-Starling 

. mode.l Mixing Rules 
nij=1.0 E;ij=1.0 kij = 0.01 

Kl K2 Kl K2 

3.893 0.177 3.671 0.177 
1.707 0.133 1.742 0.129 

1.070 0.246 . 1.071 0.261 

8.9190 0.5322 8.1798 0.5347 

2.9264 0.2451 2.8858 0.2464 

1.4790 0.2427 1 .5102 0.2420 
1.1416 0.4099 1.1431 0.4358 

3.9943 0.4676 3.9060 0.4724 

2.0146 0.3658 2.0370 0.3712 

1.2453 0.5489 1 .2401 0.5852 

3.7715 0.8146 3.7594 0.8174 

2.1535 0.6578 2.1446 0.6703 

1.4538 0.7252 1.3907 0.7700 

2.3956 0.9209 2.4100 0.9227 

1.6138 0.8832 1.5314 0.8998 

1.4067 0.9029 1.0811 0.9769 

1.5860 0.9774 1.5723 0.9786 



TABLE 7.7 

Pr~dictions of 'K' values 

Metnane (1). - Propane (2) System , 
VLE Reference (1,2) 

P T EXPERIMENTAL 
(psia) (OR) 

K1 K2 

30.5 351. 27 24.50 0.0786 
200 3.87 0.0208 
600 1. 17 0.0614 

51.5 384.67 19.70 0.1350 
500 2.13 0.0443 
700 1.49 0.0711 

150 499.67 13.680 0.5754 
700 2.870 0.2602 

1300 1.424 0.4206 

250 559.67 8.500 0.8022 
700 3.010 0.4920 

1200 1.604 0.5578 

500 619.67 3.590 0.8832 
700 2.488 0.7973 
950 1.549 0.8291 

600 649.67 2.396 0.9519 
700 .1.894 0.9237 
750 1.429 0.9458 
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CALCULATED 

van der ~~aa Is Han-Starllng 
model Mixing Rules 

nij=0.98'~ij=1.0 k .. =0.023 lJ 

K1 K2 K1 K2 

29.93 0.0746 21.74 0.0751 
4.22 0.0177 3.71 0.0178 
1.18 0.0453 1.27 0.0390 

23.16 0.1325 18.83 0.1339 
2.22 0.0387 2.30 0.0380 
1.56 0.0560 1.71 0.0523 

13.813 0.5646 13.573 0.5712 
3.120 0.2309 3.215 0.2414 
1.675 0.3237 1.750 0.3467 

8.877 0.8059 9.154 0.8098 
3.406 0.4524 3.463 0.4758 
1.903 0.4881 1.877 0.5459 

3.895 0.8773 4.045 0.8821 
2.807 0.7732 2.770 0.7953 
1.886 0.7661 1.557 0.8544 

2.207 0.9661 2.243 0.9681 
1.709 0.9444 1.339 0.9709 
1.350 0.9575 1.003 0.9995 



TABLE 7.8 

Predictions of 'K' values 

Methane (1) - n-Pentane (2) System 

VLE Data Reference (5) 

P T EXPERIMENTAL 

(psia) (OR) 

Kl K2 

400 499.67 6.28 0.0313 

2400 1.18 0.4020 

100 539.67 26.50 0.1320 

600 4.75 0.0557 

2200 1.38 0.2540 

80 579.67 36.470 0.3125 

600 5.082 0.0933 

2000 1.588 0.2260 

160 659.67 19.170 0.5062 

800 3.962 0.2225 

1800 1.725 0.3567 

400 739.67 6.902 0.6100 

1000 2.750 0.4680 

1400 1.724 0.5868 

600 819.67 2.400 0.8830 

800 1.260 0.9500 
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CALCULATED 

van der Waa Is Han-Starling 
. . ·model Mixing Rules 

. n .. =0.94;<; .. =1.0 kij =0.041 
lJ lJ 
Kl K2 Kl K2 

6.77 0.0196 6.38 0.0197 

1.45 0.1299 1.74 0.0752 

28.47 0.1171 27.39 0.1194 
5.14 0.0374 5.24 0.0375 

1.69 0.1085 1.96 0.0838 

38.134 0.2972 38.637 0.3038 

5.529 0.0705 5.835 0.0717 

1.937 0.1184 2.199 0.1052 

20.434 0.5089 22.106 0.5224 

4.561 0.1796 4.993 0.1901 

2.190 0.2118 2.423 0.2197 

7.784 0.5826 8.413 0.6088 

3.405 0.3799 3.543 0.4303 

2.449 0.3879 2.452 0.4646 

2.5512 0.8767 1.9937 0.9201 

1.2600 0.9495 - -



TABLE 7.9 

Predictions of 'K' values 

Methane (1) - n-Heptane (2) System 

VLE Data Reference (57) 

P T EXPERIMENTAL 

(psia) (OR) 

Kl K2 

600 359.67 2.170 0.0001 
1000 1.600 0.0004 

100 459.67 22.440 0.0015 

1000 2.640 0.0026 

2500 1.360 0.0520 

200 559.67 15.416 0.0143 

1000 3.487 0.0126 

2500 1.640 0.0757 

400 739.67 9.403 0.1511 
1000 3.956 0.1167 
2000 2.079 0.1763 

400 859.67 7.796 0.5120 

1000 3.026 0.3982 

1750 1.448 0.6152 

400 919.67 5.443 0.7735 

800 2.435 0.6595 

1000 1.703 0.7282 
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CALCULATED 

van der Waa 1 s Han-Starl ing 
model Mixing Rules 

n· .=0.90;<; .. =1.0 k .. = 0.()6 
lJ lJ lJ 

Kl K2 Kl K2 

2.802 0.0000 2.000 0.0000. 

3.392 0.0025 1.784 0.0008 

18.895 0.0009 17.240 0.0009 

3.210 0.0009 2.820 0.0008 

1.718 0.0192 1.920 0.0055 

15.368 0.0109 15.829 0.0107 

3.841 0.0073 4.018 0.0064 

1.922 0.0275 2.252 0.0145 

9.804 0.1418 11 .771 0.1473 

4.324 0.0954 5.178 0.0928 

2.438 0.1126 2.934 0.0948 

8.394 0.4944 9.644 0.5345 

3.798 0.3061 4.234 0.3509 

2.311 0.3134 2.485 0.3671 

5.307 0.8069 5.681 0.8343 

3.390 0.5574 2.672 0.6986 
2.820 0.5219 - -



TABLE 7.10 

Predictions of 'K' Values 

Propane (1) - Carbon Dioxide (2) System 

T = 529.67oR (294.26K) 
VLE Reference (35). 

CALCULATED 

P EXPERIMENTAL Van.der Waa1s Han-Star1ing 

(psia) .mode1 Mixing Rules 
llij=1.0 1; •• =0.89 kij = 0.045 

lJ 

K1 K2 K1 I K2 K1 K2 

150 0.8593 6.600 0.8521 5.5261 0.8532 5.7316 
200 0.6925 4.840 0.6823 4.2474 0'.6876 4.3249 
250 0.5945 3.780 0.5809 3.4456 0.5906 3.4623 
300 0.5347 3.070 0.5156 2.8933 0.5294 2.8782 
350 0.4969 2.573 0.4721 2.4874 0.4901 2.4546 
400 0.4720 2.204 . 0.4434 2.1746 0.4657 2.1334 
450 0.4544 1.918 0.4260 1 .9245 0.4528 1.8805 

500 0.4469 1.692 0.4182 1 .7185 0.4500 1.6763 
550 0.4533 1.509 0.4199 1.5461 0.4574 1.5075 
600 0.4700 1.363 0.4324 1 .3999 0.4762 1.3674 
650 0.4980 1.245 0.4578 1.2769 0.5085 1 .2518 
700 0.5340 1.155 0.4997 1.1759 0.5575 1.1583 
750 0.5730 1.089 0.5613 1.0974 0.6243 1 .0867 

800 0.6110 1.041 0.6450 1.0411 0.7021 1.0373 

850 0.6400 1.007 0.7605 1~0050 0.7955 1.0049 
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TABLE 7.11 
Predictions of volumes of coexisting phases 
Methane (1) - Propane (2) System 
VLE Data Reference (2) 

CALCULATED 

P T EXPERIMENTAL van der Waals Han-Starling 
(psia) (OR) VOLUME 

.. model Mixing Rules 
(Cu.ft/Lb.Mole) 11· .=0.98 1; •. =1.0 k .. = 0.023 

lJ lJ lJ 

Vapour Liqui d Vapour Liquid Vapour Liquid 

150 499.67 32.800 1.841 32.150 1.321 31.868 1.323 

700 5.930 1.260 6.129 1.233 6.062 1.250 

l300 2.436 1.343 2.657 1.204 2.581 1.226 

250 559.67 18.60 1.478 19.197 1.459 18.793 1.461 

700 6.30 1.448 6.544 1 .416 6.353 1.434 

1200 3.l3 1.606 3.278 1.427 3.053 1.462 

500 619.67 8.80 1.806 8.422 1.723 8.216 1.729 

700 5.47 1.864 5.896 1 .751 5.541 1.775 

950 3.44 2.062 3.952 1.857 3.258 1.999 

600 649.67 5.60 2.324 5.471 2.156 5.320 2.180 

700 4.29 2.629 4.491 2.376 3.963 2.830 

750 3.63 2.901 4.020 2.792 3.706 3.692 
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TABLE 7.12 

Predictions of volumes of coexisting phases 

Propane (1) - Carbon Dioxide (2) System 
T = 529.67oR (294.26K) 
VLE Data Reference (35) 

CALCULATED 
P EXPERIMENTAL van der Waa1s Han-Star1ing 

(psia) VOLUME model Mixing Rules 
(Cu.ft/Lb.mole) nij = 1.0 ~ij=0.89 kij = 0.045 

Vapour I Liquid Vapour Liquid Vapour Liquid 

150 31.80 1.4040 31.73 1.377 31.54 1.379 
200 23.33 1.3860 23.61 1.346 23.31 1 .351 
250 18.27 1.3680 18.59 1 .315 18.26 1.323 
300 14.89 1.3480 15.17 1.286 14.84 1.295 
350 12.47 1.3260 12.68 1.257 12.35 1.267 
400 10.64 1.3020 10.78 1.228 10.47 1.238 
450 9.22 1 .2770 9.29 1.199 8.97 1 .210 
500 8.08 1 .2500 8.07 1.171 7.76 1.183 
550 7.14 1.2210 7.05 1 .144 6.74 1.156 
600 6.35 1.1900 6.19 1.117 5.87 1.130 
650 5.67 1.1570 5.44 1.092 5.12 1.109 
700 5.07 1.1190 4.78 1.070 4.46 1.094 
750 4.52 1.0750 4.21 1.049 3.91 1.085 
800 4.00 1.0180 3.72 1.021 3.49 1.064 
850 ' 3.51 0.9427 3.38 0.958 3.32 0.970 
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TABLE 7.13 
Predictions of fugacities of coexisting phases 
Methane (1) - Propane (2) System 

VLE Data Reference (2) 

CALCULATED 
P T van der Waals 

(psia) (OR) model 
n .. 

lJ 
= 0.98 i; .. = 1.0 

lJ 

fl (ps i a) f 2 (ps i a) 

150 499.67 69.06 . 67.71 

700 499.67 528.26 60.62 
l300 499.67 925.03 54.01 
250 559.67 58.81 121.36 
700 559.67 436.66 143.26 

1200 559.67 800.02 135.45 
500 619.67 . 100.04 278.86 
700 619.67 263.83 274.22 
950 619.67 455.55 268.90 
600 649.67 57.92 360.51 
700 649.67 140.51 357.28 
750 649.67 180.75 355.69 
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Han-Starl ing 
Mixing Rules 
kij = 0.023 

fl (psia) f 2 (ps i a) 

68.14 67.71 
525.39 60.99 
916.83 55.95 
56.79 151 .62 

429.05 144.68 
784.62 139.09 
94.43 279.79 

251.06 276.59 
432.90 273.49 

53.37 361 .39 

128.8B 359.51 
168.77 357.67 



TABLE 7.14' 

Predictions of fugacities of coexisting phases 

Propane (1) - Carbon Dioxide (2) System 

T = 529.67oR (294.26K) 
VLE Data Reference (35) 

CALCULATED 
P van der Waa1s 

(psia) model 
nij = l.0 ~ .. = 0.89 lJ 

f1 (psia) f 2 (psia) 

150 102.74 26.48 
200 97.93 73.79 
250 93.23 119.22 
300 88.55 162.92 
350 83.86 204.97 

400 79.11 245.43 

450 74.25 289.39 

500 69.15 322.06 
550 63.89 358.31 
600 58.24 393.49 
650 51.97 427.95 

700 44.75 462.22 

750 35.96 497.31 

BOO 24.34 535.24 

8,50 6.00 581.87 
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Han-Star1ing 
Mixing Rules 
k .. = 0.045 
lJ 

f1 (psia) f2 (psia) 

102.86 25.76 
98.34 ' 71.77 
93.79 116.15 
89.19 158.93 
84.50 200.21 

79.73 239.96 

74.81 278.30 

69.69 315.32 

64.21 351 .31 

58.48 386.12 

52.12 420.40 

44.80 454.82 

35.83 490.74 

24.34 530.00 

6.22 580.08 



TABLE 7.15 
Comparison of computer time 
Prediction of 'K' Values 

System 

Methane-Ethane 

Methane-Propane 

Methane-n-Pentane 

Methane-n-Heptane 

Propane-CO2 

TOTAL 

No. of 
Poi nts 

17 

18 

15 

17 

15 

82 

Tvdw * 
mi 11 units 

63 

61 

60 

80 

45 

309 

1 mill unit = 0.5 sec (on ICL 1900 computer) 

* Tvdw is time taken using van der.Waals model 

THan ** 
mill units 

222 

293 

230 

296 

114 

1155 

** THan is time taken using Han and Starling mixing rules 
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CHAPTER 8 

SUMMARY OF RESULTS AND CONCLUSIONS 

A new cubic equation of state has been proposed in this 
study. The results obtained with this equation are presented 
and discussed in Chapters 4, 6 and 7. In Chapter 4, results. 
obtained for pure components are given. The new equation predicts 
saturated liquid densities within 2% of their experimental values 
(except in the region 0.9 < Tr < 1.0), saturated vapour' densities, 
within 1.5% and vapour pressures within 1% of their experimental 
values (Tables 4.2, 4.3 and 4.7). Comparisons with the P-R, the 
R-K, the Heyen and the Han and Starling equations are also shown 
(Tables 4.2 to 4.6). The overall absolute average deviation 
(including the critical region) for saturated liquid densities of 
pure components (polar components included) was found to be 2.94% 
for the new equation, 2.98% for the Heyen equation, 7.75% for the 
P-R equation and 20.02% for the R-K equation (Table 4.2). The 
improvement is greater for the heavy hydrocarbons (above n-Octane) 
and polar substances. This improvement is achieved by making the 
predicted critical compressibility (denoted by lm) a substance 
dependent parameter in general different from the experimental 
value. of the critical compressibility (denoted by lc). A general
ised correlation for lm has been obtained in terms of the acen
tric factor (equation 4.40). For all components considered, lm 
is found to be greater than lc. This was also found by Schmidt 
and Wenzel (1980) who made use of a modified van der Waals type 
equation of state (Section 2.1.11). In Table 8.1, lm values 
obtained in this work are compared with those given by Schmidt 
and Wenzel. As can be seen very similar values are obtained. 
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TABLE 8.1 
Comparison of predicted critical compressibilities 

Lm 
w 

This w~ Schmidt-Wenzel 

0.000 0.329 0.333 
0.100 0.321 0.325 
0.200 0.314 0.317 
0.300 0.308 0.310 
0.400 0.302 0.303 
0.500 0.296 0.296 

A plot of Zm versus the acentric factor is shown in Figure 
4.9. This plot summarizes the characteristics of the new equation. 
For light components (w = 0; Zm = 0.329) the new equation is com
parable to the S-R-K equation and for components whose acentric 
factor is approximately 0.3 (Zm = 0.307). it is comparable to the 
P-R eouation. Thus. characteristics of both the S-R-K and the P-R 
equations are implicit in the new equation. However, the application 
of the new equation extends to heavy hydrocarbons (up to n-Eicosane) 
and polar substances for which the S-R-K and the P-R equations are 
inadequate. 

The new equation of state, like many other cubic equations, 
fails to give accurate representation of the liquid phase densities 
in the small region (0.9 < Tr < 1.0) near the critical point. An 
overall absolute average deviation of 11.56% was obtained in this 
region (Table 4.4). This is mainly due to the fact that the experi
mental value of the critical compressibility is not reproduced by 
the new equation. However, the overall absolute average deviation 
was reduced from 11.56% to 3.04% by assuming the predicted critical 
compressibility to be a temperature depenaent parameter in the 
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critical region (Table 4.4). The temperature dependency is given 
by equation (4.31). Use of equation (4.31) is equivalent to maKing 
constants a, band c temperature dependent in the critical region. 

Densities in the regions away from the saturation envelope 
are predicted within L.5% of their experimental values (Table 
4.6). Entropy departures are predicted within 2% ~nd enthalpy 

~ 
departures within %.5% of the values predicted by the eleven 
constant equation of Han and Starling (Table 4.8). 

In Chapter 6, results obtained for mixtures are given. 
Predictions of vapour-liquid equilibria and mixture densities , 
are obtained for a variety of systems containing hydrocarbons 
(up to n-Eicosane), non-hydrocarbons (C02, CO, N2, H2S) and 
polar components (water, ammonia, alcohols). It is necessary to 
use the optimum value of the binary interaction coefficient for 
systems containing methane, heavy hydrocarbons, non-hydrocarbons 
and polar components. Optimum values of ~ .. are evaluated for 52 

. lJ 
binaries using the new equation. Comparisons with the S-R-K and 
the P-R equations are given for 32 binaries (Tables 6.1, 6.2 and 
6.3). As can be seen, excellent predictions for the bubble point 
pressure and the vapour phase mole fractions are obtained. Bubble 
point pressures for most of the systems are predicted within 2% 
of their experimental values. Results are summarised in Tables 
6.2 and 6.3 and are shown in the form of the phase diagrams in 
Figures 6.1 to 6.113. The predictions obtained using the new 
equation, the S-R-K equation and the P-R equation are very similar 
(Table 6.3). Accurate predictions for ternary and multicomponent 
systems are obtained without. using the binary interaction coeffi
cient (Tables 6.5 to 6.7). 

Using the optimum values of ~ij from Tables 6.1 and 6.2, 
accurate predictions of bubble point temperatures and equilibrium 
ratios can also be obtained (Tables 6.8 to 6.10). Thus, the values 

of ~ijopt given in Tables 6.1 and 6.2 can be confidently used for 
predicting other thermodynamic properties of the saturated phases. 
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Accurate predictions of mixture densities can be obtained 
using the new equation; results are shown in Table 6.11. The 
overall absolute average deviation for five binaries (containing 
mainly hydrocarbons) was found to be 2.05% for the new equation 
and 1.74% for the individually fitted Chaudron equation (1973). 

The improvement in the representation of saturated liquid 
densities of mixtures is a direct consequence of the improvement 
in pure components saturated liquid densities. Predictions of 
saturated liquid volumes are shown in Figure 6.114 for the n
Butane-n-Decane system. As can be seen, better predictions are 
obtained from the new equation than the Peng and Robinson-equa
tion. 

In Chapter 7, the generalized Han and Starling equation is 
used with~ the van der Waals one fluid model to obtain accurate 
predictions of mixture densities and vapour-liquid equilibria. 
Predictions of mixture densities for three binaries (methane
propane, propane-C02, n-butane-C02) are given in Table 7.1. The 
overall absolute average deviation was found to be 3.34% for the 
Han and Starling equation, 9.22% for the generalized Chaudron 
equation and 5.8% for the Simonet-Behar equation. Predictions of 
bubble point pressures and equilibrium ratios are given in Tables 
7.3 to 7.10. Results obtained using the one fluid model are com
pared with those obtained using the eleven arbitrary mixing rules 
given by Han and Starling. Predictions obtained using the one fluid 
model are as good as those obtained using the Han and Starling mixing 
rules for mixtures containing light components. For mixtures con
taining dissimilar molecules, the van der Waals model gives better 
predictions at high pressures (Table 7.4). One of the main advan
tages of the van der Waals one fluid model is the ease and speed 
with which VLE calculations can be made. A comparison of computer 
times is presented in Table 7.15. The ratio of the computer time 
taken by using the Han and Starling mixing rules to that taken by 
using the one fluid model is approximately the same as the ratio 
of the number of mixing rules involved in each case (11/3). 

Some of the results given in Chapters 6 and 7 are reproduced 
in Table 8.2 to show a comparison between the results obtained from 
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the new equation and those obtained from the eleven constant Han and 
Starling equation. As can be seen, for the Ethane-Propane system 
better predictions of bubble point pressures are obtained with the 
new equation. For the Methane-n-Pentane system, both equations 
give similar predictions at low pressures, but at high pressures, 
the Han and Starling equation with the van der Waa1s model gives 
better predictions. It is interesting to note that predictions 
obtained using the Han and Starling mixing rules are less accurate 
than those obtained from the new equation (Tables 7.3, 7.4 and 8.2). 
In general, for vapour liquid equilibrium predictions, the new 
equation and other simple equations (the S-R-K, the P-R) can give 
predictions which are as accurate as and sometimes better than 
those obtained from a multi constant equation of state.· In Figures 
8.1 to 8.4, results obtained from the new equation, the S-R-K, the 
P-R equation and the Han and Starling equation (with two sets of 
mixing rules) for Propane-Carbon dioxide system are shown. As can 
be seen, except for the liquid phase volumes, all other properties 
are predicted very accurately and the predictions obtained using 
all the equations are very similar. Solid lines in Figures 8.2 to 
8.4 depict the experimental values. At low pressures, the predic
tions of liquid phase volumes obtained using the new equation are 
superior to those obtained using the other equations but as the 
critical region is approached, the P-R equation and the new equa
tion tend to give poor predictions, while the Han and Starling equa
tion gives accurate predictions in this region. As expected the 
S-R-K equation gives very poor predictions of the liquid phase 
volumes (Figure 8.4). 

8.1 Conclusions 

A new three constant equation of state is proposed in this 
study to improve the representation of the liquid phase densities 
while maintaining the accuracy in the prediction of vapour-liquid 
equilibrium. Only saturation data (Ts' Ps' VL) are used for the· 
evaluation of the equation of state parameters Zm and F. In addition 
to the critical temperature and the critical pressure, only two 
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parameters (Zm and F) are required to characterize a particular 
fluid. These parameters are evaluated by minimizing the deviation 
in the saturated liquid densities while simultaneously satisfying 
the equilibrium criterion (equality of fugacities) along the satu
ration curve. The new equation has been tested for 38 pure compo
nents including hydrocarbons (up to n-Eicosane), non-hydrocarbons 
(C0 2, H25, 502' N2, 02' Ar • CO) and polar components (water, 
ammonia, alcohols). The use of the new equation is strongly 
re-commended for heavy hydrocarbons and polar components for wh i ch 
6ther cubic equations (P-R, S-R-K) are inadequate. For non polar 
and weakly polar components, generalized correlations for Zm and F 
are obtained in terms of the acentric factor. Thus, only Tc' Pc 
and ware required to characterize a fluid. The new equation of 
state is also used with the generalized form of the corresponding 
states principle based on two non-spherical reference fluids. 

The new equation of state is extended to mixtures by using 
mixing rules similar to those used by Peng and Robinson. Only one 
binary interaction coefficient is sufficient for the accurate pre
diction of vapour-liquid equilibria. Optimum values of the binary 
interaction coefficients are obtained for 52 binaries (including 
polar components). For 32 binaries, comparisons with the Soave and 
the Peng and Robinson equations are shown. Comparisons with the 
Han and Starling equation are also shown. The criterion used for 
selecting the optimum interaction coefficient is the minimization 
of deviations in bubble point pressures. The new equation is also 
tested for the prediction of vapour-liquid equilibria in ternary and 

'multicomponent systems. Apart from the liquid phase'volumes for which 
the new equation gives better predictions, similar results for VLE are 
obtained from the new equation, the Soave equation and the Peng and 
Robinson equation. 

The genuinely predictive capabilities of the van der Waals one 
fluid model and the ease and speed with which VLE predictions can be 
obtained from a multiconstant equation of state are demonstrated. 
The Han and Starling generalized equation is used. Results obtained 
from the one fluid model are compared with those obtained from the 
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eleven arbitrary mixing rules given by Han and Starling. Mixture 
densities are calculated using the one fluid model with the equa
tions of Han and Starling, Chaudron et al and Simonet and Behar. 
The van der Waals one fluid model is shown to be a simple and 
effective method of extending complex equations of state to the 
prediction of thermodynamic properties of mixtures. 

8.2 Suggestions for Future Work 

The new equation of state has been extended in the critical 
region by assuming the predicted critical compressibility to be a 
temperature dependent parameter in the region 0.9 < Tr ,< 1.0. 
Further improvements could be made by using a different temperature 
function for the predicted critical compressibility. Although such 
temperature dependency improves the representation of the liquid 
phase densities, its effect on other thermodynamic properties needs 
to be evaluated. 

An exponential temperature function for a was suggested by 
Heyen (1980) but it has two arbitrary constants K and n and, as found 
in this study, a generalized correlation for n cannot be obtained. 
It may be possible to overcome this problem by assuming a constant 
value for n and evaluating K. From the results obtained in this 
study ( Appendix A ) it would seem appropriate to take n between 
0.8 and 0.85. This may result in a good correlation for K in terms 
of the acentric factor. 

The use of the new equation could be extended to hydrocarbon
water systems and to the predictions of liquid-liquid equilibria, 
liquid-vapour-solidand freeze-out problems. Because of the improve
ment in the liquid phase densities, the new equation is likely to 
give better predictions of liquid-liquid equilibria than other 
simple equations of state. 

Finally, the generalized corresponding states principle with 
two non-spherical reference fluids could be extended to predict,phase 
equilibrium in multicomponent systems using the van der Waals one 
fluid model and accurate equations for the reference fluids. 

184 



TABLE 8.2 
Predictions of bubble point pressures 

Ethane (1) - Propene (2) System 
T = 499.67oR (277.59K) VLE Reference (10) 

CALCULATED 

Han-Star1in9 Eq. New Equation 
EXPERIMENTAL van der Waa 1 s 

model 
ni/1.O l;ij=1.0 1; •• = 1.0 

lJ 

P(psia) Xl VI P(psia) VI P(psia) VI 

100 0.014 0.045 98.31 0.0434 100.27 0.0424 
150 0.209 0.452 147.19 0.4458 148.98 0.4423 

200 0.390 ' 0.646 194.24 0.6492 196.73 0.6477 
250 0.568 0.775 242.82 0.7826 246.66 0.7823 
300 0.739 0.873 292.71 0.8793 298.31 0.8793 

350 0.896 0.951 342.65 0.9539 350.34 0.9538 

Methane Lll - n-Pentane (2) System 
T = 491.690 R (273.16K) VLE Reference (5 ) 

ni/0 .94 · 1; •• =1.0 1; •• = 0.98 
lJ lJ 

200.2 0.0909 0.9758 238.2 0.9808 238.5 0.9788 
400.2 0.1653 0.9839 446.1 0.9869 443.3 0.9846 
600 0.2320 0.9855 644.3 0.9883 637.4 0.9857 
800 0.2920 0.9856 832.7 0.9883 821.0 0.9852 

1000 0.3481 0.9839 1018.9 0.9875 1000.6 0.9838 
1200 0.4005 0.9818 1203.0 0.9861 1175.5 0.9816 
1400 0.4480 0.9782 1380.2 0.9841 1339.6 0.9787 
1600 0.4980 0.9722 1578.5 0.9811 1517.7 0.9745 
1800 0.5501 0.9623 1800.0 0.9766 1707.5 0.9683 
2000 0.6117 0.9450 2080.6 0.9692 1933.7 0.9578 
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NOTE ON GRAPHS 

In Figures 6.1 to 6.113: 

1. Solid lines depict curves predicted using the optimum value of 
the binary interaction coefficient given in Tables 6.1 and 
6.2. 

2. Dotted lines depict curves predicted without using the binary 

interaction coefficient (~ij = 1.0). 

3. Experimental points are represented by asterisks or circles 
and the correspondi ng references are 1 is ted, under "References 
of vapour-liquid equilibrium data". 

4. P, X and Y refer-to the pressure (psia), the mole-fraction 
of the first named component in the liquid phase and the mole
fraction of the first named component in the vapour phase. 

5. In pressure vs mole fraction (X,V) graphs, circles represent 
the vapour phase while asterisks represent the liquid phase. 

In Figures 6.100 to 6.113 results obtained for temperatures other 

than at which the optimum value of ~ij is evaluated, are shown. 
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FIGURE 6.23 Ethane-n-Pentane System at 559.730R (311K) 
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FIGURE 6.24 Ethane.-n-Pentane System at 559.73oR (311K) 
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FIGURE 6.26 Ethane-n-Heptane System at 659.68oR (366.8K) 
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FIGURE 6.27 Ethane-n-Heptane System ay 659.68oR (366.8K) 
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FIGURE 6.29 Ethane-n-Dodecane System at 581.67oR (323.2K) 
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FIGURE 6.30 Ethane-n-Eicosane System at 599.67oR (333.2K) 
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FIGURE 6.34 Ethylene-Ethane System at 459.67oR ·(255 .4K) 
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FIGURE 6.35 Ethylene-Ethane System at 459.67oR (255.4K) • 
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FIGURE 6.36 Ethylene-Propane System at 491.530R (273.1K) 
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FIGURE 6.37 Ethylene-Propane System at 49l.530 R (273.1K) 
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FIGURE 6.38 Ethylene-Propane System at.491 .530R (273.IK) 

MOLE
1
FRACTION(Y) 

XI13-
113 

9 

8 

7 IY 
~ 

6 )' 

5 
'I 

'I 

4 
'I 

3 

2 

:J I I I 

13 1 2 3 

(b) 

I I I I I I I 

4 5 6 7 8 9 113 
XI13- 1 

MOLE FRACTION(X) 
.229 



~r1'O~JUKL' to:::, 11'1 ) 

10 

9. 

8_ 

7. 

6_ 

5. 

4. 

1. 
" 

NEW EOUATION 

o 

0'~-.--~-'---r--~~--'---.--r~ 
o 2 3 4 5 6 7·-8 9 10 

X10- 1 
MOLE FRACTIONeX,Y) 

FIGURE 6.39 .Ethylene-n-Butane System at 579.61 oR (322K) 
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FIGURE 6.40 Ethy1ene-n-Butane System at 579.61 oR (322K) 
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FIGURE 6.41 .' Ethy1ene-n-Dodecane System at 536.670 R (298.2K) 
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FIGURE 6.42 Propane-i-Butane System at 539.690R (299.8K) 
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FIGURE 6.43 Propane-i-Butane System at 539.690R (299.8K) 
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FIGURE 6.44 Propane-n-Pentane System ·at 649.730R·(361K) 
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FIGURE 6.45 Propane-n-Pentane System at 649.730 R (361K) 
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FIGURE 6.46' Propane-n-Pentane System at 649.73oR (361K) 
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FIGURE 6.47 Propane-i-Pentane System at 671 .690R (373.2K) 
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FIGURE 6,48 Propane-i-Pentane System at 671 .690R (373.2K) 
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FIGURE 6.50, Propane-n-Decane System at 679.67oR (377.6K) 
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FIGURE 6.51 Propane-Benzene System at 679.670R (377.6K) 
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MOLE FRACTION(Y) 
X10- 1 
10 

9. 

8 

7. 

6. 

5. 

2 

1./ 

/ 
/ 

/ 

/ 
/ 

/' 
/ 

/ 

0+--.--~--~-'--~--.--'--.--'r-~ 
2 2 3 'I 5 6 7 8 9 10 

X10- 1 
MOLE FRACTION(X) 

257 

(a) 

(b) 

'0f' ..... -:; 

= 



r "L~'::>U"L\ ':> 1/\ J 
'X 1 ()~ . 

19 PENG-ROB[NSON EOUAT[ON 

9 

7 

./ 

./ 
./ 

./ 

./ ~-

/ 
./ 

./ / 
/" / 

/" / 
./ / 

/" / 
./ ./ 

./ ./ 

/ 

/ 
I 

0+-~ __ ~ __ ~~ __ ~ __ ~~ __ ~~ __ ~ 
. 0 2 3 4 5 6 7 8 9 10 

. XI 0- 1 
MOLE FRACTIONCX,Y) 

FIGURE 6.67 CO 2-Propane System at 529.67oR (294.3K) 
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FIGURE 6.69 CO 2-n-Butane System at 491.690 R (273.2K) 
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FIGURE 6_72 CO2-i-Butane System at 559_67oR (311K) 
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FIGURE 6.73. CO 2-i-Butane System at 559.67oR (311K) 

MOLE 1FRACTION(Y) 
X10-
10 

9 ..- ..-
..---

8 .; 
.; 

" 7 / 

/ 
/ 

6. I 
I 

I 

5. I 
I 

I 

4. f 
I 

3. I 

2. , 

1. 

0. 
0 1 2 3 4 5 6 7 8 9 10 

_ X 10- 1 
MOLE FRACT I DN( X ) 

264 

(a) 

(b) 



PRE~SURE(PSIA) 
X10 L ' 

10 SOAVE EQUATION· 

9 

7 

6 

5 

L 

~ ... 
/ 

/ 

/ 
/ 

/ 

/ 

/ 
I 

/ 

I 
I 

/ 

I 

, 
I 

/ 

~LI------r_'------r_'---r-.----r-.----r----' 
o 1 2 3 4 5 6 7 8 9 10 

X10- 1 
MOLE FRACTIONCX,Y) 

. ------FIGURE 6.74' CO
2
-i-Butane System at 559.67oR (311K) 

MOLE
1

FRACTIONCY) 
X10-
10 

9 

8 

7 

4 

3 
/ 
I 

/ 
I 

/ 
/ 

I 
/ 

/ 
/ 

/ 

/" 

,,-

2 3 

----

5 6 7 8 9 10 
X 10- 1 

MOLE FRACTIONCX) 

265 

(a) 

(b) 



rR["~SUR[( PS I A) 
X10~ 

1 
.., . 
<-

1 1 . 

10. 

9. 

B_ 

7. 

6. 

5 

1. 

3. 

2_ 

1. 

I 
/ 

/ 

N[W eQUATION 

o 

0'~~--'---r-~--.--.--~ __ ~~~ 
o 1 2 3 4 5 6 7 B 9 10 

X10- 1 
MOLE FRACTION(X,Y) 

FIGURE 6.75,_ .C02-n-Pentane System at 679.690 R (377 .6K) 

MOLE 1FRACTION(Y) 
X10-
10 

9 

8 

7 

6 

5. 

3. 

I 
1. 

I 
I 

I 
I 
I 

f 

I 

/ 
I 

I 
f 

/ 
/ 

, 
,.,." , 

0_!-~_"--~-"-~-"----r--.----'----. 
13 1 2 3 4 5 6 7 8 9 10 

X10- 1 
MOLE FRACTION( X) 

266 

(a) 

(b) 



PR[SSUR[< PS I A ) 
X10 2 
12 . PENG-ROBINSON EQUATION 

1 1 

10 

9 

8 

7 

6 

5 

4 

3 

2 

I 
/ 

/ 

o 

o 
I 

J 

0_.r--.--~--.--.---r--~~~~--~~ 
o 2 3 4 5 6 7 8 9 10 

X10- 1 
MOLE FRACTION(X,Y) 

FIGURE p. 76 CO
2
-n-Pentane S~stem at 67: .~~OR (377. 6K) 

MOLE
1
FRACTION(Y) 

X10-
10 

9 

8 

7 

6 

5 

4 

3 

2 

0 
0 

I 
I 
I 
I 
I 

/ 
I 

I 

I 

1 

/ 
/ 

/ 
/ 

2 

/" 
-;' 

3 4 

• 

5 6 

MOLE 

7 8 9 10 
X10- 1 

FRACTI ONC X ) 

267 

(a) 

(b) 



PRE~SURE(PSIA) 
X10 . 
1 2 SOAVE EQUATION 

1 1 

10_ 

9 

8 i 

7 / 
/ 

6 
I 

/ 

/ 
5 / 
4 / 

/ 
3 / .,. 

/ .'" 
2 '" / 

If 

0+-~---r--.--.--~--.-~--~--~~ 
o 2 3 4 5 6 7 8 9 10 

X10- 1 
MOLE FRACTION(X,Y) 

FIGURE 6.77 CO
2
-n-Pentane System at 679.690 R (377.6K) 

0+--. __ .--. __ .--. __ .--. __ .-~~ 
o 2 3 4 5 6 7 8 9 10 

Xllr 1 
MOLE FRACTION(X) 

268 

(a) 



PR[~SUR[( PS I A ) 
X18.:. 
20_ 

18_ 

16. 

1 4 

12. 

18. 

8. 

6. 

1. 

2 . 

NEw [OU,"" T ION 

/ 
/ 

/ 
/ 

/ 

/ 

. 0_~-'--~-'---r--.--.--'---~-.--. 
o 1 2 3 '+ 5 6 7 8 9 10 

X10- 1 
MOLE FRACTION(X,Y) 

FIGURE 6.78 CO 2-n-Decane System- at 619.67oR (344.3K) 
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FIGURE 6.94 Nitrogen-Methane System at 279.650R (155.4K) 
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FIGURE 6.95 Nitrogen-Propane System at 536.67oR (298.2K) 
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FIGURE 6.97 Nitrogen-n-Heptane System at 634.67oR (352.6K) 
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APPENDIX A 

TABLE A.l 
Parameters for the new equation of state 
Constants F. K and n are required in the following temperature 
functions: 

l. 

2. 

No. 

1 

2 

3 

4 

5 

6 
7 

8 

9 

10 

11 
12 

13. 

14 

15 

16 

17 

18 

19 

20 

21 

22 

23 

24 

Component Zm 

Argon 0.328 
Nitrogen 0.329 

Oxygen 0.327 

Methane 0.324 
Ethane 0.317 
Ethylene 0.318 
Propane 0.317 

Propylene 0.324 
Acetylene 0.310 

n-Butane 0.309 

i-Butane 0.315 

l-Butene 0.315 

n-Pentane 0.308 

i-Pentane 0.314 

n-Hexane 0.305 

n-Heptane 0.305 

n-Octane 0.301 

n-Nonane 0.301 

n-Decane 0.297 

n-Undecane 0.297 

n-Dodecane 0.294 

n-Tridecane 0.295 

n-Tetradecane 0.291 

n-Heptadecane 0.283 

329 

F K n 

0.450751 0.524130 0.895275 
0.516798 0.673567 0.805805 

0.487035 0.545990 U.935180 

0.455336 0.526324 0.904570' 

0.561567 0.708265 0.800910 

0.554369 0.642236 0.889410 

0.648049 0.763276 0.860655 . 
0.661305 0.750739 0.898305 

0.664179 0.659602 1.013775 

0.678389 0.831715 0.816840 

0.683133 0.775633 0.896125 

0.696423 0.742573 0.958385 

0.746470 0.851904 0.882260 

0.741095 0.854607 0.875455 

0.801605 0.868581 0.934715 

0.868856 0.890894 0.992105 

0.918544 1.057530 0.861175 

0.982750 1. 247160 0.759605 

1.021919 1.299741 0.755210 

1.080416 1.291079 0.809660 

1 .115585 1.339256 0.802980 

1 .179982 1.319388 0.869635 

1.188785 1.427823 0.798090 

1 .297054 1.354358 0.935665 



TABLE A.l continued. 

No. Component Zm F K n 

25 n-Octadecane 0.276 1.276058 1 .538739 0.791235 

26 n-Eicosane 0.277 1.409671 1.741225 0.763255 

27 Carbon dioxide 0.309 0.707727 0.865847 0.816080 

28 Ca rbon monoxi de 0.328 0.535060 0.678260 0.799145 

29 Sulfur-dioxide 0.307 0.754966 0.871496 0.871745 

30 Hydrogen-sulfide 0.320 0.583165 0.855553 0.669095 

31 Water 0.269 0.689803 0.987468 0.680260 

32 Ammonia 0.282 0.627090 1.425590 0.418730 

33 Benzene 0.310 0.704657 0.880833 0.797500 

34 Methanol 0.272 0.972708 0.939465 1.064985 

35 Ethanol 0.300 1 .230395 1. 221152 1.001250 
36 Propan-l-0l 0.303 1.241347 1.806248 o .629465 
37 Butan-l-0l 0.304 1. 199787 3.503814 0.298255 

38 Pentan-l-0l 0.311 1.242855 2.811893 0.384015 
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APPENDIX B 

TableB.l 
Critical Properties of Pure Components 

Tc P Vc Component c Mol.Wt. Zc (OR) (PSIA) w (Ftl/ 
lb.mol) 

Argon 271 .44 706.874 0.001 39.95 1 .2014 0.291 
Nitrogen 227.16 492.313 0.039 28.01 1 .4257 0.290 
Oxygen 278.244 731.416 0.025 32.00 1 .1694 0.288 
Methane 343.044 667.782 0.012 16.04 1.5859 0.288 
Ethane 549.76 707.755 0.099 30.07 2.3708 0.285 
Ethylene 508.212 730.828 0.089 28.05 2.0825 0.280 
Propane 665.68 616.347 0.153 44.10 3.2519 0.281 
Propylene 656.73 667.341 0.144 42.08 2.8994 0.274 
Acetylene 554.99 890.425 0.190 26.04 1.8101 0.270 
n-Butane 765.32 550.656 0.199 58.12 4.0848 0.274 
i-Butane 734.67 529.053 0.183 58.12 4.2130 0.283 
l-Butene 755.226 583.428 0.191 56.11 3.8446 0.277 
n-Pentane 845.46 488.639 0.251 72.15 4.8698 0.268 
i-Pentane 828.77 490.403 0.227 72.15 4.9018 0.270 
n-Hexane' 913.50 436.909 0.299 86.18 5.9270 0.264 
n-Heptane 972.54 396.789 0.349 100.21 6.9202 0.263 
n-Octane 1023.89 360.638 0.398 114.23 7.8813 0.259 
n-Nonane 1070.28 331.834 0.455 128.26 8.7784 0.260 
n-Decane 1111.86 305.087 0.489 142.29 9.6595 0.247 
n-Undecane 1149.84 285.100 0.536 156.31 - -
n-Dodecane 1184.76 264.526 0.575 . 170.34 11.4225 0.240 
n-Tridecane 1216.44 249.830 0.623 184.367 12.4948 0.240 
n-Tetra- 1249.20 235.135 0.679 198.394 13.2958 0.230 decane 
n-Hepta- 1319.40 191.047 0.770 240.475 16:0190 0.220 decane 
n-Octa- 1341.00 174.881 0.790 254.502 decane - -

n-Eicosane 1380.60 161.655 0.907 282.556 - -
Carbon 547.38 1069.715 0.225 44.01 1.5058 0.274 dioxide 

Continued .... 
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TABLE B.1 (continued) 

Component 
Tc Pc 

Mo1.Wt. 
Vc Zc 

(OR) (PSIA) w (Ft 3/ 
1b.mo1) 

Carbon 239.24 507.45 0.053 28.01 1 .4898 0.295 monoxide 
Su1fur 775.44 1143.489 0.256 64.06 1.9543 0.269 dioxide 
Hydrogen 671.76 1296.180 0.109 34.08 1.5699 0.284 sulfide 
Water 1164.852 3197.83 0.328 18.02 0.8971 0.231 
Ammonia 729.90 1645.94 0.250 17.03 1. 1534 0.244 
Benzene 1011.888 710.40 0.212 78.11 4.1489 0.271 
Methanol 922.752 1173.622 0.556 32.04 1.8902 0.224 
Ethanol 925.056 890.137 0.644 46.07 2.6752 0.240 
Propan-1- 966.204 749.790 0.623 60.10 3.5082 0.253 01 
Butan-1-01 1013.49 641.480 0.593 74.12 4.4052 0.259 
Pentan-1-01 1058.67 566.972 0.579 88.15 5.2222 0.261 

, 

These properties have been taken mainly from Ambrose and Townsend 
(1978)~ Values for higher a1kanes have been taken from Reid, Praus
nitz and Sherwood (1977). 

* M1BROSE, D and TOWNSEND, R, "Vapour-Liquid Critical Properties", NPL 
Report Inst. Chem. Engnrs., London (1978). 

TABLE'B.2 

Conversion factors 

Units used in 
this work 

Pressure 1 PSIA 

SI Units 

= 6.894757 x 10 3 Pa (N/m2) 
3 

mol. 6.2426 x 1O-sm3/g.mol Volume 1 ft /lb. = 
Temperature l oR = ~K 

9 

The universal gas constant was taken as: 
R = 10.7335 PSIA ft3/1b. mole OR. 
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Reciprocal 

1.450377 x 10-' 

1.6019 x 10' 
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APPENDIX C 
CONSTANTS USED IN THE EQUATIONS OF STATE 

TABLE C.l 
Generalized coefficients dj(K} and 9·(K} in the Chaudron equation 

1 

(Chaudron et aI, 1973). 

d (O) 
1 = 0.56718556 x 10 

d (O) 
2 = 0.74164072 

d (O) 
3 = 0.71094087 

d (I) 
1 = 0.16679287 X 10 2 

d (I) 
2 = 0.67454796 x 10 

d (I) 
3 = 0.77929031 x 10 

91(0} = 0.81958137 x 10- 1 

92(0} = 0.74299534 x 10- 2 

93(0} = 0.70756935 x 10- 2 

91 (1 ) = 0.35656367 X 10- 1 

92(1} = 0.14087820 

93(1} = O. 11159947 
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TABLE C.2 

Values of parameters A. and B. in the generalized Han and Starling 
J - J 

equation (Starling, 1973). 

Parameter Value 
Parameter 
subscript (j) Aj B. 

J 

1 · .............. 0.443690 0.115449 
2 · .............. 1.284380 -0.920731 
3 · .............. 0.356306 1 .70871 
4 · .............. 0.544979 -0.270896 
5 · .............. 0.528629 0.349261 

6 · .............. 0.484011 0.754130 
7 · .............. 0.0705233 -0.044448 
8 · .............. 0.504087 1.32245 
9 · .............. 0.0307455 0.179433 

10 · .............. 0.0732828 0.463492 
11 · .............. 0.005450 -0.022143 
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w 
W 
<J1 

,. 

TABLE C.3 

Optimized coefficients for the.Chaudron equation (Chaudron et al, 1973) 

Component C a ,1 Ca ,2 Ca ,3 Cb,l 

Methane 0.40967470 0.22458091E-Ol -0.91956459E-02 0.88023049E-Ol 
Ethane 0.78866631 -0.8537238 0.47932892 0.14329590 
Propane 0.43590488 -0.17353137E-Ol 0.64985006E-02 0.10015148 
Propene 0.47766385 -0.25176058 0.19929708 0.14625807 
n-Butane 0.27387763E-Ol .0.6441934 -0.25200684 0.5803150E-Ol 
n-Pentane 0.45907634 -0.50429213E-Ol 0.16830703E-Ol 0.13701341 
n-Hexane 0.46073222 -0.31919533E-Ol 0.49562734E-02 0.10964856 
n-Heptane -0.27451394 0.11752720E+Ol -0.42302919 0.44787026E-Ol 
n-Octane -0.19457486 0.11008389E+Ol -0.42560414 0.64435102E-Ol 
n-Nonane 0.16428597 0.3458626't -0.1655586E-03 0.68801827E-Ol 
Hydrogen 0.32354017 0.1640353 -0.65736106E-Ol 0.93086018E-Ol Sulfide 

. Cb,2 Cb,3 

-0.52911710E-02 0.19177828E-02 
-0.12171415 0.59102997E-Ol 

-0.4604456E-Ol 0.27707769E-Ol 
-0.10421069 0.41906842E-Ol 
0.54847368E-Ol -0.31640223E-Ol 

-0.14607899 0.91826751E-Ol 
-0.98488547E-Ol 0.76020935E-Ol 
0.82135816E-Ol -0.44797952E-Ol 
o .18707489E-Ol 0.84749789E-03 
0.16780767E-Ol -0.15390650E-04 

-0. 18007459E-Ol 0.75856515E-02 
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TABLE C.4 
.Individua11y fitted constants for the Han and Starling equation (Starling, 1973) 

Component Bo A Co Do 0 

Methane 0.723251 . 7520.29 271092 x .10 3 107737 X 10 5 

Ethane 0.826059 13439.30 295195 x 10" 257477 X 10 6 

Propane 0.964762 18634.70 796178 x 10" 453708 X 10 6 

n-Butane 1.56588 32544.70 137436 x 10 5 333159 X 10 6 

n-Pentane 2.44417 51108.20 223931 x 10 5 101769 X 10 7 

n-Hexane 2.66233 45333.10 526067 x 10 5 552158 X 10 7 

n-Heptane 3.60493 77826.90 615662 X 10 5 777123 X 10 7 

n-Octane 4.86965 81690.60 996546 x 10 5 790575 X 10 7 

a d Cl c 

Methane 2574.89 474B9 .. 1 0.468828 437222 x 10 3 

Ethane 22404.50 702189.0 0.909681 681826 x 10" 
Propane 40066.40 150520 x 10 2 2.014020 274461 x 10 5 

n-Butane 71181.80 364238 x 10 2 4.009850 700044 x 10 5 

n-Pentane 162185.00 388521 x 10 2 7.067020 135286 x 10 6 

n-Hexane 434517.00 327460 x 10 2 9.702300 318412 x 10 6 

n~Heptane 359087.00 8351150.0 21.878200 374876 x 10 6 

n-Octane 131646.00 185906 x 10 3 34.512400 642053 x 10 6 

Eo b 

301122 X 10 5 0.925404 
146819 X 10 8 3.112060 
256053 X 10 8 5.462480 
230902 X 10 7 9.140660 

390860 X 10 8 16.607000 
626433 x 10 9 29.498300 
636251 X 10 7 27.441500 
346419 X 10 8 10.590700 

y 

1.48640 
2.99656 
4.56182 
7.54122 

11 .85930 
14.87200 
24.76040 

21.98880 



APPENDIX D 
ANALYTICAL SOLUTION OF A CUBIC EQUATION 

A general cubic equation can be written as: 

(D.l ) 

or x3 + px 2 + qx + r = 0 (D.2) 

where: (D.3) 

Equation (D.2) can be transformed as follows by putting: 

(D.4 ) 

B '= ir (2p3 - 9 pq + 27 r) (D.5) 

y3 + A 'y + B = 0 (D.6) 

The procedure for solving equation (D.6) depends on the 
sign of the discriminant. 

D may be zero, greater than zero or less than zero. These three 
cases and their solutions are discussed below. 

337 



Case 1 D > 0 

In this case there is only one real root, which is given 
by: 

(D.7) 

whe re: M = (- ! + vD) 1/ 3 (D.8) 

N = (- ! -10)1/3 (D.9) 

Imaginary roots are given by: 

Y2 = - ! (M + N) + ~ (M - N)i (D.10) 

Y3 = - ~ (M + N) - ~ (M - N)i (D.ll) 

Case 2 D = 0 

In this case there are three real roots and at least two 
. are equal. Since both A and 6 can be positive as well as 

~ 
nega ti ve, D can become zero ei ther., by A and PI s imul taneous ly 

, ".' becoming zero, or by (A3/27) and' (6 2 /4) cancelling out. If A 
and 6 are both zero then we havr.three equal roots. This occurs 
at the critical point in the c~se of a cubic equation of state. 
Three roots are given by: 

(D.12) 

Y2 = - ~ (M + N) ...... (D.13) 

Y3 = - ~ (M + N) (D.14) 
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In some cases multiple roots are not detected even if they are 
known to exist. To avoid this problem we note that three roots 
in case 1 and case 2 are similar except the imaginary parts in 
equations (D.10) and (D.ll). Imaginary parts are first calcu
lated and if they are less than a given tolerance (negligible 
compared to the real part), then multiple roots are assumed. 

Case 3 D < 0 

In this case there are three real roots which are given 
by: 

where: 

Yi = 2 (1- ~) cos (~+ 120k) 

k=0,1,2 
i=1,2,3 

cj> isin degrees 
The minus sign applies when B > O. 
The positive sign applies when B < O. 

The corresponding roots of equation (D.2) are given by: 

x. = y. - ~ 
11" 

Equation (D.17) is valid for all three cases. 
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APPENDIX E 
EXPRESSIONS FOR THE ENTHALPY AND THE ENTROPY DEPARTURES 

The enthalpy departure 

The enthalpy departure is related to the equation of state 
by the following equation: 

o H - H = PV - RT + Hl (E. 1 ) 

where: (E.2) 

Hl can be calculated from any equation of state. Using the new 
equation of state (equation 4.1) we have: 

v aa 
RT T aT RT a 

Hl = f [V-b - V(V+b) + c(V-b) - V-1l + V(V+b) + c(V-b) ] dV 
00 

V aa dV 
Hl = f - (T aT - a) V(V+b) + c (V b) 

00 

(T a a a) dV 
aT - 2 / 2 2 

[(V + b~C) _ { (b~C) + bc} ] 

b+c 2 
If we let (--2--) + bc = n2 

and V +b+c_ x 
2"""""" 

Then dV = dx 
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(E.4) 

(E.5) 

(E.6) 

(E. 7) 

(E.8) 



., , 

Combining equations (E.6), (E.7) and (E.8) with equation (E.5): 

aa 1 x-n 
(T aT - a) 2n . 1n (x+n) 

Substituting for x and evaluating the limits of integration 
in equation (E.10) we have: 

aa 1 
(T aT - a). 2i1 . 

(E.9) 

(E.10) 

(E.11) 

Let ~ n = m (E.12) 

b+c and ~ n = q (E.13) 

combining equations (E.11), (E.12) and (E.13) with equation (E.1) 
yields: 

o (T aa ) 1 1 (V+m) H - H = PV - RT - aT - a . 2n' n V+q (E.14) 

This equation can also be written as: 

o . aa) 1 ZtM 
H - H = RT (Z - 1) - (T aT - a • 2n' 1 n (Z +Q) (E.15) 
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· where: mP 
M=iIT; 

Q - qP 
-RI" 

Z = PV 
RT 

For the Peng and Robinson equation 

(E.16) 

By setting b = c in equation (4.1) we have n2 = 2b 2 ; n = IZ b; 
m = b - I2b = - O.414b; q = b + I2b = 2.414b; M = -0.414B and 
Q = 2.414B. 

Therefore equation (E.15) reduces to: 

o aa ) 1 H - H = RT (Z - 1) - (T aT - a . --
2 I2b 

1 (Z - 0.414B) 
n Z + 2.414B 

For the Redlich and Kwong equation and the Soave equation 

(E.l7) 

By setting c = 0, we have n = b/2; m = 0; q = b; M = 0; 
and Q = B. 

Therefore equation (E.15) reduces to: 

o aa ) 1 Z ) H - H = RT (Z - 1) - (T aT - a . b . ln (Z+B (L18) 

For the Chaudron equation 
RT2 

H - HO = PV - RT - v=o db (T~ da 3a aT~ db 1 V err - err - m - 0 or) b ln (V+b) 

a T~ db 
+ 0 (V+b) or 
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For the Simonet and Behar equation 

o 1 V aa 
H - H = PV - RT + b ln V+b (a - TaT) 

For the Han and Starling equation 

! 
" H - HO = Cl P + C2 p2+ C3 p5+ f[p] 

where: 

4d 
C2 = ~ (2b RT - 3a - lr) 

f[p] = ~ [3 - (3 + ~ y p2 - y2 p~) exp (_yp2)] 
yT2 

The entropy departure 

(E.20) 

(E.21) 

(E.22) 

(E.23) 

(E.24) 

(E.25) 

The entropy departure is related to the equation of state by
the following equation: 
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o RT V R ap s - s = -R In (V) - f [V - (aT)V1 dV 
'" 

(E. 26) 

(E.27) 

Using the new equation of state: 

v aa 
s = f [R R + ar ldV 
1 '" V - v=o V(V+b) + c(V-b) (E.28) 

R 1 (V) aa 1 1 n (V +m) = n v=o + ar . 2n . V+q (E.29) 

where m and q are given by equations (E.12) and (E.13) respectively. 
Combining equation (E.29) with equation (E.26) yields: 

S so 1 (RT) 1 (V) aa 1 1 (V+m) - = -R n -V - R n V-b - aT· Tn· n V+q (E.30) 

S so R 1 (RT) aa 1 1 n (V+m) ,- = - n V-b - aT . 2n . V+q (E.31) 

This equation can a,lso be written as: 

o P - aa 1 Z+M 
S - S = -R ln T-B' - ar· '2i1 • ln (T+Q') (E.32) 

where M, Q and Z are given by equation (E.16). 
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For the Peng and Robinson equation 

The following expression for the entropy departure is obtained 
by setting c = b in equation (4.1). 

o P 3a 
S - S = -R 1 n - - ."". Z-B 3, 

1 1 (Z - O.414B) 
2/2 b· n Z + 2.414B 

For the R-K and S-R-K equations 

c = 0 in equation (4.1). 

For the Han and Starling equation 

where: 

S = et d pS 
3 5T2 

S = ~ [1 - (1 + ~ y p2) exp (_ yp2)] 
4 yP 
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(E.34) 

(E.35) 

(E.36) 

(E.37) 

(E.38) 

(E.39) 



Evaluation of ~~ for the new equation 

Since a = Qa . 
R2T 2 

c 

U = [1 + F (1 - T ~)]2 
r 

F[l + F(l - T !)]2 
iT = - T! T~ r 

c 

= 
F F u T -~ 

----,,..,u:.,.. = r . 
T i T~ -""T~c--'

c 

Combining equation (E.43) with equation (E.41) yields: 

_l 
- F u T 2 

r 

(E.40) 

(E.41) 

(E.42) 

(E.43) 

(E.44 ) 

Expressions similar to equation (E.44) can be obtained for 
the P-R equation and the R-K equation. 
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APPENDIX F 
CALCULATION OF PURE COMPONENT FUGACITY 

The fugacity of a pure component is related to the equation 
of state by the following equation: 

f V P 1 
1n ~ = Z-l - 1n Z - f (RT - V) dV 

00 

(F.1 ) 

Using the new equation of state 

P _ 1 a/RT 
RI - V-b - V(V+b} + c(V-b} (F.2) 

V P 1 V 1 1 a V dV 
f (W - V· ) dV f [ ] dV f 

00 '" = 00 v:o - V - RI 00 V(V+b}+ c(V-b} 

(F.3) 

1 (V-b) a 1 (v+m) = n ~ -~ n V+q (F. 4) 

= 1n (~) a 1 (Z+M) 
L - 2RIn n Z+Q (F.5) 

Hence: f Z-B a Z+M 
1n ~ = Z-l - 1n Z - 1n (T) + 2RTn 1n (r+q) (F.6) 

where m, q, M, Q, Z, Band n are the same variables defined 
in Appendix E. Equation (F.6) can be written as: 

f a Z+M 
1n f = Z-l - 1n (Z-B) + 2RTn 1n (1+q) (F.7) 
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By setting c = b (for the Peng and Robinson equation). 

f a Z - 0.414B 
ln p = Z-l - ln (Z-B) + 212 b RT ln (Z + 2.414S) (F.8) 

By setting c = 0 (for the Soave equation) 

f a Z 
ln p = Z-l - ln (Z-B) + bRT ln (Z+B) 

For the Han and Starling equation (Starling 1973) 

where: 

d C2 = bRT - a - r 

d 
C3 = a( a + r) 

. c 
C =-
4 yT 2 
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Fugacity of component i in a fluid mixture 

The fugacity of component in in a multicomponent mixture is 

given by: 

RT ln ( fi ) fOO [(2.£.) - ~ ]dV -x:v = an v- RT ln Z (F.ll) 
1 V i T,V,n. 

- J 

V = nV 

where: V is the total volume; V is the molar volume and n 
is the total number of moles. xi is the mole ,fraction 
of the ith component in the liquid or vapour phase. 

Using the new equation of state: 

RT a 
p ,= v=o - V2 + (b+c) V - bc 

(F.12) 

RT 
= v-. 

TT - b 

a (F.13) 

(~ + (b+c) * -bc) 
n2 

= RT _a (1, _ b) -1 __ a_ ( _' __ a=--___ ) 
ani n· ani V2 V 

RT _a_ (~ _ b)-1 = 
an. n ' 

1 

V 
RT (.=. + b ') 

n2 
--"----= A 

V 2 
('n' - b) 
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=. + (b+c) iT -bc) 
n2 

(F.14) 

(E.15) 



a a =a'q-aq' 
an. (-q) 

1 q2 
(F .16) 

where: 
V2 V 

q = =- + (b+c) = -be 
n2 n 

(F.17) 

q' = (~) = _ 2~2 _ (b+c) V +! (b'+c') _ bc' - cb' 
ani T.~.nj n3 n2 - n 

a' = (~) 
an. T.V. n . 

1 - J 

a a = ~ _ aq' 
an. (-q) q 

1 q2 

"" 

b' = (.JE..) . c' 
an. T. V • n .' 

1 - J 

(F.18) 

= (.1£.) 
an. T. V • n . 

1 - J 

. f a' ~ RT 
1n (x:l') = f [(A - - + ) - V ]d~ - RT 1n Z 

1 V q q2 
(F.19) 

"" Iv + n 2 b' f A d~ = RT d~ 
V (~ - bn) 2 

(F.20) 

(F.21) 

RT [(1 (V b) bn ) _ n2b' 1 ']"" = n _ - n - (~ _ bn) (~ _ bn) V 

'(F.22) 
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'" f ~ dV = n2a' f 
q - V 

V2 + (b+c) 

dV 

nV - bcn 2 

dV 
= n2 a' f -----

(~ +a) 2 - 13 2 

CL = 
(b+c)n 

2 

a' _ 2, " - 713 f 
1 

f q d~ - n a t,~ + CL + 13) + 

'" f ~ dv 
2 -V q 

(F.23) 

(F.24) 

(F.25) 

(F.26) 

(F.27) 

= an f-2[V 2+ (b+c)nV - bcn2]+n2(b'+c')V- (bc'+cb')n 3+(b+c)nV-2bcn 2
dV 

q2 

= an f[ -2q + ~ V - (bc' + cb')n3 - 2bcn2 dV 
q2 

(F.2B) 

(F.29) 

f 
-2 -+ q 

! (2~ + (b+c)n) - (bc'+cb')n 3- 2bcn 2 _ ~(b2c)n 
= an 
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where: 

~ (2! + (b+c)n) 
E2 = 

$ = n2 (b' + c') + (b+c)n 

y = _ (bc' + cb')n' - 2bcn 2 _ $(~+C)n 

1 ! + ~ - B ~ 
= - B [In (v + ~ + B)]! as derived earlier. 

~ ~ 

f E dV = 1 f 
V 2 - 2 V 

2V + (b+c)n 
2-· 22 d! 

(! + (b+c)n! - ben ) 

: ~ [ -l]~ . (t + (b+c)n! - bcn1
) 
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(F. 31 ) 

(F. 32) 

(F.33) 

(F.34) 

(F.35) 

(F. 36) 

(F .37) 

(F.38) 

(F.39) 



dV (F.40) 

R1, R2, R3 and R4 can be obtained by expanding the numerator and 
equating coefficients. Thus: 

(F.41) 

R = _1_. 
2 4B 3 ' 

fE dV = J..... [-B + 1n (~+a+S) 
3 - 4B 3 (.'{-kl+S) 

(F.42) 

(F .43) 

2 
n a' -"2]" 

v + a-- S 1 V + a- - S 
1n (y + a + S)l~ + an {- a 1n (y + a + S) 

_ t ( 1 ) 
2 V2 + (b+c) nV -bcn2 
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_.-

<X> 

2~ (V + a) ]}V - RT[ln ~]~ - RT In Z 
(~+a) 2 _ ~2 

From the mixing rules: 

x. a .. 
J 'J 

1 
= =n I In," n" a." 

J 'J 

a I = - ~ I In," n" a." + _1 2 In. a." 
n3 J ,J n2 --J'J 

b = 'x. b. = 1 'n. b," L., , nL., 

C' 
1 

~ b) = - (b. n , 

Let d = §. n 

1 X = - (V + a) n -

354 

(F.44) 

(F.45) 

(F.46) 

(F .47) 

(F.48) 

(F.49) 

(F.50) 

(F.51) 

(F.52) 

(F.53) 

(F.54) 



For n = 1, 

v + a + 8 = X + d 

v + a - 8 = X - d 

v + a = X 

(~ + a)2_ 82 = X2 _ d2 

~ = b' + c' + b + c 

y = - ~ (3bc' + 3b'c + 6bc + bb' + cc' +b 2 + c2 ) 

Taking limits and writing the fugacity expression in terms of 
molar volumes. For one mole: 

f. V-b bb' 
RT ln (;:lr) = -RT ln (V) - RT ln Z + RT (il=lJ + v:o) . 

1 

a' X-d a X-d 
+ N ln (X+d) + er ln (X+Cf) 

+ a(b' + c' + b + c) + ~ (3bc' + 3b'c + 6bc + bb' + cc' 
2(X2 _ d1

) 8d 3 

+ b2 + c2 ) [In (t~ ) - 2Xd 1 x2 _ d 2 
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(l.l"L.~) ~ 
, .J.r. = RT ~(Z-B) 

1 

+ RT b+b' - (~+;) 1n (~+_~) (V-6) LU U 

+ a(b' + c' + b + C) 

2(X2 _ d2 j 

- ~ [(b' + c')(b+c) + (b+C)2 
Sd 3 

+ 2 (cb' + bc') + 4bc] [ 2Xd 
X2 _ d2 

bi = -RT 1n (Z-B) + RT (V-b) 

a(b. + c.) 
+ 1 1 + __ a__ [3b (Cl' - C) + 3c (b

1
. - b) + 6 bc 

2(X2 _ d2) Sd 3 

+ bb: + cc.] [In (~) _ 2Xd ] 
1 1 A-U X2 _ d2 

Conversion to Peng and Robinson equation 

'By setting c = b, equation (F.57) reduces to: 

f. 
1n x.lr = - 1n 

xi 
(Z-8) + bi _ LXj aij 1n (V + 2.414b) 

v:o I'l RTb V - 0.4146 

(F.56) 

(F. 57) 

+ 
[(V+b)2 - 2b2]RT 

+ _-...e;.a __ _ 

Sx21'lb 3 RT 
(Sbb )[1 (V+2.414b) 

i n V-0.4146 

_ 2,!2b (V+b) ] 
(V+b)2 - 2b 2 
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2Ix. a1· J· b. V 2414b = -In (Z-B) _ a [ J __ 1 ]In ( +. ) 
212" bRT a b V - o.414b 

From the equation of state: 

Z aV/RT 
Z = -Z --B - -{ V-+"":b ):..:2.!....:_c:..:......

2b
- 2-. (F.59) 

The last term in equation (F.58) becomes: 

bi B Z 
- ( - + Z - ...... ) b Z -B .. L-O 

b. 
= i (Z-l) 

, In 1 (Z B) a [ 2Ixj aij bi ]l (V + 2.414b) 
= - n - - 2/2 bRT a - 11 n V - O.414b 

b. 
+-i{Z-l) 

= _ In (Z-B) A [2 I Xj a ij _ bi ]l (Z + 2.414B) 
- 2>12 B a 11 n Z - o.414B 

b. 
+ i (Z-l) 
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Conversion to Soave equation 

By setting c = 0, equation {F.57} reduces to: 

f. 
1n {x.

1
p} 

1 

b. 2/:x.a .. Vb 
= -In {Z-B} + V-b - b~T 1J 1n {-V-} 

ab. 
+ """717":-;,-1..-nT + a 

2V {V+b)RT b3 RT 
b{V + ~} 

{bb
i
} [In {V~b} - ] 

V{V+b} 

bi aV /RT bi = -In {Z-B} + V-b - V(V+b} 1) 

a 2/:x.a .. b. b 
- bRT [ ~ 1 J - T ]1 n {1 + V} 

The Soave equation is: 

RT a 
P = V-b - V(v+b) 

_ PV _ V aV/RT 
Z - Ri - V-b - V(V+b) 

_ Z aV/RT 
Z - T-K - V(V+b} 

f.· b. 
1n {x.p} = -In {Z-B} + ~ {Z-l} 

1 

A 2Ix.a .. b. B 
- l!" [ ~ 1 J - ~ ]l n {1 + z:} 
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{F.63} 

{F.64} 

{F.65} 

{F.66} 
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Fugacity of the ith component in a fluid mixture using Han and Starling 
equatlon 

where: 

As before we need to evaluate (~) an. T, V, n . 
1 - J 

d C2 = bRT - a - T 

cn 3 2 n2 I + __ [( ny + _Y_ ) e 
T2V3 V2 V2 

n2 
-y-

VT 
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- (1 n2 2 2 I + .Y!!:.)( ny + .!!...L) 
V 2 V 2 V2 

(F.68) 

(F.69) 

(F.7D) 

(F. 71 ) 

n2 
-y-

e y"
2

] 

(F.72) 



The last term 

cn 3 

where Cl " C2' etc are the differentials of these constants with 
respect to the number of moles of component i. 

i.e C ' 1 

C' 0' E' 
C ' = B ' RT - A ' 1 0 0 

o 0 0 --+--- (F.73) 

d' C ' = b' RT - a' 2 - T 

T2 T3 T4 

(F.74) 

(F.75) 

2 
In equation (F.72) only the last two terms contain exp (_ yn ). 

V2 

The last two terms can be expanded as follows: 

Last .two terms = C _1_ e 
5 V3 

Integrating w.r.t. V 

J = C5 J _1 e 
. V3 

_ yn 3 _ yn 2 

V
2 + C _1_ e V

2 

6 VS 
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J _1 e 
V 

(F. 76) 

-~ -~ 
V

2 
dV + C

7 
J _1 e 'i2 

dV 
V7 

(F.77) 



where: 

Cs = --' (c'n 3 + 3 cn 2) 
T2 

cn 3 

C7 = - - (2ny + n 2y' ) 
T2 

yn 2 

_ yn 2 _ yn 2 

a v2 = 2yn 2 v2 
Since av (e - ) e 

V 3 

_ yn 2 
-~ 

f 
, V2 

dV 
, V2 

--e =--e 
V3 2yn 2 

_ yn 2 _ yn 2 

f 
, V2 

dV ' , V2 
--e = f --. -- e 
VS V2 V3 

Integrating by parts: 

_ yn 2 

(F.78) 

(F.79) 

(F.80) 

(F.8') 

(F.82) 

dV (F. 83) 

_ yn 2 

f [--' 
, V2 

= -- e - 1 
V3 2yn 2 

f-'-e V
2 

-2 dV (F.84) 
2yn2 V3 

-~ 
= _,_ [ __ , + _,_ 1 e V2 

2yn2 V2 yn 2 (F.8S) 

Similarly: 
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Similarly: 

J _1 e 
V7 

J_1 ._1 e 
V2 VS 

(F.86) 

_ yn 2 

1 1 1 --(- + -) e 
2yn2 'i2 yn 2 

V2 

(F .87) 

= _1_ [(_1 + _1_) 2 + (_1_) 2 ]e 
2yn 2 V2 yn 2 yn 2 (F.88) 

Substituting these integrated terms (equations (F.88), (F.8S) and 
(F.82)) with limits into equation (F.77): 

-~ 
C V2 

= .....:...s..- (1 - e - ) 
2yn 2 

_ yn 2 

C7 V2 
e 2e +-- [- -

_ r.rt. 
[_1 + _l_]e V

2 

V2 yn 2 

_ yn 2 

C6 V2 
+ _1_ (1 e +-- [- -

2yn2 V2 yn 2 

-~ -~ V2 
2 ( 1 V2 

+ - e -) ] 
2yn2 V4 '!..2yn 2 (yn 2)2 

362 

(F.89) 

-~ 
- e 'i2 )] 

(F.90) 

dV} 



C5 f = - [2 - ( 
2yn 2 

- 2} (F.9l) 

Now consider other terms in equation 

f 
aP RT . n 

[( an.)T, V,n. - v 1 dV = (2C l + nC l ') ["- dV 
1 - J - V2 

+ equation (F.9l) (F.92) 

n
S 

'" + (6C3 + nC 3') [- - lV + Equation (F.9l) 
5V s 

(F.93) 
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, + Equation (Fo91) (F 0 94) 

The expression for the fugacity is obtained by using equation (Fo11) 

fo 
1 RT 1 n .,.,..,.. = 

Xor 
1 

+ Equation (Fo91) - RT 1nZ 

+ ~ (nD' + 2D ) - __ 1 (nE' + 2E )]p 
T3 0 0 T~ 0 0 

+ [¥ (nb' + 3b) - ~ (na' + 3a) - ir (nd' + 3d)]p2 
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+ [} (a + ~)(na' + 6a) + ~ (a' + d;)]ps 

+ (c'n 3 + 3cn2
) 

2 Y n2T2 

cn 3 

+ --='----
2T2 (n2y ) 2 

- RT ln Z 

2 

[2 - (2 + yp2) e-YP ] 

(2ny + n2y') 
2 

{[(p2y )2 + 2yp2 + 2]e-YP -2} 

. (F.96) 

Differentials Bo'. Co' etc. are obtained in terms of the differentials 

of critical constants as follows: 
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w' 
m 

(F.97) 

(F.98) 

(F.99) 

(F.100) 

(F.10l) 



+ V T 3 B w'} 
cm cm 3 m (F.102) 

(F.103) 

y' = 2 V V' (A + B w) + V 2 B w' cm cm 4 4 m cm 4 m (F. 1 04) 

(F .105) 

(F.106) 

(F .107) 

a' = R {[(T V )' V +T V V'] (A6+B6wm)+TcmVc2mB6wm'} cm cm cm cm cm cm 

(F. 1 08) . 

(F. 109) 

ex' = 3 V 2 V' (A + B w) + V 3 B w' 
cm cm 7 7 m cm 7 m (F .110) 

(F.11l) 

(F.112) 
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(F.1l3) 

0' = R {[(T V )' T 3 + 3T 2 T' (Tern Vcm)](Ag + Bg wm) cm cm cm cm cm 

(F.1l4) 

(F.1l5) 

d' = R [2(TcmV cm)(\mV cm)' (AlO+BlOwm) + (\mV cm) 2B10wm' ] 

(F.116) 

(F.ll7) 

(F.1l8) 

The differential of the critical constants are derived as 

follows: 

where n = total number of moles. 
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-2 1 
- - I In. n

J
. TC1· J. V .. + - 2 \ n. T .. V .. 

n 3 i j 1 C1J n2 J J C1J C1J 

2 = - [~ x. T .. V .. - TV] 
n , J C1J C1J cm cm 

J 

(For one mOle)= 2 (I x. T .. V .. - TV) 
j" J C1J C1J cm cm 

(T V ) I = _a_ (T V ) 
cm cm ani cm cm T,V,nj 

Similarly, 

V = I I x. x. v- .. 
cm i j 1 J C1J 

T I = 
cm 

T V I 1 Tcm Vcm (cm cm) = _ (T V ) I _ --.::::.::...--.:::::.: 

Vcm Vcm cm cm (V
cm

)2 

- 1 [(T V ) I T (V ) '] - V-- cm cm - cm cm 
cm 

"(Foronem01e'=v2 [~x.T .. V .. -T Ix.v .. ] 
1 cm J J C1J C1J cm j J C1J 

1 Z = \ Z . Xl. = - I n. Z . 
cm t Cl n 1 Cl 
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(F.120) 

(F.121) 

(F.122) 

(F.123) 

(F .124) 

(F .125) 

(F .126) 

(F.127) 

(F.128) 

(F.129) 



Zci 
Z' =--

cm n 

? Z . n. 
1 Cl 1 

n2 

- 1 (Z - Z ) - n ci cm 

(For one mo 1 e) = ZC
1 

- Zcm 

~' = 1. (w. - w ) --m n 1 m 

(For one mOle) = wi - w m 

(F.130) 

(F.131) 

(F.132) 

(F.133) 

When Han and Starling mixing rules are used, the following 

expression for the fugacity is obtained (Starling, 1973). 

+ 2p LX. [- (A .A .) ~ (1 - k .. ) -
j J 01 OJ lJ 
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(C . C .)~ 
01 oJ (1 

T2 
_ k .. ) 3 

lJ 



(F .134) 
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APPENDIX G 

ALGORITHMS FOR VAPOUR-LIQUID EQUILIBRIUM CALCULATIONS 

Prediction of the vapour pressure 

The calculation of the vapour pressure Ps at a given temp
erature requires the simultaneous solution of the following equa
tions for vapour-"liquid equilibrium (Benedict et al, 1940). 

(G.l ) 

(G.2) 

where L and V refer to the liquid and vapour respectively. 

The steps in the algorithm for the prediction of vapour 
pressure are as follows: 

1. Initial estimate of the vapour pressure Psis made and 
pL and pV are set equal to Ps. 

2. Liquid and vapour densities are calculated by solving for 
the largest and smallest roots satisfying the equation of 
state with P = Ps and T = T (given). 

3. Liquid and vapour densities are used to calculate the 
liquid and vapour fugacities using the fugacity expression 
derived from an equation of state. 

4. A new estimate for Ps is obtained as follows: 

Ps,i = 0.999 x Ps,initial for i = 2 (G.3) 
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V L 
(P . - Ps,i-l) x If - f I i 

P . = P - -s'-',,.'r---,i'-'-'---'--.... .----r---'- for i > 2 
s" s,i-l If V lli - If V - lli_l 

(G.4 ) 

where i refers to the number of iterations. 

5. Steps 2 to 4 are repeated until equation (G.2) is satisfied 
within a specified tolerance or 11 - fLffV I is less than 
0.001. 

Usually 3 to 4 iterations are required to obtain the vapour 
pressure. The computer program is given in Appendix H. 

Prediction of the bubble point pressure 

This algorithm sets out a method for calculating the bubble 
point pressure and vapour phase compositions given isothermal 
condition and liquid phase compositions. If vapour phase compo
sitions are given then this algorithm can be easily changed to 
predict liquid phase compositions. The steps are as follows: 

1. Set the temperature, T and liquid phase compositions xi' 

2. Guess a value of P and set the fugacity coefficients, ~i 's 
to 1.0. 

3. Use mixing rules to evaluate mixture parameters and transform 
the equation of state into the form F[p] = O. Solve the 
resulting equation for the maximum root corresponding to 

4. 

5. 

the liquid phase density, pL. 

pL is used with the fugacity expression derived from the 
equation of state (see Appendix F) to calculate the liquid 
phase fugacity, f; for each component. 

Calculate vapour phase compositions Yi'S using: 
f.L _ , 

Y i - ~;P 
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and store their sum as SUM 1. Thus: 

SUMl = I Yi (G.6) 

6. Normalize Yi's. 

7. 

8. 

, , 

=~ Y i SUMl (G.7) 

Using these Yi's calculate the vapour phase density pV 
by solving F[p] = 0 for the minimum root. Calculate the 
vapour phase fugacity, f{ for each component using the 
fugacity expression derived from the equation of state and 
Ij 

p . 

Calculate new Yi'S from Yi,new 
f.L 

1 
=f:lYi,old 

1 

(G.8) 

and store their sum as SUM 2. 

SUM2 = I Yi,new (G.g) 

Calculate partial pressures P. 's and store their sum as 
1 

SUI·\P. 

P = Y P i i ,new 

Use Y
1
' n to calculate , ew 

Repeat this'with step 7 

SUMP = L Pi (G .10) 

pV and f. V for each component. 
1 

until the following condition is 
satisfied for each component 

(G.ll) 

9. Transfer the value of SUMP to P and repeat steps 2 to 8 
until the following condition is satisfied: 
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Estimate P 
<Pi = 1.0 

1 

Cale. mix. para. 
Liq. phase 

Solve F[p] = 0 
for pL 

, 

L L f. = F[P,T,p .,x.,w.] 
1 . 1 1 

L y. = f. /<P.P 
1 1 1 

SUMl = L Yi 

y. = y./SUMl 
1 1 

No Is 
L V fi =f. 

? 

f.L 

Yes 

_ 1 

Yi,new- f.V'Yi 
1 

SUM2 = }:y. ne 
1, W 

Pi = Yi,new' P 

SUMP = L Pi 

Cale. mix. para. 
vapour phase 
Solve F;[p] =;0 

for pV. 

fi
V = F[P,T,pV'Yi'w1] 

, *L _____ ...L.. __ --.. ....... 

Is 
SWMP=P 

? 

• 

No 
~ 

Yes 

Is No _ 
SUM2=1.0 

? 

Yes 

I I Print resul ts 
P, Yi 

(OUTPUT] / 

FIGURE G.l Flow diagram for the prediction of the bubble point 
pressure 
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I
SUMP - PI < 0 00001 SUMP . (G.12) 

Check if ISUM2 - 1 I < 0.00001 (G.13) 

When equations (G.ll), (G.12) and (G.13) are satisfied, 
the calculated pressure P is the bubble point pressure (see 
Appendix H for the computer program). 

Prediction of the bubble pOint temperature 

The steps in the algorithm for the prediction of the bubble 
point temperature are as follows: 

1. Set the pressure P and liquid phase compositions xi' 

2. Guess the temperature T and set the fugacity coefficients 

<Pi's to 1.0. 

3. Evaluate mixture parameters using appropriate mixing rules 
and transform.the equation of state into the form F[p] = O. 
Solve the resulting equation for the maximum root corres
ponding to the 1 i qu·id phase dens ity, pL. 

4. Calculate the liquid phase fugacity, fiL for each component 
·using pL in the fugacity expression derived from the equation 
of state (Appendix F). 

5. Calculate vapour phase compositions Yi's using equation (G.5) 
and· store their sum as SUM1. 

6.. Normalize Yi's using equation (G.7). Using these y. 's repeat 
steps 3 and 4.for the vapour phase (Calculate pV an~ f. V). 

. 1 

7. Calculate new Yi's from equation (G.B) and store their sums 
as SUM2. 
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\ 

I 

\ 

, 
Read data 

(INPUT) 

/ 
, 

Read 
P, all xi 

! / 

Estimate T 
<Pi = 1.0 

Ca 1 c. mi x . pa ra . 
L iq. phase 

Sohe F[p] = 0 
for pL 

. L 
Yi = fi NiP 

SUMl = L Yi 

. Yi = Y;lSUMl 

- Readjust T ~ 

~ 

No 

Is Yes Is 

V
L V )--..c....::.=--_..-.:'. SUM2 = 1.0 

f; = fi ? 
? 

f.L 
1 

Yi ,new = f.V. Yi 
1 

SUM 2 = L Yi,new 

Ca 1 c. mi x. pa ra . 
vapour phase. 
Solve F[p] = 0 

for pV. 
V V fi = F[P,T,p 'Yi'wi ] 

Yes 

I 
Print results 

T, Yi 
\ 

FIGURE G.2 Flow diagram for the prediction of the bubble point 
temperature. 
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s. Use Yi,new to calculate pV and f i
V (for each component). 

Repeat this with step 7 until the condition defined by equa
tion (G.11) is satisfied. 

9. Check if equation (G.13) is satisfied. 
fied then adjust the temperature, T as 

If SUM2 > 1.0 Tnew = 0.9ST 

If SUM2 < 1.0 Tnew = 1.02T 

For N1 > 2 Tnew = T - f:, 

where f:, = SLOPE x (SUM2 - 1) 

T - TOld 
SLOPE = SUM2 - SUMY P 

for N1 

If it is not satis-
follows: 

= 2 (G.14) 

(G .15) 

(G.16) 

(G.1?) 

N1 is the number of "full" iterations and SUMY P is the 
sum of Yi's for the previous iteration. TO.avoid diverging itera
tion, it is necessary to use a control statement so that the magni-' 
tude of f:, does not exceed 10% of the current temperature (see Appen
dix H for the computer program). 

Prediction of the equilibrium ratios 

This algorithm sets out a method for calculating the equi
librium ratios or 'K' values (y./x.) at a given pressure P and 

1 1 . 

tempera ture T. 

1. Set the temperature T and pressure P. 

2. Guess values of the equilibrium ratios Ri. So called ideal 
K values (the ratio of vapour pressure to system pressure)· 
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can be conveniently used as first estimates of Ri. 

3. Calculate xi's and Yi 's using Ri's. 

Zi 
xi = R.V + 1 - V 

1 

(G.18) 

(G.19) 

where Zi 's are compositions of .feed and V is the amount of 
vapour (lb.moles) obtained from one lb.mole of the feed 
mixture at equilibrium. V is obtained by solving the follo
wing equation. 

i=n 
L 

i = 1 

Z.{l-R.) 
1 1 

R.V+(l-V) 
1 

For binary mixture: 

= 0 (G.20) 

(G.2l) 

(G.22) 

. 4. Calculate mixture parameters and solve the equation of state 
for the liquid phase density, plo 

5. Calculate the liquid phase fugacity, fiL for each component 
using pL in the fugacity expression derived from the equation 
of state. 

6. Calculate vapour phase compositions, Yi's using equation (G.5) 
and store their sum as SUMl (equation G.6). 
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I 

\ 

\ 
Read data 

(INPUT) 

~ 

Read 
\ 

T , P 
) 

Estimate Ri 

Calc. xi' Yi 

Calc. mix. para. 
1 i q. phase. 
Solve F[p] = 0 

for pL 

i 
L 

fi IXi R,. = .....:....,-..:. V f. Iy· , , 

No 

~ 

Is Yes 
f. L = f. V >----------+0 , , 

SUMl = L Yi 
y. = y·/SUMl , , 

? 

Cale. mix. para. 
Vapour phase. 

l----~.~ Solve F[p] = 0 
for V 

f. V P V = F[ ,T ,p ,y. ,w.] , , 1 

I \ 
Print results 
\ xi' Yi' Ri J 

FIGURE G.3 Flow diagram for the prediction of the equilibrium ratios 
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7. Normalize Yi's using equation (G.7). Using the normalized 
Yi'S calculate mixture parameters and solve the equation of 
state for the vapour phase density. pV. Calculate the vapour 
phase fugacity. f i

V for each component. 

8. New values of Ri's are given by: 

L 

R. = 
fi /xi (G.23) 

1 V f. /y. 
1 1 

Repeat steps (3) to (7) with new values of Ri given by equa-
tion (G.23) unti 1 equation (G.ll) is satisfied. 

(See Appendix H for the computer program). 
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APPENDIX H 
LISTINGS OF COMPUTER PROGRAMS 

The following computer programs are listed in this Appendix: 

1. Program for evaluating constants F. K and n required in the 
temperature functions. 

2. Program for the prediction of equilibrium pressure' and 
vapour phase mole fractions using the modified Peng-Robinson 
(M~P-R) equation., the Peng-Robinson (P-R) equation and the 
Soave (S-R-K) equation. 

3. Program for the prediction of equilibrium temperature and 
vapour phase mole fractions using the M-P-R. the P-R and 
the S-R-K equations. 

4. Program for the prediction of equilibrium ratios using the 
M-P-R. the P-R and the S-R-K equations. 

5. Program for the prediction of equilibrium pressure and 
vapour phase mole fractions using the Han and Starling 
equation with van der Waals mixing rules. 

6. Same as (5) but Han and Starling mixing rules are used. 

7. Program for the prediction of compressibility using the 
generalized versions of the M-P-R equation. 

8. Program for the prediction of vapour pressure. 

9. Program for the prediction of pure component density using 
the M-P-R. the P-R and the R-K equations. 
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387 

395 

402 

408 

414 

419 

424 

428 

10. Progra~ for the prediction of mixture density using the M-P-R 432 
equation. 
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MASTER FlTTIN!\ PROGRAM NO.1 
~*****.***.*.*.*****.*************.*.** •••• *********.* ****.**.** •••••• ** •• 
~**~* TMI~ PROGRAM EVALU4TeS CONSTANTS F,K AND N REQUIRED ~OR DES~RjBING 
~**** THE TEMPERATURE DEPENDENCV O~ CONSTANT A IN THE MODIFIED PR 
~ •• ** EQUATION. THE FOLLOWING TWO TEMP. FUNCTIONS ~RE FITTEO BV 
~*.** LEA~T SaUARE. 
~**** ,. ALPHA:C'+F*(1~TR**O.5)i**2 
r.**** 2. AL?HA=EXP(K*C'~TR**N» 
r.**** EXP~RIMENTAL VALUES OF SATURATION pRESsURES AND TEMPFRATURES ARE 
r.**** USEn: 
~.+.****.***********.** •• ***.****.* •• ********.**.***.***.~.****.* •• *.*.*J 

DIMFNSloN C(5),VGG(SO),VLL(SO) 
COMMON/RL1/X;XX,N3.TRR(50).P(50).T(50).OM~G~(50)'S(1n);C1 
WRITECZ;296) 
WR I TE t 2;'298) 
WRrTECL29S) 

.106 CONTINUF. 
REAriC1 ;177>U 

r.**** 'U 1<:: 
r.**** 'IF T 

r.**** IF T 
r.**** IF T 

USED TO iDE~TiFV UNITS OF TEMP. AND PRESSURE 
IN FAHRENHEIT AND P IN PSIA U=' 
IN KELVIN AND P IN BARS U=3 
IN CENTlG~AOE AND P IN MM HGU= ANY' NO: 

REAn (1.15n) N3 
r..*** N3is NO. OF nATA POINTS 
r.**** I~PIIT CRITICAL CONSTANTS 

REA n C 1.114) Te. PC; we. w1 • R 
CON<::T=0:37464+1~S422ft*WC~O.2ft992*WC*WC 

r.**** CON<::T I~ PR CoNSTANT K • THIS IS USED TO EVALUATE INITIAL ESTIMATE 
r.**** OF ALPHA 
r.**** 

REAnC1.15n)M 
r.**~*H I~ NO~ OF ZH VALUEs FOR WHICH F,K ANn N ARE TO BE EVALUATED 
r**** 
r.**** INPIIT SATIJRATlON DATA 

REA n ( 1 • 1 1 3) .( T C I> ;.P ( I) • VG G ( I ) • V LL Cl)! I = 1 , N 3' 
'L=1 

1nS CONT~NUF. . 
IFeI .GT.HlGO TO '06 
REAriC1,130)ZEXP 

r.**~. 
r.**** IN?IIT VALUES of :tH (CALLED ZEXP) FOR WHICW F,K ANn N ARE TO BE 
r.**** EVAlUATED 
r:**** 
r.**** OHAr;OM~ AND OMC ARE EVALUATED 

cC1i=1.0 
cC2i=2.0·3.0*zEXP 
CC3~=3.0*7EXP*ZE~P 
cc 4\ = .. ZFXp· .. 3. 0 
CALl SOLVfCZMIN,ZHAX;C) 

r.**** SUBPOUTINF SOLVE IS USED TO SOLVE THE CUBI~ EQUATIoN 
OMB=ZMAX 
OHC=1.0~3:0*ZEXP 
OMAr=3.n*7EXP*ZEXP+3;O*C1-2.0*ZEXP)*OHB+OHS*OMB+OHC 
BB=M111*R*TC/Pr. 
CC:nHC*R*'TC/PC 
WRITE(2~240)Tr.,PC.WC.W1,R 
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WRITEI2.350)Zf.XPIOMAe.OM8.0Mr.,CONST 
WRITE(2:2Q6) 
WRITEl2;51l 
WRITEI2;296) 
DO 1.0 I=L'N3 
IF/I :6T'.";1> GO 'TO 58 
IFIII.EQ'.""GO 'TO 600 
IFIII:EQ':3lGO 'TO 69 
PCI1=P(1).14.1.959161760.0 
T(ll=CTCll+27~.'6).9:0/5.0 
TRR (!) ='T(!) I Tr. 
GO TO 58 

69 TCli='TCll.':S 
PCI\:P(ll*14.5037 
TRR (ll =T( J) ITe 
GO TO 53 

600 TCli::TCi'+459;67 
TRRt!) "T( I) 1Tr. 

58 CONTINUE 
VGGrll=VGGCll.W1 
VLLtll=VLLCll.W1 . . 

~*** •. !NITI4L ESTIMATE nF ALPHA(tALLED OMEG~A) IS OBTAINED 
OME~AA=C1~0+CONST*C1~TRRCI'~.0.5".·2 
D2=~nRT(BR.CC+0~25*(RB+CCl •• ~' 
D1::n.S*(BR+CC)-02 
D3::n.S*(aR+CCl+D2 
PR:p(\) IPC 
B=8R.PCII/R/TCI) 
CCC"CC*PCll/R/T(ll 
CC1i=1.0 
cC2i=ccC.,.1.0 
N=O 

710 CaNT! NUF 
N=N .. 1 
AA=nMAC.OMEGAA*R*R*TC·TC/PC 
A=AA*P(I)/CR*R*TII~*TCI» 
CCJ)::A~2*R*CCr.~B*B~B~CCC 
C(4)::B*B*CCC~A*B.B*CCC 

r.**** EQUATION OF STATE IS SOLVED FOR COMPRF.SSIBILITIES OF LIQUID AND 
r.* •• * VAPOUR pHASES 
r.**.* 

CAll· SOlVF.CZMIN. ZMAX;C) 
ZL=HIlN. 
ZV=7IUX 
IF(ARS(1.0~ZL/ZVl.LE:O.01'GO TO 800 
VLE=ZL*R*TCIl/PCll 
VV E = ZV. R* T Cl 1 / PC I 1 

r.**** LIQ~IO ~ND VAPOUR FUGACITiES ARE CALCULATEO 
FL1=(AA/(2.0.~*Trl)*D2)l*ALOG«VL~+D1l/(VLE+D3» 
FL2=ALOG(lL~Bl . 
FV1=CAA;(?O*R*T(T'*D2»*ALOG«VVE*01l/(VVE+D3» 
FV2=AlOGCZV .. Bl 
ZZL=ZL-1.0-FL2+Fl1 
ZZV=ZV-1:0-FV2+FV1 
FL=p( l,.eXP(ZHl 
FV=o( I "EXP (ZZV) 
FVFI =ABSCFV"FL) 

r**** EQUALITY OF FuGACI'TY FOR BOTH PHASES IS DEFINED Bi THE FOLLOWING 

383 



r**"* STATEMENT 
~* ... * 

IFCABSC1.0-FL/FV).LT.0.0001)r.0 TO 700 
IFCN.GT~1)GO TO 2RO 

'OMEr.AA1 =,O~'EGAA 
FVFI1=FVFI. 
OMEGAA=nM~GAA*0:999 
GO TO '710 

ROO OMEr.AA=OMF~AA~O:999 
GO TO '710 

2RO CONTINUF. 
r**** THE .FOLLO~ING CONVERGENCE CRITERION IS USEft 

SLOPE=COMFGAA-OMEGAA1)/(FVFL~FVFL1) 
DELT=SLOPF*FVFl 
OMEr.AA1=OMEGAA 
FVFI'1=FVFI, 
OHEGAA=OMFGAA-DELT 
GO TO 710' 

700 CQNTINU~ 
OMEGA( Il :OMEGAA 
VG:iliGG( J) 

VL=VLU n 
URITE(2:S0)P(I).TCI);OMEGAA.VVE,VG,VLE.VL.N 

~O CONTIHU~ , 
URITEI2:296) 
CAll' SUM 

r. ..... 
r.** •• 
r** .. * 
r**** 

SURQOUTINF. SUM EVALUATES SUM OF THE NECCESSARV TERMS FOR LEAST 
SOUARE FITTING OF PR FUNCTION 

C(1\=5(/,) 
C(2):3.0*s(3) 
CC])=~.0*s(2)-SC5) 
CC41=S(1)-sC6) 
CAll SOLVECZMIN.ZMAX;C) 

r**** SU8~OUTINF. SOI.VE IS USED TO SOLVe THE cUBle EQUATION 
C1=7MAX 
CAL; NONLINEARCC) 

r.**** 
r**** SUBROUTINE NON LINEAR SOLVES THE NON LINEAR EQUATION FOR 
r**** LEAST SnUARE FITTING OF EXPONENTIAL FUNCTION FOR ALPHA 

IJRITE/2;'2S)C1.X.XX 
CAll DEVA 

r**** SUBROUTiNE OEVA CALCULATES DEVIATIONS OF PREDICTED ALPHA VALUES 
r**** CUSING Tun FITTED FUNCTIONS) FROM THE ACTUAL VALUE OF ALPHA 
r**** OBTAINED RY EnUATING FUGACITY. 

L=L .. 1 
GO TO 105 

r**.******~ •• *.*********.*****.*****.** ••• **********.* ********* •• ****.*., 
75 FORNAT(/1H ;'CONSTANT F=I.F9.6.5X.IN=j.F9.6,5X.IK=i'F9~6) 
~O FORNAT(1H .7C~12:6).2X.13) 
51 FORMAT(1H .6X;,pt.10x.'TI.10X,'ALPHA,.10X;'VGi,6X,iVGEXP',7X.iVLI, 

110x>VU:Xp'~7)(.'NO, ITER.') 
1;3 FORMATC4Fn.0) 
114 FORNATC5FO.0) 
1]0 FnRNAT/FO~O) 
1 ~O FOR'HT (10) 
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, 7 7 FORMAT (F 0: 0 ) , , 
;>40 FORMAT(1H .'1r.=';U,.4.2X,'PC='.F6.2.2x,'ACE,FAC.=',Ff,.4,2X;'MOL WT 

1='.~6.3~2x.'R='.F8.5) , 
205 FORMAT(~H ,IP IN PSIAI V I~ CU.FT./LB.MOL~ j T IN RANKINE " 
~Q6'FOR~AT(,H .'--~~;--------------~--~-~-_- ___ -~_~~ ___ - __ ~ __ ~~~~ __ ~~_ 

1----~--~~--~~---~------~--------~-------~--~~------------~-~~j' 
'98 FORMATeiH .'EVALUATION OF CONSTANTS ~ , K , AND N IN THE FOllOYING 

1EOU~TIONS i/1~ ,le,): ALPHA=C1+F*C'-TR**O:S».*2 I "H .ie2'~ ALPHA= 
2EXp'rK*(1,.,TR.*N» i) : 

J~~ FORMAT(1H .'Z='.F6.4.5X"OMAr.=,.F9,7~5X"n~B=',F9.7,~X;'OMe='.F9.7 
1,5x;'PR CONSTANT K='.f9.7) 
.***~***.********* 
STOp 
END 

INPUT FOR PROGRAM ,NO. 1 

r**** ********************************.************* •• ****** ** •• *.**~ 
~**** DATA INPUT FOR METHANE 
r. ••• * *.*.** •• ************************************.********* •• *.*.**~ 
1)0r. DATA 
1 
10 
143': 0 44 
1 
-~JS 39 3 57 0.03951'1 
~~40 32.4 4.24 0.03915 
-~45 26.6 5.09 0.03R76 
-~50 21~7~ 6;13 O~03~39 
-;>55 17.4 7.5~ n.03R01 
~~60 13.R 9.31 0.03766 
~;>65 10;8, 11~63 0.03732 
~~7n 8,44 14.61 0~03698 
.;>75 6.47 18;64 0~03666 
-2Rn 4,9 '4.04 0.031'135 
tC~~4 

**** 

U 
NO, 
TC 
NO; 
T 

ZM 
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--------------------------------- .. --~------------------.--.----.------------------- .. ----------.. ---_. 
E';ALIJ'·TION OF CO"STAN~~ ~ , K , MiD N IN THe FOLLOWINGEQUATIONS 
(1) .. \lPHAaC1+J*11 .. TR ... O.5» ... 2 'd 

Cl'. ALP~~&EXPCK*(1-T' •• N') 
P IN PSIA: v IN rIJ:FT ILA.MOLe I T IN RANKINE 
TC=*343.0440 pC:667.78 ACE.FAC.=0.0120 MOL wTa16.040 Ra10.73350 
z=n.3240 0MAr=0.41799~5 OHBaO;OR34332 OMCaO;0280000 
_____________ . ___ • __ - ___________________ .---__ .- ______ ------------------------------------------ ______ 1 

P T ALPHA VG VGEXP - VL VlEXp· lilO, ITER, 0 

----------------.---- .. -----------------------.---------.--.--------------.-------------_.----_ ... ---_. ~ 
4.900000 17Q.67oc·OO 1.264428· 388.133359 385,601600 0,560926 0,58305, .J-' .. :-: . ~ 
1..470"(')0 181..67().'no '.255433 301.'1,n88 298.985600 0.566045 0,588024 5 
R.440000 18Q.670~~0 '.245952 236.137333 234,344 400 0,571475 0,593159' 5' I· 

1n.821)~OO ~94.670·lI)0 1.237'54 188.202n69 186,545200 0.577084 0,598613 5 
13.8(')0000 199.6 7 00(1) 1.226946 150.547069 149~33l400 0,583193 0,604066 ,'. 
17.400000 204.6 7 0"00 '.216656 '21.647985 '20;620800 .0,589656 0,609680 5 
21 .7'0000 20Q.670~00 '.206268 99.194239 98.325200 0,596513 0,615776 5 
2" . 6 0 0 0 () 0 214 . 670', I) 0 1 . 1 97547 82 . 280 n 72 8, ,6436 ° ° 0 .603459 0 , 6217 1 0 5 
32.4000()0 219.670000 1.188152 68.549,56 68,009600 0.61094 7 0,627966 5. 
39.nOOnon 224.670""0 '.179484 57.7191.91 57.262800 0,6'8731 O,63454l 5 

.. --~---------------- .. ----------- .. ------------------.--.-------.----------------.--_.--_.--._---.--.-. 
N:J 0.656060 Ka 11 68'648 

------------------.-------------_ .. _----.-----.-------- ---------------.-~-----------------------------. 
ALPHA AcP CALC EXP DEVeX) ALP tALC PR DEVeX) 

------------- ..• -.-.-------------- .. -----.-----.---------.-.-.-------------------------------------.---_. 
0.523752 
n.5l8~27 
0.552903 
(').5674711 
0.511(1)54 
1).591'>1\;>9 
0.61'204 
n.625 78n 
0.640355 
0.654931 

1. ?64/.2B 
1. ,55t.33 
1. Z45052 
~_,37'54 

'1. ,261)'6 
1.,16 /,51. 
1.'06'611 
1 .197~/.7 
1.188,52 
1.179~1I1. 

'.265787 
1.255572 
1.245532 
1.2351,62 
1.225956 
1.2'6 /.08 
'.2070'4 
,.,97769 
1 .188667 
.1.1797()4 

.0.'07505 
_0.011n53 

0.0337 41 
0.1201.22 

.0.0801'>72 
0.020]84 

.0.06'1\85 
-0.018498 
.0.043,84 
_0.0181'>80 

1,265 548 
, ,25 5392 
',245412 
, • 235601 
',225 9 54 
1,216 464 
'.207126 
1 ,19793:5 
1,188882 
',179 '167 

.0,0885119 
0.003284 
0.0433112· 
0,125519 
0.080808 
0.0'57110 

.0,071134 

.. 0.032266 

.0/0614'3 

.. 0,040957 

----------------------------~----~-------------------- ----------_.--.-----------.--.---_.--_._--.--_ .. 
A.A.O Ex~ ~n~~ =n.05'~ A.A.D PR FORM :0.OS63 
.-._--------_.-.---.-_._------ .. _-- -----------.--_._--------.----.-.----------.----------------------_ .. 

.S 
• ... 



PROGRAM NO.2 
MASTER BUBBLE PRESSURE 

~ * 'It ** 
~**** ***** •• *-*~.***************** •• ***.*.**.* •• ******'* •• * •• *****.*.*.** 
~ •• *. PREolCTTON OF ~RESSURE AND vAPOUR PHASE MOLE FRAC. llSING MODIFIED 
~ ••• * PENG~RORINSON EQUATION OF STATE 
!**** THI~ PROGRAM CAN ALSO BE USED FOR PENG.ROSINSON EQUATION AND 
~**.* SOAvE EQUATION BY SPECIFYING THE PARAMETER ES=2 ANb ES~3 
.. *.~* RESPECTIVELY. 
!**** THIS PROGRAM ~AN .e USED FOR MU LT I COMPONENT SYSTEM; 
~.*.* **~*.*********.*~*.*****.****.*****.****.*.*** ••• ** •• ****.***** •••• * 
~*.*. DIMFNSION EXP~'(1/),DEVC'0),DEVR1C10) 

DIMFNSION R1(10);ALPC10),F(10) 
DIMFNSION X(10),Y(10),fL(10),FVC10),PHIV(10);PHIL(10) 
DIMENSION ZH(10);TeC10),PC(10),WCC10)'W1(10),TR('O)'C~5),OMB(10) 
DIMFNSION OMC<10',OMAC(10),E1C10),e 2 (10),F3C10),E'(10) 
COMMON/Bl1/A1(10',B1(10),C1(10),AIJ(10,10);DIA(10) 
COMMON/BL2/AM,BM;CM,NUM,ZETA(10,10t 
COMMON/Bl3/DAM(10),DRM(16),DCM(10) 
WRITEC2,22S) 

r.**** ES=1 IF MODIFIED PR EQUATION IS TO BE USED. 
~**** E5=2 IF PR eQUATION IS TO BE USED. 
~**** E~=~ IF SOAVE E~UA110N IS TO BE USED, 

REAo(1,55)ES 

~**** INPUT GS=1.0 IF GENERALISED FORM OF THE MOOIFIEO PENr, ROBINSON 
r***· EQUATION IS TO BE UseD WITH ALL THE I~TERACTION co EFFICIENis 
~ .. ** ASSIIHED TO BE 1.0 •. 'THIS IS NECCESSARY FOR A MIXTURE CONTAINING 
~**** COMPONENTS WHOSE IM AND F PARAMETERS AR~ NOT AVAIL~BLE AND 
~*~** INTFRACTION CO EFFICIENTS ARE NOT KNOWN, 

REAo(1,55).GS 
IF(FS.EQ.1)WRITE(2,295) 
IF(FS.EQ.2)WRITE(2,296) 
IF(FS.EQ.~)WRITE(2,297) 
REAO(1,4)NUM,FC.R 

~*.*. NUM IS NO. OF COMPONENTS. R IS THE UNIVERSAL GAS CONSTANT. 
r.**u Fe IS T·HEINITIAl ESTIMATE OF THE· VAPOUR PIIASE FUGACITY COEFFICIENT! 
~** •• THE VALUE OF R CORRESPONDS TO P(PSIA), V(CU.FT~/LBiMOlE" 
r.**** T(RANKINE). 
f.** •• 

IJRITE(2,210;R 
r.**** INplJT CRITICAL CONSTANTS 

REA 1')( 1 ,8) (T C ( y) , PC ( I> , WC ( t) , w1 ( Il , 1=1 , N lJ M) 
IF(GS.EQ.1.0)GO TO 750 

r.** •• 
r. .... INPIJT INTERACTION CO EFFICIENTS IN THIS ORDER ZETA(1',2),ZETA(1,3) 
c***· ZETA(1,4).ZETA(273),ZETA(2,4),2ETA(3~4) FOR 4 COMPONENTS~ 

DO ~OO 1=1,NUM 
DO ~50 J=1,NU,.. 
IF(T.GE~J)GO TO 550 
REAo(1,22)ZETA(IiJ) 
ZETA(J,I)=ZETA(IIJ) 
WRlrE(2,23)I,J,ZETA(Y,J) 

550 CONTINUE 
5t10 CONTINUE 
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r.** •• 

750 

570 
r. . .j" * *. 

SAO 
71'0 

r. ...... 

INPIlT EaUATION OF STATE PARAMETERS ZM AND F FOR EACH COMPONENT 
REA!)C' ,6) OHC I), Fe Il, 1"1, NU~ll 
GO TO 77 0 
CONTINUe 
DO ~60. 1=1, NUM 
DO S70J =1, NUM 
ZETA(I,J'=":O 
CO~JTnlUE 

GENFRALISEO CORReLATONS FOR Z~ AND F; , 
ZM(I'=0:329032~0:0767992*wCCr)+0.02'1947*wCCI)*WCC!) 
FCI~=0.4S~413+1.30982*WC(J)-O,29S937.WCCI)*WCCI) 
CONTINUE . 
CONTINUE 
INPllT THE TEMPERATURE OF THE SYSTEM I~ RANKINE. 
REAFlC1.10'T 
REA!)C1,12)M ." . 
M I~ THE NO~.OF EXPERIMENTAL POINTS 
IJR.fTEC2,300} 

r.***. THI~ LOOP CALCULATES PURE COMPONENT CONSTANTS USING CR!TleAL 
r.**** PROPERTIES AND ZM. 
r**** 

DO 14 1=1,NUM 
IFCFS.Ea.2)GO TO 700 
IFCFS.En.3)GO TO 710 
C(1)=1.0 
C(2)=2.0-3.0·zMCI) 
CC3l=3.0*ZM(I).ZMCI) 
cC4i=-ZMCI).*3.0 
CALL SOLVfCZMIN,ZMAX;C) 

r.**** SUBROUTINf SOLVE IS USED TO SOLVE THE CUBIC EQUATIONt 
OHBCI,=ZMAX 
OHCCI'=1.0-3.0.ZMCI) . 
OMACCI)=3.0*ZMCI)*ZHCI)+3.0*C1.2.0.ZMCI»*OMsCI)+OMBCI)*OMB(I)+OMC' 

1( I) . 
Go TO 720 

700 ZMCI)=0~30~4 _ . 
Fe I ) = 0.37464+ 1 ,54226 .wC·( 1 ) .. 0-; 26992. WC ( I hwc ( t ) 
OMCCT) =1~;·O ... 3. n.ZMC I) 
OMBCl)=OMCCI) 
OMACCI)=3:0.ZMCI).2MCI)+3.0.(1~2.0.ZMC!»*OMBCI)+OMB~I).OM8(I).OMC 

1(1) 
GO TO 720 

710 ZMCI)=0:333 . 
FCll=0.48.1:S74*WCCI)-0.176.wCCt).wCC!) 
OHCCI)=O.O 
OMB <I) =0.08664 
OMAcCt)=0.42747. 

720 CONT nlUe 
B1Cl)=OHBCI)*R·TCC!)/PC(!) 
C1Cr)=OHCCI)·R·TCC!)/PCCl) 
TRCn=T/TeCI) 
ALPCI)=C1+F(I).(1-TRCI)**O.S»**2.0 
A1Cl)=OMACCI).ALP(!)*R*R*TCC!)·TC(!'/pC(!) 
WRITEC2,99S)J,ZMCI),I,QMACCI),I,OMOCI),I,OMCC!),I,FCI) 
WR!TE(2,40)1,TCC!),I,PCCl),I,WCCI)~liW1(I) 

14 CONTINUE 
WRITEC2,22S) 
PO 900 l=1 ,r~ 
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r. .. u INplIT A GUESS VALUE OF PRESSURE(PSIA) . 
r. •••• EXPF.RIMENTAL vALUE IS USED FOR COMPARiSON PURPOSE. FINAL DEVIATION 
r.** •• IN PRESSURE Is OBTAINED UITH RESPECT TO THIS VALUE~ 

REAn<1.2)p 
r.**** 
e ••• • INpIJT MOLE FRACTIONS IN LI~UIDPHASE IN THIS ORDER X(1).X(2);X~3)1'~' 
~ •• ~ •••• :X(NUM-1). EACH MOLE FRAC. ON SEPARATE CARD~ 

REA 1\ C , , 2) C x C J) • 1:01 , NUM. 1 ) 
SUHX=O.O 
00 ~25 1=1,NUM~1 

Si5 SU~X=SUHX+X(~) 
XCNlJM)=1"SUMX 
POLn=p 
N1=o 

3 N1=N1+' 
ITN=1 
ITNM=50 
CALl. SUHMATIONCX) 

r. •••• SUBROUTINE SUMMATION IS USED TO CALCULATE MIXTURE PARAMETERS 
r.** •• FROM PURE COMpONENT PARAMETERS FOR LIaUIDPHASE. 

CHH=CH.P/R/T 
BHM=BM*P/R/T 
AMM=AM*P/CR.R*T*T) 
C(1)=1.0 
C(2)=CMH~1.0 
C(3)=AMM .. 2.BMH.CMM .. BHM.BHM~BMM~CMM 
C(4)=BMH*RMH*CMH.,AMH.BMM+BMM.CMM 

r. ••• * EQUATION OF STATE IS SOLVED FOR LIQUID PHASE. 
CAll SOLVECZMIN.ZMAX.C) 
ZL=7HIN 
IFCZL.LT.O)ZL=ZMAX 
VL=7L*R*T/p 
Z=ZI. 

r. ..... L1QIIID PHASE FUGACITV IS CALCULATED. 
D=SORT(CCBM+CM)/2.0l.*2.0+BM*CM) 
XX=VL+(RM+CMl/2.0 

. XD2=XX**2:0"D**2:0 
AXO=ALOGCCXX+D)/(XX-n» 
G1 =-ALOG(Z .. BMH) 
G2=xX/XD2-AXO/(2:0.0) 
DO 70 1(=1. NUM' 
E1CK)=CDBMCK)+BM'/CVL-BM' 
EZCK'=-C2:0+AM+DAMCKl'*AXD/C2.0·0*R*T) 
E3CKl=AM.CDBHCK'+BM+DCM(K)+CM)/(2.0·XDZ*R*Tl 
E4CKl="AH*C(OBM(K).DCHCK».CBM~CM)*CBH+CMl.*2.0.2*CCM.OBM(K)+BM*OC 

1H(K)~4_0.BM*CM)*G2/C4.0.R*T.D.*2.0) 
20 CONTINUE 

SUM1=O.0 
DO 75 K=1.NUM 
PHILCKl=G1+E1(K).E2CK).E3(Kl+E4CK) 
PHIICK)=EXPCPHILCK» 
FLCK)=PHIlCKl.XCl(l*, 
VCKl=Pl(K)/FC/P 

r.* •• * INITIAL ESTIMATES OF THE VAPOUR PHASE FUGACITV CO EFFICIENTS 
r.* ••• Fe"1. 0 ARE. USED'; 
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.. 

SUH1=surH+YCK) 
75 CONTlNUF. 

DO 110 1=1.NUM 
AO YCI1=YCI)/SUM1 

r.**** 
r.**** NORMALISE VAPOUR MOLE FRACTIONS TO AVOID SUM Of TME MOLE fRACTIONS 
r.**.* INCREASING BEYOND 1.0 
fi!* ..... 

00 CALl. SUMMATIONCY) 
~**.~ MIXTURE PAR~METERS ARE EVALUATED FOR VAPOUR PHASE. 

AHM=AM*P/CR*R*T*T) 
BMM=BM*P/R/T 
CMM=CM*p/R/T 
CC11=1.0 
CC21=CMM .. '.0 
C(3)=AMM .. '-.BMM~CMM.BMM.BMMeBHM~CMM 
CC41=BMI1*DMM*CMM .. AMH*BMM+BMM*CMM 

r.**** EQUATION OF STATE IS StiLVED FOR VAPOUR PHASE~ 
CALl. SOLVECZMIN.ZMAX.C) 
ZV=H1AX 
VV=lV*R*T/P 
Z=Zv 

r.**** VAPOUR pHASE FUGACITY IS CALCULATED. 
G1=-ALOGC7 .. BMM) 
D"SORTCCCRM+CH)/2.0)**Z.0+BM*CM) 
XX=VV+CRH+CM)/Z.O 
XD2=XX**2~0=O**2~O 
AXD=ALOGCCXX+D)/CXX~D» 
G2=XX/XD2-AXD/(2~O*D) 
SUM2=O.O 
SUMP=O.O 
DO 100 K;:1,NUM 

r.**** IF THE ~OLE FRACTION OF ANY COMPONENT IN VAPOUR PHASE BECOMES 
r.***. 1.0 THEN PURE CO~PONENT FUGACITY EXPResSION MUST BE USEOi 
r.*'i!'''. 

IFCABS(1.0-YCK»:LE.O.00001)GO TO 333 
E1CK)=COBMCK)~BM)/cVV-BM) 
E2CK'=.C2:0.AM+~AHCK)'.AXO/C2.0*D*R*T> 
E3CK)=AM*CDBMCK)+BM+DCM(K)+CM)/CZ.O*XOZ*R*T) 
E4(K'=.AM*CCORMCKi+oCM(K».CRM+CM)+CBM+CM>**2.0+Z*CCM*~BMCK)~BM*DC 

1MCK)+4:0*SM*CM)*G2/C4.0*R*T*D.*Z.O) 
PHlvCK)=G1+e1CK).E2(K)+E3CK)+E4(K) 
PHlv(K)=EXP~PHIVIK» 
FVCK)=PHIVCK).YCK).P 
GO TO 334 

333 CO~JTINUE 

YCKl=1.0 
D1~sORTCCCBM+CM)/2.0)**2+BM*CM) 
D2=(BM+r.M)/2.0~D' 
D3=CBM+CM)/2.0+D1 

~**** PU~~ COMPONENT FUGACITY IS EVALUATED. 
PHIVCK)=Z~1~O-ALOGCZ)-ALOG(CVV.BM)/VV>*(AM/(2.0*R~T.D1»*ALOGC(VV+' 

1 02) I (VV+D3)' 
PHIVCK)=EXP(PHIV(K» 
FV(I()=PHIVCK)*P 

B4 CONTINUE 
IF(~VCK).LE~0.00001)V(K)=0~O 
IFC~V(K).LECO.00001)FL(K)=fVCK' 
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IF(~V(K).LE70:00001'GO TO 100 
V(Ki=PLCK).Y(K)/FV(K) 
SUMP=SUHP+V(K,·P 
SUM;:>=SUM2+y (ID 

100 CONTI NUE 
DO 151 K=1,NUM 
IF(~L(K).LE:0.00001)GO TO 151 

~** •• EQUALITY OF FUGACITY IS DEFINED BY THE FOLLOWING STATEMENT~ 
IF CAB S ( F l( K)/ FV ( 1()"1 : 0) ~ 0 • 001 ) 1 51 d 51 ., 49 

151 CONTI NUE 
GO TO 200 

149 ITN=ITN+' 
IF(ITNM-ITN)51,11,11 

51 WRlTE(Z.52) 
GO TO 220 

11 CONTI NUE 
Go TO 90 

200 CON Tl tJ U E 

r***· THE SUM OF PARTIAL PRESSURES IS EQUATED TO TOTAL PRESSURE WITHIN A 
~.*** SPErlFIED LIMIT DEFINED BY THE FOLLOWING ST~TEMENT. 
r.***. 

IFCABS«SUMP8P)/SUMP).lE.0.00001)GO TO 185 
P=SIJMP 

185 
99 

r.**** 

GO TO 3 
SUM1=SUM2 •• SUMv=SUM1 ~L 0 

~***. WITHIN A SPECIFIED TOLERANCE AS DEFINED BY THE FOLLOWING 
r.**.* STATEMENT THE SUM OF THE VAPOUR PHASE MOLF. FRACTIONS MUST ADD UP 
r.**.* TO 1.0 

IFCABSCSUMV).LE.0.00001)GO TO 220 
GO TO 90 

220 CONTINUE 
r*" •• RESllLTS AR.E PRINTED 

W RITE C 2 • 19) PO L 0 
WRITEC2,65)P,T 
WRITE(2.61)VL.VV 
WRITEC2,22S) 
WRtTE(2.29) 
WRITEC2~225) 
DO 0;0 1=1.NUM 

r.**.* EQUILIBRIUM RATIOS ARE CALCULATED. 
R 1 Cl) =Y Cl) / X ( 1 , 
W R I T E( 2 , 27) I , X ( I , • Y Cl) , Fl ( I ) • R 1 ( I ) , EX p R 1 ( I ) 

50 CONTINUE 
1:**** DEVIATION IS CALCULATED 

DEVV=(POLO~P)*100/POLD 
ADEV=ADEV+ABS(DEVV) 
WRITEC2.36)DEVV 
WRITEC2.3S)N1 
WRITE(2.62) 

900 CONTINUE 
L= L-1 
ADEI/=AOEV I L 
WRITE(2.925)AOEV 

r.**** .*********** •• ***********'***********************~***. *** •••••• ** ••• 
2 FORMAT(FO_O) 
4 FORMAT(IO.2FO.O) 
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6 FORI1AT(2FO.0) 
8 fORMAH4FO.O) 

10 FORMATUO.D) 
12 FORMAHIO) 
19 FORMAT(1H ,'EXPERIMENTAL PRESSURE:',F7.3) 
22 FORMATCFO:O) 
23 FORMAT(1H ,'INTERACTION CO EFFICIEMT ZETA(',12"",12,1)~I.F6.~) 
~7 FORMAT(1H .4X.12114X.F6.4,'OX.F6.4.13X~F9.4,10X.Fr.4.10X,F7~4) 
29 FORMAT(1H .ICOMPONENT LIQUID MOLe FRAC.' VAP; MOLE FRAC. 

1 FIIGACITV. EQUILIBRIUM RATIO ° EXpo.EQUI. RATIO I) 
35 FORMAT(1H .iNn. OF ITER.~1.13) 
36 FOfH'AT(1H .IDeVIATION IN PRESSURE=',F6.4;1(:O') 
40 F 0 ROM A T C 1 H • IT r. ( • II 2 •• ) = • • F 9 • 3. 5 X. , pe ( , , 1 2 • , ) = , • F 9 • 4, 5 x. ' A e E • FA C • ( , 

,,12:')='.F674.5X;'MOL.WT.(I,12.'): •• F9.3) 
52 FORMAT(1H.IPHASE CALCULATION FAILED TO CONVERGE'./) 
55 FORMAT( FO. 0) 
61 FORMAT(1H ,IVOLUME OF LIQUID PHASE~';F8.5.5X~'VOLUME OF VAPOUR PHA 

1SE ::',F8.5) 
62 FORMAT(1H .i*****.*.*.*******************.*********.*****.*****.*. 

1·*****·.*.*~·*.*.************·****·**********.*·**.·* **.*.*',i) 
65 FORMATC1H ,ICALCULATEn PRESSURE::I.F8.3.5X"TEMPERATURE=',F,.2) 

240 FORMATC1H .iGAS CONSTANT='.F8.4) 
225 FORMAT(/1H ;,-.-~-~-------~-----~-------~--~-~-~-~~-.~-~-~--~----p_. 

295 FORMAT(1H 1I11M i3X,IPREDICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 
1 USING MODIFIED PENG.ROBINSON EQUATIONI) 

296 FORMAT(1H 1I11M ;3X.IPREDICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 
1USING PENG_ROgINSON EQUATIO~') 

297 FORMAT(1H 1I11H i3X.IPREDICTION OF VAPoUR_LlaUID EQUILIBRIUM DATA 
1USING SOAVE EaUATIONI) 

300 FORMAT(1H .iPRESSURE IN P.S.I.A. VOLUME IN CU~F'.PER LB.MOLE 
1TEMPERATURE IN DEGREES RANKINEI.II) 

925 fORMAT(1H .'ABSOLUTE AVERAGE DEVIATIO~=',F6.4.I(X)I) 
995 fORMAT(1H .IZMC';12.')='.F9.7.5x.'OMAe(I,12.I);I,F9.7.5X,IOMB(I.12 

1 • ' ) = • • F 9 • 7 • 5 X • I 0 M C ( • • I 2. , ) = I • F 9 • 7. 5 X 'i , F ( , • 12, • ) :: I • F 9:'7 ) 
r*·**********~·*******************·*·***··************ ***.**.*.**********. 

STOp 
EN!) 
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INPIJI' FOR PROGRAM m.2 

r..**** ••••••• **.*** •• ***** •••••• **** ••••• ** •• ** •• ***** ••••• ** •• * ••••• **** 
r. •••• ,A TYPICAL DATA INPUT FOR METHANE("·BNtNf(Z) .. PROPANE(3) SYSTEM ,,* ••• *.*.*.* ••• *.* ••• ** ••••••• ** ••••••• * •••• ** ••••••••••••••••• *** ••• ** 
IIOClIMENT OATA 
1.0 
".n 
:. ,:0 10.733' 
143:04' 667.782 0:0,2 16.0' 
~49:76 707.755 0.090 30.07 
A65.68 616.347 0.,5~ 44.10 
1.0 
1 .' 0 
1 . n 
n.,H4 0.4"i5336 
n.3" 0.561561 
n.317 0.648049 
'59:61 
1 
1 no': 0 
n.1 U 
n: 144 
***. 
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IS s,eCIFIES EQUATION 
GS 
NUM 
Te -wC 

INHRACTION 
I NTfRACTIO~ 
IN'ERACUON 

ZM , 

TEMPIRATU_! 

COEfFICIENT 
COEfFICIENT 
CO!FFII!IENT 

NO, OF fx'!~IM~NTAL 
,RESSURf 
MOLf fRACTION XC,) 
MOLl FRACTION Xl!) 



--------------.------------------------.-------------- ------------------------~------------------------------

P~EOlcTlnN "F V4POUR-LIQUID 
GAS CONSTANT. 10:73]5 

EQUILIBRIUM DATA 

I\TERACTION CO EFFICIENT lETA( 1, 
I~TERACTION CO E~FICIENT ZETA( l' 
INTERACTION CO EFFICIENT ZeTA( 2, 
p ~ E S S IJ R F. I N p. ~ • -I • A. V 0 L U M E I N 

Z IH 1) = 0 • 32 I. 0 0 0 11 
TC( 1)= 31.3 01.1. 
ZIH 2):0.3170000 
H( 2)= 549.760 
Z~ ( 3) =n. 3170~on 
TC( 3)= 665.680 

nMAce 1):0.437991.5 
pCe 1): 667 7820 
nMAce 2)=0.~460231 
pce 2)= 707,7550 
oM4ce 3):0. 44 60231 
pCe 3) .. 616,3470 

OMS( 1).0,083 4332 
Ace"FAC ( 1),,0 0120 

OMB( ~).o,o8;U453 
Ace :FAC, ( 2) "0 '0990 

OMB ( ]) .0, OB1 0453 
Ace: FA C, ( 3).0, 15 3 0 

- -- .-_. . . _.- - _.-.. -. "--

... _. -- ,_ .. _ .. -._ .. --- --.-- ..... - ... - - -. 

OMC( 1).U,Ol80QOO _F(~~).0,4)53360 
MOLwT-C 1). 16'040-- -
OMC( zS.o,0 4Y OOUO' Ft 2,.0,5615670 
MOL.WT,! 2)· 30':070 ------
OMC( 3).0,0 411 0000 fC 3).0,6 48 04 9 0 
MOL,WTi( 3). 44:100- ----

-~--------------------------------------------------------------------------------------.--.. --.-~----.-.--~ 
EXPERIMENTAL PRE~suRe=100.000 
CALCULATED PRE5SI)<F.= 100.282 
VOLUME OF L IQUI D PHASE:.: 1,04127 

Te~PERATURe. 359,67 
VOLuME OF VAPOUR PHASE =36,29746 

• 
N 

.. 
. ----------------.----------------------.-----.--------------------------------------------------------------

--------------~---------------~-------------------------------------------------------~-------.-.-.-.-------
1 0.1180 
2 0.1440 
3 n.73a~ 

DEVIATION IN PRE~SIIRE=-.2820 (X) 

NO, OF ITER." 4 

O.9;?28 
0,1)502 
O,021'n 

88,3114 
4,3 718 
2,1 7 56 

7,/Sl02 
0,,5485 
0,0.566 

***********.************* ••• *.**** ••• ** ••••• *.* •• *.* •••• **.*** •• * •• ** •••••••••••••••• ** •••• ** •••• *.*** •• ***. 

A8S0LI)TE AVERAGE OF.VI,\T I O'I~O. 2820(x) 



MASTER TEMPERATURE PROGRAM 00.3 

r*********.******************************************* **********.*******.' 
r PREnICTION OF TEMPERATURE AND VAP. PHASE MOlE FRACYIoNS USING 
r MODIFIED PENG-ROBINSON EQUATION OF STATE 
r**** THIs PROGRAM CAN ALSO BE USED FOR PENG-ROBINSON EQUATION AND 
r.**** SOAvE EQUATION BY SPECIFYING THE PARAMETER ES=2 AND FS=3 
r**** RESpECTIVELY. 
r*~~* ****************** .***********.*********************~*.*.*.**.***** 

o I M F N S I 0 ~I EX P R 1 ( 1 0) • DE V ( 1 0) • nE V R 1 (1 0) 
o HI F N SI 0 N R 1 ( 1 0) ; AL PC 1 0) • F<1 0) 
D n~ F N S ION H' ( 1 0) I T C C 1 0) • PC ( 1 0) • \J C ( 1 0) • w 1 ( 1 0) • T R ( 10) • r. ( 5) • OM B ( 1 0) 
DIHFNSION 01~C(10).OMAC(10).E1(10).E2(10)~E3(10).E4(10) 
OIHFNSION X(10).Y(10).;:U10).FV(10),PHIV(10).PHIL(10) 
C (1 H t~ 0 NIB L 1/ A 1 ( 1 0) , B 1 ( 1 0) , C 1 ( 1 0) , A I J ( 1 O. 1 0) • D I A C 10) 
COMHON/BL2/AH,BM.CM.NUM,ZETAC 1 0,10) 
COHMON/BL3/DAM(10),DBM(10).DCH(10) 
\.IRITE(2;225) 

r**** ES=1IF MODIFIED PR EQUATION IS TO BE USED. 
r**** ES=~ IF PR EQIJATION IS TO BE USED. 
r.****ES=~ IF SOAVE EQUATION IS TO BE USED. 

REAn(1.55HS 
REAnc1.55)GS 

r.**** INPIIT GS=1.0 IF GENERALISED FORM OF THE MODIFIED PENG ROBINSON 
r*.** EQIJATJO~ IS TO BE USEO \.IIT~ ALL THE INTERACTION CO EFFICIENTS 
r**** ASSIIHED TO BE 1.0. "THIS IS NFCCESSARY FOR A MIXTURE CONTAINING 
r**** COI\pONEtITS .WHoSE ZM AND F PARAMETERS ARE flOT AVAILABLE AND 
r**** INT~RACTI0~ Co EFFICIENTS ARE NOT KNOWN. 
r.**i..* 

IFCFS.EQ.1)YRITE(2.295) 
IF(FS.Ea~2)WRITE(Z,2Q6) 

IFCFS.EQ.3)WRITE(2.297) 
REAnc1.4)NUM,FC.R 

r**** NUM IS NO. OF COMPONeNTS; R IS THE UNIVERSAL GAS CONSTANT. 
r**~~ THE VALUE OF R CORRESPONDS TO P(PSIA). V(CU.FT./La.MOLE), 
r**** T(RANKINE). 
r**** FC IS THE INITIAL ESTIMATE OF.THE VAPOUR PHASE FUGACITY COEFFICIEN 

WR I lE C 2.210) R 

r.**** 
r~*** INPUT CRITICAL CONSTANTS 

REA n C 1 • 8) Cl C ( !l • pr. ( Il • \J C C Il ,W 1 ( I> • I = 1 , NUM) 
IFCr.S.EQ.1.0)GO TO 750 

f'****INPIIT INTERACTION CO EFFICIENTS IN THIS ORDER ZETA(L2),ZETA(1,3) 
r.**** ZETA(1.4).ZETAC2.3),ZETA(2,4),ZETA(3,4) FOR 4 COMPONENTS. 

DO <;00 1=1 .llUM 
(lQ <;50 J =1. NlJr·, 
IFCI.GE:J)GO TO 550 
REAn(1.22)ZETA(I;J) 
ZETA(J,I)=7.ETA(IIJ) 
WRITEC2.23)I,J,ZETACI.J) 

550 COIJT PWE 
500 CO~JT I NUE 
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750 

51>0 
770 

r**** 
r.**** 

INPIIT EQUATION OF STATE PAR.~METERS ZM A'"O F FOR EACH COMPONENT -
REA n ( 1 • 6) ( Z 11 ( I ) • F ( I ) • I :; 1 , NUl-I) 
GO TO 770 
CONT I fJUE 
00r;60 1=1. NU~I 
DO r;70 J=1.NUM 
ZETA(!.J)=1':0 
CONT HIUE 
GENFRALISF.D CORRELATONS FOR ZM AND F. ; 
ZH(l)=0:329032-0.0767992*WC(I)+0.0211947*wC(I>*WC(I) 
F(ll=O.452413.1.30982*WC(I)-n.295937*WC(I)*WC(!) 
CONTINUE 
CONTIIJUE 
IJRITE(2;300) 
REflll(1. 1 2)t~ 
M I~ THE NO: OF EXPERIMENTAL POINTS 

r**** THI~ LOOP CALCULATES PURE COMPONENT CONSTANTS USING CRITICAL 
r****PROpERTIES ANn ZM. 
r.**** 

r.**** 

700 

DO 14 I=1.NUM 
IF(FS.EO.2)GO TO 700 
IF(FS.EO.3)GO TO 710 
C(1)=1.0 
C(2)=2.0-3.0*ZM(I) 
C(3i=3.0*ZM(I)*ZM(I) 
c(4i=-ZN(I)**3.0 
CAll SOLVE(UlyN.HIAX. Cl 
SUB~OUTINF SOLVE IS USED TO SOLVE THE CUalc EQUATION: 
OH8cI)=H1AX 
01-' C < I ) = 1 • 0 - 3 • (i .. Z I·' ( I ) 
OMAr(I)=3.0*ZM(I)*ZM(I)+3.0*(1-2.0*ZM(I')*0/IB(!'+OMB(1>*OM8(1)+OMC 

1( 1) 

GO TO 720 
Hl(1I=O:31l74 
F(ll=0.37464+1.54226*WC(I)-O.26992*~CII)*WC(!) 
OMC<y)=1.0-3.0*ZM(I) 
OHB<I)=ONCCI) 
OMArCI)=3.0*ZM(I)*ZM(I)+3.0*C1-2.0*ZMCI».OHBCI)+OMB(I).OMB(I).OMC 

1(1) 
GO TO 720 

710 ZM(I)=0:333 

no 

F(I)=O.48+1:574.~C(1)-0.176*wC(I)*WC(I) 
OllC Cl) =0.0· 
OHS < I) =0. 08664 
OMAr.(I)=0.42747 
CONTlIJUE 
81 (I'=OHB(!)*R*TC(!)/PC(J) 
C1CI)=OMCCI)*R*TCCI)/PC(I) 
WRITE(2.995)I.lHII).I.OMAC(!).I.OMB(I).I.OMCCI),I.F(I) 
WRITE(2.40)I.TC(I).I.PC(I).I.WC(I),!~W1(I) 

14 COIIT I flUE 
\"'RITE(2.2i'S) 
DO 000 L=1.M 
REAn(1.10)p,T 

r:**** 
r.**ir. 
r:**** 

INPIIT EXPI'RP'ENTAL PRESSURE AND A GUESS VAlUE OF TEMpERATURE 
EXPFRIMENTAL VALUE OF T IS USED WHEN AVAILABLE 

INPrrT MOLE FRACTIONS IN 
•... 'XCNIJI~-1). EACH MOLE 

_J • 
LIQUIDPHASE IN THIS ORDER X(1),X(2)~X(3) •• 
FRAC. ON SEPARATE CARD. 
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REA n C 1 , 2) C x Cl) , I = 1 , N U~' -1 ) 
SUMx=O.O 
DO ~25 1=1,NUfl-1 

525 SUHX=SUHX+XCI) 
X ClJIIM) =1-sUHX 
TIIII=T 
N1=0 
ITN=1 
ITNt.1=50 

3 N1=1II1+1 
DO 15 1=1.NUt1 
TRCf)=T/TCCI) 
ALPCI)=C1+FCI)*C1-TRCI) •• 0.5»**2.0 
.~ 1 ( t") = 01-1 A C ( I '* ALP ( I l * R * Po. T C ( , ) • T C Cl) I P C ( I ) 

15 CONTINUE 
CAll SUNMATIONCX) 

r**** SUBROUTI~E SUMMATION IS USED TO CALCULATE MIXTURE PARAMETERS 
r**** FROM PURE COMPONENT PARAMETERS FOR LIDUID pHASE. 
r.**** 

OIH=CH*P/R/T 
eNr~=BM* pI RI T 
AI-1H=AH*P/(R*R*T*T) 
C(11=1.0 
C (21 =CMI1-1 .0 
C(]1=AMI-1-2*BMM*CMM-BMN*BMM-BMM-CMM. 
cC4i=BMM*RMN*CHH-AHM*RMM+BHM*CMM 

r**** ECUaTION OF STATE IS SOLVED FOR LIQUID PHASE. 
CALl SOLVECZMIN,ZHAX,C) 
Z L = 7 Hill 
VL=7L*R*T/P 
Z =Z I 

C':**** LlQIIIIl pHASE FUGACITY IS CALCULATED. 
D=SORTC«RM+CHl/2.0)**2.0+BM*CM) 
XX=vL+(RN.CH)/2.0 
XD2=XX**2~0~D**2.0 
AXD=ALOG(CXX+o)/(XX-I)) 
G1 =-AlOG(z-B~IM) 
G2=~x/XD2-AXD/C2.0*D) 
DO ;>0 K=1,NUN 
E1CK)=(OBHCK)+BHl/CVL-BM) 
E2CK)=-C2:0*AH+DAHCK»*AXO/(2.0*D*R*T) 
E]C~l=AM*(DBHCK)+RH+DCM(Kl.CM)/(2.0*XD2*R*T) 
E4(~)=-AM*CCDRM(K)+OCMCK»*(BM+CM)+(BH+CM)**2.0+2*(CM*DBMCK)+BM*DC 

1M(Ki).4.0*BI-1*CM).G2/C4.0*R*T*D**2.0) 
20 CONTINUE 

SUf11=0.0 
DO 7S K=1 ,IJU~1 
PH I1 C K l =G 1 + E 1 (K) + E 2 (K>. E 3 (K) + E 4 (K) 
PHII (K)=EXPCPHILCK» 
FLC~)=PHILCK)*X(K)*P 
Y(Kl=FL(K)/FC/P 
SU,.,1=sUf.l1+YCK) 

75 CONTINUE 
DO RO 1=1.N!JH 

RO YCI1=Y(I)/~UH' 
r**** HIXTUQE PARAMETERS ARE EVALUATED FOR VAPOUR PHASE. 

90 CALl SUHMATIONCY) 
AI-1M=AM*p/(~*R*T*T) 
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B t1 H = B'~. P 1111 T . 
C f~ 11= C I~ • P I R I T 
C(1)=1.0 
C (2) =0111-1.0 
'C (3 \ = A 1'0 1'1- 2* S~I~I* CI.\I'- BMIH BMM- BMM- CMM 
C (4 i = I1MN* n 1·111 * C~IM- AMll •. BMM + B MM * C i~M 

r.* •• EQUATION OF STATE IS SOLVED FOR VAPOUR PHASE. 
CAll SOLVE(ZHIN,ZIUX.Cl 
ZV=7HAX 

Z=Z" 
r·*.* VAPOUR PHASE FUGACITV IS CALCULATED. 

G1 =-ALOG (Z-B~lfll 
O=SORT«(RM+CMl/2.0l**2.0+BM.CMl 
XX=VV+(BH+Cfll/2.0 
XD2=xX**2.0~0*·2.0 
AXD=ALOG(CXX+nl/(XX-Dll 
G2=~X/xD2-AXD/(2.0*Ol 
DO ~O K=1.NUH 
E1C~)=(OBH(K)+BMl/CVV-BMl 
E2C~)=-C2.0*AH+DAMCKl)*AXD/C2.0*D*R*T) 
E 3 Cl() = All * C D B I~ C K l + R M + n C M ( K l + CM l 1 ( 2 • 0 * X I'> 2 * R * Tl 
E4CI()=-AH*(CDRMCK)+OCM(Kll*CRM+CM)+CBH+CM)**2.0+2*CCM*DBMCK)+BM*DC 

1MCK)+4.0.BM*CMl*G2/C4.0*R*T*D**2.0) 
30 CONTINUE 

SUM;>=O.O 
DO 100 K=1. NUt-, 
PHIV(K)=G1+E1CK)+E2CK)+E3CK)+E4(Kl 
PHlv(Kl=EXPCP~IVCKl) 

FV(~l=PHIV(K)*YCKl*P 

R1(r)=FL(I()·YCKl/FV(K)/X(Kl 
Y(Kl=R1(Kl*XCK) 
S u.,;> = S U 1·12 + VC K l 

100 CO"lTlNUE 
DO 151 K=1dWM 

r**** EQUALITY OF FUGACITV 15 DEFINED BY THE FOLLOwING STATEMENT. 
I F ( AB 5 ( Ft ( 01 F V (K) -1 .0) - 0.001 ) 1 51 ,1 51 ,149 

151 CONTINUE 
GO TO 200 

149 ITN=tTN+1 
IF (T TtIH-1 TN) 51,11,11 

51 WRITE(2.S2) 
GO TO 220 

11 CONTINUE 
GO TO 90 

200 SUMV=SUH2-1~0 
r*'** SUM OF THE VApOUR pHASE MOLE FRACTIONS MUST BE UNITY 

IFCABS(SUMV).LE.O.0001)GO TO 220 
IFC~1.EQ.1)GO TO 260 
GO TO 21\0 

U,O TPRFV=T 
IFCSUM2:LT.1.n)GO TO 270 
T=0"99*T 
SUMvP=SllM2 
GO TO 3 

270 T=1.'01*T 
SUl-ivP=SlIM2 
GO TO 3 

21\0 IFC~SUM2-SU~VP).EQ.O.0)GO TO 260 
r**** NfW VALUE OF THE TEMP. IS OBTAINED AS FOLLOWS AFTER THE FIRST 
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r. ... * ITEQATION 
SLOPE=CT-TPHEV)/CSUH2-SUMYP) 
DE L T =5 LOP F.*S UIW 
IFCABS(DELT).GT.O.1*T)OELT=DELT*0.1*T/ABSCDELT) 

·TPR.V=T 
SU~tvP=SUM2 
T=T-DELT 
GO TO 3 

220 CONTINUE 
\.I R I T E C 2 • 1 Q ) TI tJ 

WRITE(2.6S)P.T 
WRI~E(Z.61)VL.VV 
\~RITEC2.Z2S) 

WRITEC2.29) 
WRITE(Z.22S) 
DO ~O I=1.NUM 
R 1 C , ) =y ( I ) I X ( I) 
WRITE(Z.27)I,X(I).Y(I),FLCI).R1CI),EXPR1(1) 

<;0 CONTINUE 
IJRITE(2.35)N1 
WRITECZ.62) 

900 CONTINUE 
r****~**.*****+**.**************.********************* ****.***.**~.*~*** 

2 FOR M A T C F·O . 0) 

4 FORMAT·( 10. 2FO. 0) 
6 FORIIATC2FO. 0) 

8 FORI·,ATC4FO.0) 
10 FOilI1ATC2FO.0) 
12 FOR'·'ATCIO) 
19 FORMAT(1H ,'EXPERIMENTAL TEMPERATURE =I,F6.') 
? 2 FOR I·' AT C F I) _ 0) 
23 FORMAT(1H .'I~TERACTION CO EFFICIENT ZETACI,12,I,t,12.')='.F6.4) 
27 FORMATC1H .4X.IZ;14X.F6.4.10X.F6.4,13X,F9.4,10X,F7.4.10X,F7;4) 
29 FORMATC1H .'COMPONENT LIQUID HOLE FRAC; VAP. MOLE FRAC. 

1 F1IGACITV EQUILIBRIUM RATIO EXP.FQUI. RATIO ') 
~S FORMAT(1H .INO. OF ITER.=',I3) 
40 FOR 1·1 AT ( 1 H .! T CC' • I 2 •• ) = • • F 9 • 3 , 5 X, , pC ( t , I 2 • , ) = , , F 9 • 4, 5 X • I ACE; FA C • ( , . 

1,IZ:')='.F6:4.5X;'MOL.IJT.('.I2,')=I,F9.3) 
52 FORIIATC1H .IPHASE CALCULATION FAILED TO CONVERGE',/) 
55 FO~1f.'ATC FO: 0) 
1'>1 FOR~tAT(1H • 'VOLUMF. OF LIQUID PHASE=';FB.5.5X,IVOLUME OF VAPOUR PHA 

1SE ='.F8.5) 
62 FORMAT(1H ,'****************************************************** 

1**~*********.***********.*****"******************.**. *******',/) 
65 FORMAT(1H .'PRESSURE=',F7.2.5X,'CALCULATED TEMPERAiuRE=J,F7:2) 

210 FORMAT(1H .'GAS CONSTANT=',F8.4) 
225 FORMAT(/1H ;,----------------------------__________ -_- ___________ _ 

1-----------"----------------------------------------_______ ~--',/) 
795 FORNATC1H 1I11H ;3X.'PREDICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 

1 USING 1t0D.IFIED PENG-ROBINSON EQUATlO",) 
206 FORMATC1H 1I11H .3X.tPREOICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 

1uSING PE~G-RORINSON EQUATIONI) 
707 FORHATC1H 1I11H ;3X.'PREDICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 

1USING SOAVE EQUATIONI) 
300 FORMATC1H .'PRES~URE IN P.S.I.A. VOLUM~ IN CU.FT.PER LB.MOLE 

1TEHPERATURE IN DEGRE~S RANKINE ',11) 
095 FORMAT(fH .'ZM{';12.'):'.F9.7,5X,IOMAC(',t2,,)=I,F9.7.5X,'OMB(',12 

1,')='.F9.7.5x. 'OMC('.I2. 1 )='.F9.7,5X;IF(I.t2,')=',F9:7) 
r****************************************************. ************"*****.i 

STOp 
EN.D 
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n~ur WR PROGRAM NO.3 

r. w ***************************.************************ .****~*** •• *******. 
r.**** A TvPICAL DATA INPUT FOR METHANE(1)-ETHANE(2)-PROPANE(3) SYSTEM 
r.**.************************************************** ******.*****.*****~ 
nnc DATA 
1 .. 0 
'.0 

. 3 1.0 10"7335 
~43:044 6A7.782 0:012 16.04 
~49~76 707.755 0.099 30.07 
A6S':68 .61A.347 0.153 44.10 
1.0 
1.0 
1 .0 
,'''''i24 0.40;5:'36 
1'1.317 0.5A1567 
1'1.317 0.61.8049 
1. ., 
1nn.0 509 67 
n,,0022 

**** 

400 

ES 
GS 
NUM FC R 
TC pC WC 
TC pC wC 
TC pC wC 
INTERACTION 
INTERACTION 
INTERACTION 
ZM F 

'ZM F 
ZM F 

1011 
1.11 
1011 
CO·EFFICIENT 
Co. EFFICIENT 
CO-EFFICIENT 

NO. OF DATA POINTS 
P T<GUESS) 
X(1; 
X(Z, 



-------------~------------------------.-------------------------------------------~---~-----------------_.--_. 

PREDIr.TION nF VAPOUR-LiQUID EQUILIBRIUM DATA USING MODifiED PENG~R08INSON EQUATION 
G~5 CQNSTANT= 10 7335 
I\TERACTION CO E~FICIENT ZETA( 1, 2).1.0000 
I~TERACTION CO E~F,CIENT ZETA( 1, 3)~1.0000 
I\TERACTION CO E~FICIFNT ZETA( 2, 3).1.0000 
Pi'ESSIJRE IN p.~. T.A. VULUME IN CU.FT.PER LR .... OLE Te"'PERATURE IN DEGREES RANKINe 

Z,I( 1>=0.3240(,00 ·l~~r.( 1) .. 0.4379945 O"lB( 1).0.08.54332 o ... C( U'!o.OZBoooo 
'-

Fe 1)110.4553360 
Tt( 1)= 343.044 pC( 1l= 667.7820 ACE~FAC.( 1)"0.0120 MOL.WT.< 1).· 16:040 
Zi-:( 2>=0.3170000 '''''AC, 2)=0:4460231 OMS( 2>-0.0810453 OMC< 2) .. 0.0 49 0000 F( 2).0.5615670 g 
TCC 2)= 549.760 ;;C( 2)= 707;7550 ACE.FA~.( 2)=0.0990 "'OL,WT,( 2)· 30:070 .. -. ... 
Z:-( 3>=0.3170000 ;',1044C( 3)"0.4460231 OMS( 3).0.0 810 45 3 oMee 3)"0.0 49 0000 FC_3) .• 0.'~.~80_4Io_ ;g 
re ( 3 ) = 665 . 680 p C ( 3 ).. 61 6 • 3470 ACe: F A C. ( 3 ) " 0 • 15 3 0 III 0 I. , W T; ( 3 ) • 44,', 00 -... .... - .. ~.::-~. ~- . --; :g . ~ ). 

~ --------------.---.----._--------------.-----.-._.---- --.------.--.---.-------.-------.-----~~--~.~-~;~~--.--
E1.PERPoIENTAl fFIo4HRATtfRE :: 509.7 
P,HSS'JRE= 100.00 CALC,nATED TEMPERATURE= 510.30 
VOLUME OF LIQUID p~AS"= 1.36623 VOLuME OF VAPOUR PHASE =47.S9638 

-- ._-_ ... -.-
-------------_._-.-.-.-------------------.-----.------ -----------~-------------.----------------------------~--. 

VAP: MOLE FRAC. FUGAe I Ty' EQUI~IBRIUM RATIO !XP, !QU1;:·uno····· 

____________________ ~. ___________________ -- ____ ------- ________ ~---------~---_------.--------------.~-------. a_ • 

• , 
2 
3 

N'.l. O~ ITER.= 3 

0.0022 
0.\)080 
0.989;; 

0.0413 
0.0267' 
0.9319 

4.3094 
2,5314 

81. 5506 

18.789 6 
3. 3391 
0. 94 15 

" 

••••• ~.*~.*.*~.* •• ** •• * •••• +*.***~.* ••••• +.*.*.*.*.** • •••••••• *** •• *** •••••••••••••• * ••• ' ••••••••••••••••••• ~ •. 



PROGRAJ>l ID. 4 
MASTER EQUILIRRIUM RATIOS 

r.** •• **** ••• ** •• ***~*** •• ****** •• ********.*.*** ••• *** •• *.**.*.*.*.* ••. 
r***· PREnlCTION OF K VALUES USING MODIFIED PENG~ROBINSON EQUATION 
r**** THI~ PROGRAM CAN ALSO BE USED FOR PENG~ROBINSON EQUATION AND 
r**** SO.vE EQUATION BY SPECIFYING THE PARAMETER ES=2 AND ESa3 
r***. RESpECTIVELY. 
r**** BINARY MIXTURES ONLY 
r**.* .** ••• **.*~*.*.*.* * •• **********.*.****.*.*******.**.*.**.*****.~ 

()Ir~~NSION EXPR1 (10) ,DEV(10) ,OEVR1 (10) 
DIH~~SION R1('0)~ALP(10),F(,n) 
OIH~NSION X(1D),Y(10),FL(10),FV(10)IP~IV(1D),PHIL(10) 
o I M F N S IO:-J Z rH 1 0); H ( 1 0) , PC ( 1 0) , WC ( 1 0) , 101 1 (1 0) , T R ( 1 0) , C ( 5) ,OM a ( 1 0) 
DIMFNSION Oi~C(10) ,0I-.AC(10) ,E1 (10) ,E2(40) ,E3(10),E4(1n) 
CO MM 0 NIB L 11 A 1 ( 1 0) • B 1 ( 1 0) , C 1 ( , 0) , A I J ( 1 0, , 0) , 0 I A (1 0) 
CO~MON/BL2/AM;BMiCM,NUM,ZETA(10,10) 
COHMON/BL3/DAM(10),DBM(10),Dr.M(10) 

r***· ES=1 IF MOOIFIED PR EQUATION IS TO BE USED. 
r**** ES=;> IF pp EQIJATlON IS TO BE USED. 
r.**.* ES=~ IF SOAVE EQUATION IS TO BE USED; 
r.**** 

REAn(', 55) ES 
WRtTE(2,22S) 
IF(FS.EO.2)WRiTE(2,296). 
IF(FS.EO.~)WRtTE(2,297) 
IFC~S.EQ.1)WRITE(2,295) 
REAriC1,22)ZETA(1;2) 

r*·*· ZET4 is THE BINARY INTERACTiON CO-eFFIcIENT. 
NU~=2 

R=1n.7335 
r·*.* NUM IS NO, OF COMPONENTS: R IS THE UNIVfRSAL GAS CONSTANT. 
r.**". 
r**** THE VALUE OF R CORRESPONDS TO P(PSIA), V(CU.FT./LB.MOLE), 
r** •• T(RANKINE). 
r. .. *.* 
r**u nPIIT EoUATIOI>J OF STATE PARAMETERS ZM AND F FOR EACH COMPONENT 

REA 0 ( 1 , 6) ( z tH t> , F ( t ) • I = 1 , NUM) 
r ..... INPIIT CRITICAL CONSTANTS 

REA n (1 ,·8) Cl C ( t ) , PC ( I ) , \01 C ( Il ,W 1 ( !) , t = 1 , NUM) 
WRtTE(2.210)R.ZETA(1,2) 
WRITE(2,300) 
REA:l(1,12'M 

r .... • H I~ THE NO: OF EXPERIMENTAL POINTS 
DEVQ1(1)=O.O 
OEVQ1 (2) =n. 0 

r. ..... THI~ LOOP CALCULATES PURE COMPONENT CONSTANTS USING CRITICAL 
r. •••• PROpERTIEs ANo ZM. 

00 14 1=1,NUM 
IF(FS.EO.?)GO TO "00 
IFCFS.EQ.3)GO TO 710 
C(1i=1.0 ' 
CC~i=2.0-3.0*7M(I) 
CC3l=3.0*lM(lj*ZMCI) 
C(4i=-ZH(I)**3.0 
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CALl 50LVF.CZHtN,ZHAX,C) 
r.**** SU8~OUTINF. SOLVE IS USED TO SOLVE THE CUBIC EOUATlON:: 

01·18 i I) =ZMAlC 
0" C ( 1 5 = 1 • 0 - 3 • n * Z M ( I ) 
OHAr.CI)=3:0*ZH(I)*ZM(I)+3.0*C1~2.0.ZMCI»*OMR(I)+OMBCI)*OMB(I)+OM 

1(1) 

GO TO 720 
700 ZH(i)=0:3074 

F(li=0.37464+1.54226*WC(I)-0.26992*WCCI).WC(I) 
01·cil)=1.0-3.0*ZM(1) . 
0"'8(I)=OMC(I) 
0"4r.(I)=3:0*ZM(I)*ZM(I)+3.0*C1-2.0*2M(I»*OH8(1)+OM8CI)*OM8(1)+OM 

1( I ) 
GO TO no 

710 ZIQ"=0:333 
F(li=0.48+1:574*WC(I)-0.176*WC(I)*WC(I) 
0/1e( I) =/). 0 
GI1R(I)=O.08664 
OMAr.< I) =0: 42747 

720 CONTIIJUE 
81CI)=OMRCI)*R*TCCY)/PC(I) 
C1CIl=OHC(t)*R*TCCYl/PC(l) 
\J PIT E ( 2 , 99 5) I , Z '1 ( Y ) , Y , 011 A ~ ( I ) , I ,OH 8 ( I ) , I ,OM C ( ! ) , I , F ( r ) 
WRITEC2,40)I~TCCI),I,PCCI),I,WC(I),I~W1(I) 

14 CONTINUE 
WRITE(2,2;>S) 
00 'lOO L=1,M 

r,,,,**. 
r.**** !NPIIT P(PSIA) .TCRANKINE) AND GUESSES FOR 'K' VALUES. EXPERIMENTAL 
r.**** VAUIES ARF. USED FOR COMPARISON PURPOSE. 
r.**** 

R E All ( 1 , 1 0) P ; T • R 1 C 1 ) • R 1 ( 2 ) 
F.XP~'(1)=R1C1) 
EXPR1 (2)=R1 (2; 
DO 15 1 =1. NIIt·' 
TRCIl=T/Tr.(I) 
ALP(I)=(1+F(I)*C1~TRCI)**0.5»**2.0 
A1(1)=OM~r(I)*ALP~I)*R·R*TC(I)*TC(I)/pC(I) 

15 CONTI IoJUE 
N1=0 
ITIl=1 
ITN'1=50 

3 N1=N1+1 
X ( 1 i = <1 - R 1 ( 2) ) I ( R. ( 1 ) - R 1 ( 2) ) 
xC2i=1-X(1) 
CA Lr ~ UI·' M AT ION (X) 

r.**** SU9~OUTINF SUMMATION IS USEn TO CALCULATE MIXTURE PARAMETERS 
r**** FROM PURE COMpONENT PARAMETERS FOR LIQUID pHASE. 

CHM=CM*p/R/T 
BM~'=BM* P / R / T 
AHM=AH*P/(R*R*T*T) 
cC1i=1.0 
C( 2i =I:MI'-1. 0 
C(3~=AMH-2*BMM*CMM-BMM*BMH-BMM-CMM 
cC4i=BMM*BMII*CMM-AMM*BMM+BMM*CMM 

~**** EQUATION OF ~TATE IS SOLVED FOR LIQUID PHASE. 
CALl ~OLV,(ZMIN,ZMAX,C) 

. Z L·= 7111 N 
VL=7L*R*T/p 
Z =z I 
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r**** UQIIID pHASE FUGACITV IS CALCULATED. 
D=S~RTCCCRM+CM)/2.0)**Z.O+aM*CH) 
XX=vL+CSH+CM)/Z.O 
XD2=XX**2.0-0.*2.n 
AXD=ALOGCCXX+n)/cxx-O» 
G1 ::-ALOG C Z-SMH) 
G2=vX/XOZ-AXDj(Z:O*O) 
00 ;'0 K=1.NUH. 
E1Cr)=(DBM(K).BH'/CVL-BM) 
E2(i':~C2.0.AM+DAM(K»*AXO/(2.0·0·R·T) 
E3(r)=AI4·COB MtK'+BH+DCMCK'+CM'/CZ.O*XnZ*R*T) . 
E4Ci'=.AM.(CD~HCK)+OCN(K"*CRH+CM'+(BM.CM'**2.0+2*(CM.DBMCK)+8M*OC 
'M(KI)+4:0.BM·C~'.G2/(4.0.R*T.D**2.0) 

20 CO"lTINUE 
SUM1=0.O 
DO 75 K=1.NUH 
PHII (K):GhE1CK)+E2CKl+EHK,+E4(K) 
PHII (K'=EXP(PHILCK)' 
FL(K'=PHIL(K).XCK).P 
VCKi=1I1 cn*xcln 
SUM1=SUI·,1+V(K; 

75 CONTINUE 
DO RO 1=1.NUM 

RO VCll=VCIl/SIJM1 
r**.* MIXTURE PARAMETERS ARE EVALUATED FOR VAPOUR PHASE. 

90 CAll S U;~ M AT I 0 t.J (V> 
AMM=AM·P/CR*R.T*T) 
8HM=[HI'?/R/T 
CHM=C'~. P I ~ / T 
C(1i=1.0· 
CC 2) =r.MI'-1. 0 
CC31=AHM-~*BHM·CMM-BMM.BMM-AMM·CMM 
C(41=aMM*RMM*CMM-AHM.BMM+BMM.CMM 

c •• ** EOU4TIO~ OF STATE IS SOLVED fOR VAPOUR PHASE. 
CALl SOLV<.CZMIN,ZMAX.C) 
ZI/=7MAX 
VV=7V*R*T/P 
Z = Z,; 

r**** VAPnUR pHASE FUGACITV IS CALCULATED. 
G1 =-ALOG<Z-9~lM) 
D=SORTC«RM+CM)/2.0)**2.0+BM*CM) 
XX=vV+CBH+CM'/Z.O 
X02=XX**2~O-D*·2;O 
AXD=ALOGCCXX+D'/CXX-Ol) 
G2=xX/XD2-AXD)CZ:O*D) 
DO ~O K=1.NUM 
E1(K)=(DB~(K)+aM)/(VV-BMI 

E2(~)=-C2:0*AH+OAMCK»*AXO/(2.0*O*R*T' 
E3(K)=AH*(OBMtK)+BH+OCM(K'+CM)/(Z.O*X02*R*TI 
E4tK)=-AM*«ORH(K)+OCM(K')*CRM+CM)+CBN+CM)**2;O+Z*(CM*DBM(Kl+BM*1 

1H(KI,.4.0.BH*CM)*G2/C4.0*P*T*D**2.0> 
~o CONTINUE 

00 100 K=',NUI~ 
PHI0(K'=G1+E1CKI+E2(K)+El(K,+E4CK) 
PHII/CK)=EXP(PHIVCK» 
FV(KI~PHIV(K'*Y(K)*P 
R1(K)=FLCK,*V/K)/FVCKI/X(K) 

, no CONT IIWE 
DO ,51 K=1, NUM 

r**** EQUaLITV OF FuGACITV IS DEFINED BV THE FOLLowING STATEMENT; 
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I F ( AB S ( Ft ( K) I F V ( Kl -1 '; 0) - 0 . 001 ) 1 51 ,1 51 ;' 1 49 
151 COI>JTl"lUE 

GO TO 2\'0 
149 I TN=I TN+' 

IFCiTNM-ITN)51,11.11 
S1 WRITE(2.Sn 
52 FOR',AT('" ,'PHASE CALCULATION FAILED TO CONVERGE',/) 

GO TO 200 
11 COfJT I ~iUE 

GO TO J 
200 COI>JTI IJUE 

WRITE(2.6S)!',T 
WRITE(2.61)VL.VV 
\'RITEe2.nS) 
i-iRITE(2.29) 
WRITEe2.22S) 
DO ~O I=1.NUM 
R1 (i)=V(Il/XCt) 

r.**** 
r DEViATION~ ARE CALCULATED. 

OEV~I)=(EXPR1(1)~R1C!»*100/EXPR1(I) 
"l E V 111 ( I ) = rI E \I R 1 ( I ) + AB S ( D E V ( I ) ) 
\, ~ ! T E ( 2 • 27) I • l( ( I ) • V ( !) , F L ( I ) • R 1 ( I ) , EX P R 1 ( I ) 

'50 crH.ITItJUF. 
WR!TEC2.3~)DEv(').DEV(2) 
W R ! T E ( 2 • 35) IJ 1 
~}PITE(2.6t) 

QOO CONTPIUE 
L = l-1 
DE V 01, ( 1 ) = rI E V R, ( , ) Il 
DEVo1 (2)=OfVR1 (2)/i. 
WRITE(;L9?S) L.DEVR1 (1) ,DEVR1 (2) 

6 FORMAHUn.O) 
B FOR'~ A re 4 F 0 . 0) 

10 FORMAT(4FO.0) 
1 2 FOR I~ AT Cl 11 ) 

22 FOR:,AT (FO :0) 
27 FORNATe'H .4X.12,~4X.F6.4.10X,F6.4,13x,F9.4,1nX,F7.4;'OX,F7i,4) 
29 FOR~lATC1H , 'CM'PONEI>JT LIOUID MOLE FRAC, VAP. MOLE FRA!:. 

1 FIIGACITV EQUILIBRIUM RATIO eXP;EQUI. RATIO I) 
35 FORMAT(1H ,INO. OF ITEQ.=',I~) 

36 FORMAT(/1H ;'DEVIATION K(1)=',F6.3,SX,'K(2)=I.F6.3,/) 
40 FORMATC1H .lTeC'.12,I):',F9.3,5X,'PC(',I2,,)=i,F9.4,5x,IAce;FAC,(I 

1,12:'~='.F6:4.5X;'MOL.WT.(I.12.')=!'F9.J) 
55 FORNAT(FO:O) . 
~1 FOR~AT~1H ,'VOLUME OF LIQUID PHASE;'~FB.5,SX.'VOLUME OF VAPOUR PHI 

1SE ='.F8.5) 
~2 FOR~AT(1H ,'*.************************.****************.******** *~ 

1***~**·***********************.******.***** •• **.** •• * .****.',/) 
65 FORMAT(1H .,pnESSURE=',F7.2.5X,'TEMPERATURE=',F7.2) 

210 FORMATC/1H ;'GAS EONSTANT='.F8.4,10Xill~TF.RACTION COfFFICIENT=l,Ff 
1.4,;) , 

2'-5 FOR'~AT(/1H ;,---~---------------------_- ___________ - __ ~-- __ ~ ____ ~_ 
1----------------~-------------------~-----_- _______ -_______ ~~-',/) 

~95 FORMAT(1H 1I11H ;3X,IPREDICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 
, USING MOnlFIFD PENG~ROBINSON EQUATION!) 

296 FORMAT(1H 1I11H ;3X.'PREbICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 
1USING PENG-ROnINSON EQUATION') 
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2Q7 FORMAT(1H 1I11H ;3X.'PREDICTION OF VAPOUR-LlauID EQUILIBRIUM DATA 
,U~ING SOAve EaUATIO~') 

300 FO~MAT(1H .'PpESSURE IN P.S.I.~. VOLUME IN CU,FT.PER lS;MOLE 
',TEMPERATURE IN DEGREES RANKINE'.II) 

Q25 FOR~AT(II'H .iAVERAGE OEVIATIONS(I,J2,'POINTS)=',5X'IK(1)=',F5~2,' 
1" ;·.5X,'K(2)='.F5.2. IX') . 

QQ5 FOR"AT(1H .'ZM('~·12")='.F9.7.5X"OMAC('~'12,')=I,F9,7.SX"OMB("I: 
1 , , ) = , • F 9 • 7. 5 X • , 0 M C ( , • I 2 • , ) = , • F 9 • 7 • 5 X 'i , F ( ' .• I 2, , ) = , , F 9 >7) 

r***w.*.******************.*******************+ •• *.*** **********.~.** •• , 
STOo 
E Id) 

INP1Jr FOR PROGRAM ID.4 

r.*********.*.*.************ •• ***.~.*******.*********** ****.*********** 
r.***.~A TYPICAL DATA INPUT FOR METHANE(1)ftPENTANE(2) SYSTfM ********* 
r.***.~**.*****.*********.****** •• *.** ••••• ****.******* **.****.******** 
!lOCUMENT flATA 
1.0 
n :98 
n~324 0.455336 
n:308 0.74641 
J43~044 667.782 
R4S':460 488 .. 639 , 

0:012 
0:251 

,000.0 491.69 2.8540 
***. 

16.04 
72 .15 

0.02457 
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THIS SP~CIFIES THE EQUATION 
INTERACTION CO 'EFFICIENT 
ZM F VALUES FOR METHANE 
ZM F VALuES FOR PENTANE 
TC pC wC W1 FOR METHANE 
Te pC wC W1 FOR PENTANE 
NO. OF EXPERIMFNTAl DATA 
p 'I' K1 K 2 



,f:> 

~.---------.--~---------.-------- ------------.-----------------------------.----------- ~-----------------, 

p ~ F 0 leT InN 0 F V 11 P n IJ R .. L! (, U I n r: (lll r 1.11; n I IJlI /l A T A I) S 11. r, 1,10 0 I F !C 0 PEN r, ~ ~ 0 8 INS 0 N E 0 U A T ION 

1 N T E Jl t,r, T ION r. () F. F r- I CIF. IH = (J • <) Il 0 0 GAS CI1N~lANT= 10:73!~ 

PR E 5 SI! R FIN P ': 5 '; I': A .- v (':L li 11 F III Cl!. FT .- P F. R U< 1,10 LE TFNPERATURE 11, OEGRE~S R~NKINf 

ZH( 1'=~:3240nOn 
Tce \'= 343~044 
ZM( 2'=n~3080~()O 
T c ( 2) c 1\ 4 5', 46 () 

f'\ 1< :. C ( 1);; I}'. 4 1 7 Cl 9 I. S 
PC( 1):: ,;67.7o?!l 
n~IAC( 2)=O.456~?r2 
Pr.! 2)= 1,1\/1.6390 

, P R E ~ ~ 1 J R F : 1 n 11 0 '; 0 n T F J ! P E 1<1, T " 11 F = 4 Cl 1 ': 69 

nllH ( 1) =0': ord4:n2 
ACF:FIIC.( 1):0.1117.0 

"flUe 2)=0.0779979 
ACE.FI,e.( 2):(,;2510 

O~C( 1)=0:028(1000 Fe 1)=0,4553360 
/"Ol':WT;( 1)= 16':040 
O~C( 2)=O~07bCOOO F( ?)=0~7464700 
MOL, W T ,e 2)" 7 2 ': 1 50 

VOll/IH f'\F llQIJIO PH~~F~ 1':1,1.1:'1 I'(JLul-iF. OF VA?OU~ PHASF. = 4,:':0662 

o ~. ____ --~-- •• --------------~----------~---------------_~_- ___ -_._~ __ ~- ______ .- ___ --_.---.--------~-. ___ • __ • ..... 

CO fl POt' f I1 T L I (Il' I ~ " (J L E r P ,\ C • Vi\P: 110LF. FRI\C: FUGACiTY EQUILIBRIUM RATIO EXP;EQUI': RATIO 

~-------.----.--------------------------~-------------------------.---------~~----------~-----------------~ , 
? 

n ': :1 I. 'Ii 
n': 65 2:t 

0':9/13 B 
(I': () 1 ri ;> 

829.2001'. ' 
3,:S773 

2:b,97 
(l': 0 7. I. 8 

{·.NO': OF IT.ER:= :I 
.• * •• ****.**~~**.***.*.**~**~** •. ~*.***.***.***.*****. **.*.******.******.**.** ••• * •• **.~.* ••• ~*.*.**.**.**~ ••• 

AV~RIIGE DEVIATI04S( ,pnlNTS)= K(1)= O.fl5 ~: ~e7.)= 1.00" 



l'HOGRAM ID.5 
MASTER HAN-ST1RLING VAN DER WAALS 

r.***************************** •• *************** ••• *.** ****.********.**** 
~ V.L~E. PREDICTION USING HAN-STARLING EQUATION 
r.**** PREnlCTION OF PRESSlJRE A~D VAPOUR pHASE MOLE FRACTIONS 
~**** GIV~N VALIJES of TE~PERATURE AND LIQUID PHASE MOLE FRACTIONS 
~**** VA~ DER WAALS MIXING RULES ARE USEO" 
r.*************************************************.*** .*.*.************* 
r •••• 

REAl I~OLlJ(10) 

o H, ~ N S ION T C I J C 1 0 • 1 0) • V C I J C 1 0, 1 0), T CV C I J C 1 0, 1 0) • 0 I TV ( 1 0) , 0 I V ( 1 0) 
o H1 ~ N SI 0 N X C 1 0) , Y ( 1 0) • F L( 1 0) • Y 1 C 1 0) , G ( 1 0) • H 1 ( 1 0) ,DC 1 n) , C ( 5 ) 
nlHFNSION AO(11)iAC11),BC11),FUL(10)jFUGC10).R1C10) 
DIMiNSION OBOM(10).DAOMC10).nCOM(10)iDGAM(10).DBMC10),OAMC10) 
nlHFNSION DALM(10).OCM(10),DnOM(10),DDMC1n),DEOM(10);F(10),EC10) 
COM~ON/RL1/TC(10).VCC10),WCC'0),ZC('O) 
COMMON/RL2/DTCM(10),nVCHC10),DWCMC10),DZC"(10),DTCVCM(10) 
COMMON/sL3/NUM,TCVCH,VCM,ZCM.WCM 
COHMOH/BL4/ZETA(10,10).ETA(10,10) 
iJRITEC2.62) 
IJRITEC2.230) 
WRITEC2;295) 
WRITE(2.296) 
WRITEC2.300) 
RE.,nC1.4)NUH";FC.R 

r.**** 
r.**** NU!~=NO. OF 
~**** FC=INITIAL 
r.**** R=1n.73'\5 
r.**** 

CO~'PON F. NT S 
ESTIMATE OF FUGACITV CO 
UNIVERSAL GAS CONSTANT 

r.**** 

EFFICIENT FOR VAPOUR PHASE 

r. ** * * 11. P I1 TIN T ERA C TI 0 fl CO EF F I C I EN T SIN T H F. F 0 LL 0 WIN G OR D F R 
r. * * * * Z ETA e 1 • 2) • ETA <1 • 2) • Z ETA e 1 • 3) • ETA C 1 • 3) ,. - - - - - Z ETA (2 • 3) • F. TA C 2 • 3) -.,
r~*** ONE VALUE OF ZETA AND ETA ON EACH CARD 
r.**** 

DO 'i00 I=1.NUM 
DO ~50 J=1,NUH 
IF(I.GE~J)GO TO 550 
R.E A n C 1 .22) ZE T A ( I '; J) • ETA Cl. J) 
ZETAeJ,I)=ZETA(I;J) 
ETA"rJ.I)=ETA(I,J) 
WRITEC2.23)I.J,ZETACI.J),I,J.ETACI.J) 

sr;o CONTINUE 
500 CONTINUE 

r.**** I NPIIT CR ITI CAL CONSTANTS OF EACH COMPONENT 
REA n C , • 1 4) C T C( 1) ; V C Cl) • WC ( I ) , Z C Cl) , MOL W Cl). I = 1 • NUM) 

r.**** INPIIT EQUATION OF STATE PARAMETERS 
DO 15 1=1.11 
REAne1~7)ACI).BCI) 

15 CONTI~UE 
WRITEC2.210)R 

r.**** INPIIT TEMPERATURE IN RANKINE 
REAn(1.24>T 
REA n C 1 • Q 5)1-1 

r.**** M I~ THE NO~ OF DATA POINTS 
WRITEC2.62) 
"DO Qon L=1.~' 

r.**** INPIIT A GUESS VALUE OF PRESSURE(PSIA) 
r.**** EXPFRIMENTAL VALUE IS USED FOR COMPARISON PURPOSE. FINAL DEVIATION 
r**** IN pRESSURE IS OBTAINED WITH RESPECT TO TWIS VALUE. 
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r.**** INplIT LlfllJlO pHASE MOLE FRACTIONS IN THIS OROER X(P.X(2) 
r.**** ....... X(NlJM,..1). EACH MOLE FRAC ON SEPARATE CARD 
r.**** 

P. EA n ( 1 • 2) ( X ( I ) , I =, . N U~, .. 1 ) 
SU~f)(=O.O 

DO ~25 t=1,NUM ... 1 
Si'S SUr-t)(=SU/lX+XCI) 

XC"'IIM)=1-SU'~X 
PEXp=P 
;";1=n.0 

3 t~1=N1+1 
IT"I=1 
I TNr~=SO 

6 T=ARSCT) 
CAU VD!JMX(X) 

r.**** SlI<\pOIlTtNE VOIJMX CALCULATES MIXTURE PARAMF.TERS USI"G 
r.**** VAN DER WAALS MIXING RULES 
r. *.* -It. 

FLi1)=O 
·25 TCM=TCVCM/VCH 

TR=TITCr1 
DO ~O 1=1.10 
ABCll=CACT)+RCI'*WCMI 

:~O C(lIlT 1 NUE 
8m'=A~ (1' *VCt·, 
AON=ARCiI'*R*TCVCM 
COM=A8C~'*R*VCH*TCM**3 
GAM=A~(""VCH**2 
B H = A B C 5 I * V C I~ * .. 2 
AH=aaC61*R*TCM*VCM**2 
ALM=~B(7'*VCM*"3 
CH=ABC81*R*TCM*TCVC~**2 
DOM=AB(9'*R*VCM*TCM**' 
OM=AB(101*R*TCVCM**2 
EXpW=E~PC-):8*WCM' 
ABC11'=AC11'+R(1".WCH·EXPW 
E 011 = A B C 11 I * R • V C+, • T C ~, •• 5 

5 C(11=R*T*ROM"'AOM,..COM/CT*~2'+DOH/CT •• 3)nEOM/(T**4) 
C(Zi=SM*R*T,..AM-DM/r 
C(3i=ALM*(AM+OM/T' 
C(41=R*T 
CC 5\ =CMI (T**2, 
DO 70 K=1. NU~f 

I···· . .... 

OBOM(K'=ARC1'*DVCMCK'+BC1'*OWCMCK,*VCM 
DAOMCK'=R*CABC2'*DTCVCMCKI+BC2'*DWCMCK)·TCVCM' 
DCOMCK'=R*CCOTCVCMCK'*TCM**2+2*TCM*TCVCM*OTCM(K"*ABC3,+BC3'*DWCMC 

1 Kl *vCM*TCI·,**3, 
PGAMCK'=2*VCH*OVC MlK'*AB(4)+RC4'*DWCMCK)*VCM**2 
DBMIKI=2*vCM*nVCMCKI*ABCS'+BCS'*DWCMCK)*VCM**2 
OAMIK'=R*CCVCM*OTCVCMCK'.TCVCM*DVCMCK»*AB(6)+BC6,*TCM*OWCMCK)*VCM* 

1**21 
OALMCK'=3*DVCMCK)*ABC7)*VCM*.2+BC7)*OWCMCK'·VCM**3 
nCHIKI=R*CC2*TCVCM*TCH*OTCVCMCK'+OTCH~K)*TCVCH**2'*ARC8)+B(8).OWCM( 

1(KI.TCM*TCVCM**2) 
DDOMCK'=R*CCDTCVCMCKI*TCM**3+3.TCVCM*DTCMCK)*TCM**2)*AB(9).B(9).Dw 

1CHCK'*TCVCM*TCM**3) 
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, 

DDM(K'=R*(2*T~VCM.DTCVCMCK'~ABC10'+BC10)*OWCMCK)*TCVCM.*2) 
DEOHCK'=CCDTCVCMCK'+4*VC"*OTCMCK)'*ABC11)+B(11)*EXpW*OwCMCK)*TCVCM 

1*.C1-3.8~wCM"*R*TCM~*4 
. FCK1=O.5*CR*T*(DRMCK)+3*BM)-COAMCK)+3.AMl~CODMCK)+3*D~lIT) 

GCKi=D.2*CCAM+DM/Tl*COALMCKl+6*ALM)+ALM*(OAMCK)+DDMCK) IT» 
OCKi=CM*C2*GAH+OGAM(K')/C2*GAM*GAM*T*T) 
H1c~'=CDCMCK)+3*CM)/C2*GA~*T**2) 
ECK1=R*T*COBOMCK)+2*BOM)~CDAOMCK)+2*AnM)-(1/T**2)*COCO~CK)+2.COM)+ 
1C1/(T·*3')*CDDOMCK)+2*DOM)~C1/T**4)*CnEOMCK)+2*EOM) 

70 CONTINUE 
IFC~L(1).NE:0)·GOTO 35D 
RO='.5 
E1=II.O 
H=-1).05 
CAll DENCRO;E1,f(;C.GAM,P) 

~**** SUR~OUTINE DEN CALCULATES DENSITY OF LIQUID OR VAPOUR PHASE 
r**** By ~OLVING THE H~N~siARLING EQUATION OF STAT~ 

IFCRO.LE.O.O)GOTO 800 
VL=1/RO 

r.**"* L1QIIID pHASE fUGf.CITY IS CALCULATED 
GR2=GAfhRlhRO 
EXPf,=EXPC-GR2> 
RR=,-C2+GR2)*EXPG 
RS=(GR2**2+2*GR2+2)*EXPG~2 

Sl'H1"0.0 
DO 75 K1=1.NUM 
FLCK1'=CECK1'*RO+FCK1'*RO*RO+GCK1'*RO**S+H1CK1)*RR+DCK1)*RS5/CR~T) 
FLCK1'=XCK1'*RO*R*T*EXPCFLCK1') 
FUl!K1 l=Fl CK1) 
Y(i(1)=FIILCK1'/FC/P 
SlI"1 =SUll' +Y C K1' 

/5 CrN T llJUE 
~**** VAPnUR pHASE MOLE FRACTIONS ARE NORMALISED 

Y(1 1 =Y(1)/SUM1 
YC21=V(2)/5UM1 

90 CAll VDWMXCY) 
GO TO 25 

350 RO=o.O 
E1=:>.5 
DH=n.1*p/R/T 
IFCnH.LT.D.01)GOTO 12 
11=0" 01 
GOT,) 13 

12 H=DH 
13 CONTINUF. 

CALl DENCRO;E1,H;C,GAM,P) 
r.**** SUBROUTINE DEN CALCULATES DENSITY OF LIQUID OR VAPOUR PHASE 
~~*** BY ~OLVING THE HAN~STARLING EQUATION OF STATE 

IfCRO.GE.2.5'r.OTO 810 
V=1/RO 

r**** VAPnUR pHASE FUGACITY IS CALCULATED 
.GR2=GAM*RO*RO 
EX p r; = F. X p C - G R 2) 
R~=:>-C2+GR2'*~XPG 
RS=(GR2**2+2*r.R2+2'*EXPG~2 
SIJ.,:>=O.O 
SUI~p=O. 0 
[10 100 K1 =1 ;NUM 
FLCr1)=CE(K1)*RO+F(K1'*RO*RO+G(K1).RO.*5+~1(K1)*RR+DCK,)*RS)/CR*T' 
FLC~1)=YCK1'*RO*R*T*EXP(FL(K1» 
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FUG1K1)=FUK1) 
R1(~1):FUL(Kl)*Y(K1)/FUG(Kl)/X(K1) 
YCK1):Rl(K1)*X(K1) 
SU~P=SUHP.Y(K1)*P 
SLJI~;>=SUr,,2.Y (1(1) 

100 CO"lT nJul: 
00 151 Kl=1;NUM 
I F ( A R S U U L ( K 1 ) IF U G ( K 1 ) ., 1 • 0) - 0 • 001 ) I 51 , 1 5 I ; 4'9 

, I 
r. THE CON~ITION OF THE EQUALITY OF FUGACITY FOR BOT~ PHASES IS 
r. 1~EF'~EO BY THIS STATEMENT 

151 CONT I :.JUE 
GO TO ZOll 

49 ITN=IHI.1 
IFC'T~M-ITN)51,11,11 

51 WRITE(2.52) 
GOTn 2Z0 

1 I CONT I NUl: 
GOTn 90 

2 0 0 C 0 tJ T I tW E 

r.**** SUM OF THE PARTIAL PRESSURES MUST BE EaUAL TO THE TOTAL PRESSURE 
IF(IABS(SIJMP~p)/SUMP).LE.0.0001)GO TO 185 
P=~ill~P 

Go TO 3 
11'5 SUM1 =sur12 

99 SUMV=SUM1-1:0 
r.**** SliM OF THE VAPOUR PHASE ~(lLE FRACTIONS ,MUST BE 1.0 

IF(~RSCSUMY).I,E.O.on01)GO TO 220 
GO TO 91') 

2~O CO'JT I tWE 
'ARITEC2.19)PEXP 
WRITEC2.6S)P,T 
\,JR I T E (2.61) vL. V 
\J R. I T E C 2 • 225 ) 
"RITE(2.Z9) 
\.!RITEC2.225) 
DO <;0 1=1. NI)~1 
WRITE(2.27)I,XCI).YCI),FLCI).R1CI) 

50 CONTINUF. 
DELP=PEXP-P 
OEVp=~ELP*100/PEXP 
WRITECZ.240)OEVP 

, WRITEC2.35HI1 
GO TO 890 

ROO ~JRITEC2.85) 
GO TO 890 

810. WRITE(2.86) 
1190 WRITE(2.6;» 
900 CONTINUE 

2 FORt"ATCFO~O) 
4 FORMATcrO.2FO.O) 
? FORf,'ATC2FO.0) 

14 FOR'~AT(5FO.O) 
19 FOrwAT<1H • 'F.XP. PRESSURE =' .F?n 
?2 FOR!1ATC2FO.O) 
?3 FORHATC1 H .'ZETA('.I2. I ,I.12. I )=I,F6:4,,3X;IETA(I,I2,i.I,IZ,!)=I,F6 

1 • 4) 
24 FORI'fllT(FO.O) 
27 FORMAT(1H .4X.IZ;14X.F6.4.10X,F6.4,13x,F9.4,10X,F?4, 
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29 FOR'.ATC1H .'COMPO~ENT 'LIOUID MOLE FRA~. VAP, MOLE FRACi 
1 FIIGACrrV EQUILIBRIUM RATIO I) 

~5 FORIIATC1H .'NO.OF ITER.='oI3) 
52 'FOq,.ATC1H .'PHASE CALCULATION FAILED '0 CONVERGE',/) 
61 FO~IIATC1H .iVOLUME OF LIQUID PHASE=']F8.5,SX"VOlUME OF VAPOUR PHA 

1SE=i;F8:S) 
~2 FORt,ATC1H ,t •• ****.*** ••••••••••••••••••• ** •• * •• ** •••••••••••••• ** 

1**************************************************.* •• ***** •• ***f) 
~5 FORMATC1H ,'C4lC; PRESSURE:'.F7.2,5X1jTEMPERATURE="F7.2) 
A5 FORMATC1H .28HNO ROOT FOR VOLUME OF LIQUIO) 
R6 FOqHATC1H ,28HNO ROOT FOR VOLUME OF VAPOUR) 
'1 5 F OR "H C I 0) 

111 F I) R t~ AT C 'H 0 • 0) 
210 FnRMATC1H .'GAS CONSTANT:',FR.4) . 
2?5 FORt.ATC1H .,----------------------~-------------------------------

1----------------------------------~-~----------------------~~') 
230 FORIIATC/1H ;'~THANE(1)~PROPENEC2) SYSTEM './) 
240 FORMATC1H .,DEVIATION IN PRESSURE Q'iF6.3) 
295 FORMATC1H ///1H ;3X.'PREDICTION OF VAPOUR-LIQUID EQUILIBRIUM DATA 

1 USING MAN-STARLING EOUATION ') 
~q6 FORMATC1H .'VAN PER wAILS MIXING RULES ARE USED ') 
300 FORIIATC1H .,PRESSURE IN p.S.I.A. VOLUME IN CU.FT.PER LB.MOLE 

1TE~DE~ATURE IN DEGREES RANKINE',//) 
S T ,)" 
E Ill) 

Il~ur roR PROGRAM NO. 5 

**** 
r*****·*******.*·*****.*********.****.**********.****~~~*****~********* 
~**** A TYPICAL ,OATA IN~UT FOR PROPENE(1)-PROPANE(2) SYSTEM ****** •• ** 
r.***************************************************** **.*********.**** 
nOCUMENT nATA 

2 1.0 10'.'7335 
r~*** THE FOLLOWING CARD MUST CONTAIN 
0.0 
~49~76 2.170812 0[099 0.285 30.07 
656;73 2.R99439 0:144.0 .. 274.42.08 
r**** EaUATION O~ STATE CONSTANTS FOR 
n~44369 0'~115449 
~:2R438 -0.920731 
0.356306 1.70871 
0~544979 -0.270896 
0~5~8629 0.349261 
0.4114011 0.75413 
0:0705233 -O.04444~ 
0.504087 1.32245 
0:0307452 0.179433 
0~0732828 0.463492 
0:00645 -0.022143 
0;00 
1 
100 
0.014 
**** 

412 

NUM Fc R 
ZETA AND ETA FOR VOW MIXING RULES 

CKIJ OR ZETA ETA FOR VDWMX 
rc VC WC ZC ~OL WT 
re VC, WC ze MOL WT· 

HAN-STARLING.EQUAT}ON 

TEMPERATURECRANKINE) 
NO, of DATA POINTS 
GUES~ PRESSURE (PSIA) 
xC 1 ) 



P~EDICTION OF VAPOI)R~LIQUID eQUILIBRIUM DATA USINGHAN~STARlING EQUATION 
VAN DER WAALS MIXING .UL£S ARE USED 
P~ESSURE IN P.~.T.'. V')LUME IN CU,FT.PER L9,MOlE TEMPERATURE IN DEGREES RANKINe 

ZETA( 1. 2).1.0000 ETAC 1. 2).1.0000 
GAS CONSTANT= 10.7]35 
••••• *.** •••••• * ••• **~ •• * •••• *+ •••••• *.* ••••• *.*.*.*.* ••••••• * •• ** ••••• ** •••• * ••••••••••••••. 
EXP. pRE$$URE. 100.0 
CALC. PRESSUREs 100.0B TEMPERATURe- 500.00 
VGLUME OF LIQUID PHASE= 1.22191 VOLUME OF VAPOUR PHASE a 46,44666 

--------------------------------------~---.-----.--.--.-.-----.---~~-------------.. ---.--.--. COMPONENT LIOUID MOL~ FRAC. VAP. MOLE FRAC, FUGACITY EQUI~IBRIUM RA?IO 
--------------.-.-.--------------------.-----.-.----.--.----.--.---._---------_._--.--.. --- .. , 

2 
DEVIATION IN 
NO.OF ITER:. 

0.0140 
0.9860 

PRE~SURE .~0.078 
3 

0.0426 
0.9574 

4.0501 
84,1792 

3,0457 
0,9710 

*.*.* ••• * •• *.~ ••• *.* ••• *.** •••••• ~* •• ** ••• ***.* •• *.* •••••• ~·* ••• * •• **.* •• * •• *.***.*.** •• ** ••• 1 

expo pRESSURE m 1~O.O 
CALC. PRESSURE- '4R.aO 
VULUME OF LIQUID PHASF.-

TEMPERATURE- 500.00 
1.20562 VOluME OF VAPOUR PHASe a 30,28387 

.-------------.-.----------------------.-----.------.--.-------.-------------------.---------
COMPONENT llnUID ~OL~ FRAC. VAP: MOLE FAAC, FUGACITy EQUILIBRIUM RATIO 
--------------.----------------------.-.-------------------------------------------.-------.-

1 0.2090 0.4418 59.8 718 2.1'39 



PROGRAM NO.6 
MASTER HA~-STARLING 

r..*.***.***********.***.*.******************.********* ********* •• *** •••• 
r V.L~E. PREDICTiON USING HAN-sTARlING EQUATION 
r**~* ·p~EnICTION OF PRESSURE AND VAPOUR PHASE MOLE FRACTIONS 
rH· .. GIVFN VALUES OF TEMPERATURE AND LIQUID PHASE MOLE FRACTIONS 
r**** HAN-STARlING MIXING RULES ARE USED 
r.*~*********.***************************.*****.*****.* .* •••• _ ••• * ••• _* •• 

DIMPJSIMl EXPR1(10) .DEV(10LDEVR1(10) i 
{It I·' F ~ S ION X ( 1 0) • F ( 1 0) • F 1 ( 1 0) • F 2 ( 1 0) , F 3 ( 1 0) ~ F 4 ( , 0) • F 5 ( 1 0) , F 6 ( 1 0) 
o I M F 'l S ION V ( 1 0) • V 1 ( 1 0) • F L< 1 0) • F U L< 1 0) • FUG c1 0) • R 1 ( 1 0) ~ C ( 5) , w, (1 0) 
C 0 ~"., 0 NI R l 1 I A 0 ( 1 0) • 80 ( 1 0) • CO ( 1 0) , DO C1 0) • EO ( 1 0) • A 1 ( 1 0) ~ 111 (1 0) 
C 0 1·H~ 0 NI R L 21 C 1 ( 1 0)' 01 ( 1 0) • Ai. ( 1 0) , G A ( , 0) . . 
COMMON/lll3/A(1')~B(11).TC(10),VC(10)iWC(1n),ZC(10) 
COHHON/BL4/R,T,AH.BM.CM.DH,AOM,BOM,COH,DOH.EOM,ALM,GAM,NUM 
COMt10~/Bl5/CKIJ(10.'O) 
'.IR I TE (2.225) 
WRITE(2.230> 
1JRITE(2.295) 
WRITE(2.296) 
\.!RITE(2.300) 
REA!)(1.l.) '1In1. FC.R 

r**** ~JL!1=NO. OF 
r,.*** FC=INITIAl 
r~,.** R=1 o. 7335 
r.***. 

COMPONENTS 
ESTIMATE OF FUGACITY CO 
UNIVERSAL GAS CONSTANT 

r.**** 

EFFICIFNT FOR VAPOUR PHASE 

r.*u* It,PIIT INTFRACTlON CO EFFICIENTS IN THE FOLLOWING ORDI'R 
r. * * * * C K I .1 ( 1 • 2 l • C K I J ( 1 .; 3) • - - - - C K I J ( 2 , 3) • - --
r*-** EACM VALUE OF CKIJ ON SEPARATE CARD 
r.**** 

D 0 ~ 0 0 I = 1 • tJ U I·' 
1)0 ~50 J =1. ~IU~, 
IF(I.GE~J)GO TO 550 
REAn(1.22lCKIJ(I.Jl 
CKI,I(J.l)=CKIJ(I:J) 
WRITE(2.23'liJ,CKIJ(I.J) 

550 CONTINUE 
500 COillTI~UE 

r.**** I!;PIIl CRITICAL CONSTAllTS OF EACH CO~'P()NENT 
REA n ( 1 • 8) (T C ( Il • Vc ( J) • WC ( Il • 7. C ( I) , W' ( j ) , I = 1 , NUM) 
DO 15 1=1.11 

r.**** IIJPIIT EaUAT I ON OF STATE PARAMETERS. 
REAn(1.7)A(Il.B(Il 

1 5 COIl Tt NU E 
WRITE(2.210)R 

r *·H * II~ p 11 T T E I~ PER A T U REI N RAN KIN E 
REAIl(1.22lT 
REAIl(1.9S)M 

r.**** M 1~ THE NO: of DATA POINTS 
DO Q 0 n L = 1 • I~ 

r.**** INplIT A GI!ESS VALUE OF PRESSURE(PSIA) 
r,**** EXPFRIMENTAL VALUE IS USED FOR COMPARIsON PURPOSE. FINAL DEVIATIC 
r.**** IN pRESSURE Is ORTAIN~D WITH RESPECT TO T~IS VALUE. 

r**** 
r..'*** 
r.**** 

REAn(1.2lp 

It. P 11 T LI Q lJ I D pH A SE MOL E FIl A C TI 0 N S III T HIS 0 ROE R X ( " • x (2) '; .••• 
•••..•• X (tHlN-' >. EACH HOLE FRAC ON SEPARATE CARD 
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r. ...... 
REA I'> ( 1 .2) (X ( I) , 1=' • N IHI-1 ) 
Su:w=O.O 
DO ~25 1=1.NUM-1 

525 SUMX=SUMX+X(I) 
X (NW!) =1-SUHX 
POLr.=P 
N1=.1.0 

:3 N1=N1+, 
ITN =1 
I TN'~=50 

6 T=AflS(T) 
CAll IHXP(X) 

~**.* SURQOUTINE MIXP CALCULATES MIXTURE P4RAMETERS USING HAN-STARLING 
~~.** HIXING RULES 
r*.+· 

FL(1) =0 
5 C(11=R*T*~OH-AOM~COM/(T**2)+OOM/(T**3)-EOM/(T**4) 

C(21=RH*R*T-AM-oM/i 
C(31=~LM*(AM+OM/T) 
C(4\=R*T 
C(51=CM/(T .. ·2> 
IF(~L(1).NE~O.O)GOTO 350 
RO=).5 
E1=I'l.O 
H=-i).OS 
CAll nEN(Rn;E1.H~C.GAll,P) 

r.***. 
r.**** SIJ"lROUTINE onl CALCULATES DENSITY OF LIQUID OR VAPOUR PHASE 
r.*** BY sOLVING THE HAN.STARLING rQUATION OF STATE 

IF(RO.LE.O.O)('OTO 1\00 
VL=1/RO 
SU'11=O.O 
CALl FUGAeX;FL.RO) 

r. SUnRouTINE FUGA CALCULATES THE FUGACITY OF EACH COMPONENT IN A 
r. GIVFN MIXTURE 

DO 75 K1=1.NUH 
FUlIK1) =FU K1) 
Y(K1)=FUL(K1)/FC/p 
SU~11 =SU111 +Y (K1) 

75 CONTINUE 
r.*** VAPOUR P~ASE MOLE FRACTIONS ARE NORMALISED 

V(1 \=V(1l/SUM1 
ve21=V(2l1SUH1 

1)0 CAll HIXP(Y) 
GO TO 5 

:'ISO RD=i).O 
E1=).5 
DH=D.1*p/R/T 
IF(oH.LT.O.01)GOTO 12 
H=o'01 
GOTO 13 

12 H=DH 
13 CONTI NUE 

CAL' OEN(RO;E1,H;C.GAH.P) 
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r·*** SUg~OUTINE OEM CALCULATES DENSITY OF LIQUID OR VAPOUR PHASE 
r**** BY SOLVING THE HAN-STARLING EQUATION OF STATE 
r.**** 

IF(RO.GE.2.S)GOTO 810 
V=1/RO 
SU~I~=O. 0 
SU!-lp=O.O 
CALl FUGA(Y;FL,RO) 
00 100 K1=1;NUrl 
FUG I K1) =F L< K1) 
Y(K1l=FlIlCK1)*Y(K1)/FUG(1(1) 
SUMP=SUHP+V(K1)*P 
SUH~=SUM2+V(K1) 

1 (") 0 CON T I ~l U F. 
00 151 K1 =1 ;I:UM 
IF(ABS(FUL(K1)/FIJG(K1)-1.0)-O.001)151.1S1.49 

r THE CONDITION OF THE EQUALITY OF FUGACITY FOR BOtH PHASES IS 
r 1DEFINED BV THIS STATEMENT 
r.**** 

'51 COtn HJUF: 
GC' TO 200 

t. 9 I T tJ: ITN + 1 
IFCrTNM-ITN)51.11.11 

';1 '~RITEC2.52) 
GO TO 220 

11 CONTINUE 
GOTO 90 

2!10 COfJ~ I NUl' 
r**** SUM OF THE PARTIAL PRESSURES HUST BE EOuAL TO THE TOTAL PRESSURE 

1F(~BS«SIlI1P-P)/SUfoIP). LE.0.00001 )GO TO 185 
P=SlIt~P 

GO TO 3 
1 A 5 S U '·1 1 = S Ut·, 2 

99 SUfoIV=SUH1-1':O 
r**** SUM OF THE VAPOUR PHASE MOLE FRACTIONS MUST BE 1,0 

IFCABSCSUMY).LE.0.00001)GO TO 220 
GO TO 90 

220 CONTIt.JUF. 
r.**** RESIILTS ARE PRINTED 

WRITEC2.19)POLO 
~/RTTE(2,65)P,T 

WRTTEC2.61)VL.V 
WRITE(2.22S) 
.WRITE<2.29) 
WRITE(2.22S) 
00 ~O 1=1.NU~' 

r.**** EQUILIBRIIJH RATIOS ARE CALCULATED. 
R1CT)=Y(J)/XCJ) 
WRITE(2.27)I,XCI).Y(I),FL(I),R1(1),EXPR1(J) 

50 CONTTNlll: 
r**** DEVIATION .. IS CALCULATED 

DEVV=CPOLD-P).100/POLD 
AOE,t=ADEV+ABS(DEVV) 
WRtTEC2.36)OEVV 
I-IPITEC2.3S)N1 
GO TO 890 

81)0 WRITEC2.8S) 
Go TO 890 

810 WRITEC2.86) 
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ilQO WRITECZ.67) 
900 CONTINUE 

L=L-1 
ADEIf=ADEV/L· 
WRITECZ.925)AnEV 

r**~* **************************************************.*** **.********~*: 
2 FOR~IAT( FO: 0) 
4 FORMATCIO.2FO.O) 
7 FORMAT<7.FO.O) 
8 FOR ~I A T( 5 F 0 .0 ) 

~9 FORMATC1H .'EXPERIMENTAL PRESSURE=',F7.3) 
? 2 FOR t., A T C F 0 .. 0 ) 
23 FORMATC1H .'INTERACTION CO EFFICIENT CKIJC',I2,',',12,')=',F6.4) 
27 FORMATC1H .4X.IZ;14X.F6.4,10X,F6.4,13X,F9.4,10X,F7.4,10X,F7:4' 
29 FOHMAlC1H ,'COMPONENT LIOUID MOLE FRAC. VAP. ~OLE FRAC. 

1 FIIGhCIlV EQUILIBRIUM RATIO EXP.FOUI. RATIO I) 

35 FORuATC1H ,'NO. OF ITER.=',I!) 
36 FOR,·;AT(1H ,'DEVIATION IN PRE5SURE=',F6.4,1(%)1) 
52 FORMAT(1H ,iPHASE CALCULATION FAILED TO CONVEPGE',/) 
61 FORMATC1H ,iVOLUME OF LIQUID PHASE='iF8.5,5X,'VOLUME OF VAPOUR PHA 

1SE =' ,F11.5) 
~2 FORHATC1H ,,~***~~*****************~*******.**********~* ••. ***** *** 

,;****~***************************************.******* *****.',/) 
65 FORwATC1H ,'CALCULATED PRESSURE=',F8.3,~X;'TEMPERATURE=',F7;i) 
as FORMATC1H ,28HNO ROOT FOR VOLUME OF LIQUln) 
116 FORMATC1H ,28HNO ROOT FOR VOLUME OF ~APOUP) 
I) S FOR I·' AT (T 0) 

710 FORJ.lAT(1H .'GAS CO"'STANT=',FR.4) 
225 FORMATC/1H ;,----------------------------------------------~------

1------------------~---------------~---~-----------------------"" 
230 F0RMATC/1H .,'ETHANE(1)-PROPENEC2) SYSTEM 1,/) 
;1'1 5 FOR.., A:re 1 HI" 1 Hi 3 x , .' PREDICT I ON or. V A P 0"t1 R - LI QUI D Eo U I LI 8 R I U M DATA 

1 US,NG HAN-STARLING EQUATION ') 
?06 FORMATC1H .IHAN-STARLING HIXING RULES ARE USEDI) 
300 fORNATC1H ,jPRESSURE IN p.S.I.A. VOLUMF IN CU.FT.PER LB.MOLE 

1TEMPERATURE IN DEGREES RANKINE','/) 
9?5 FORHATC1H , iABSOLUTE AVERAGE DEVIATlO~=' ,F6.4,' <X) t) 

r.**~**z~******************************.*******************.*.****~**.***i 
STOp· 
E!JD 

INPUT FOR. PROGRAM NO.6 (SAHE AS PROGRAH NO.5) 
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-.-------------------.-----------~ ----------------------~~--------------------------.. --.-------------------

~~i:OICTIO~ C'F VAPOiIR-uaUID EQI)lLlsRIUf1 DATA USING HMI-STARLING EQUATION 
H~~-~TARLING MIXING R~LP~ ARE USED 
P·ESSIJRE I~ P.~.'.A. VULUMe IN CU.~T.PER LR.MOLE TEMPERATURE IN PEGREES RANKINE 

I~TEQ~CTION CO e~FICIENT CKIJi 
GAS C'J~ST~NT= 10 7335 
E!PERIMENTAl PRE~SURE~100.000 
CHCUL~TF.O pRdsll~F.= oQ. 1)49 
V0LUME OF LIQUID PHASF- '.22189 

1, 2).0.0000 

TEMPERATUREs 500.00 
VULUME OF VAPOUR PHASE =4~.50'10 

: .. ,'~":. :-~ . 

• 
. ' - ....... _.'" .... -'. __ . -_ ... _----- -

- . - -.. - . -. -. 
- - -- . . - - -

-- .-. "- . 
-------------------------~--------------------------------~------------------------------------------------- •. 

VAP. MOLE FRAC. FUGACITy EQUILIBRIUM· RATIO 

•.. _--------_ ....• -.-.-------------_ .. _----.---------- ~---.-- ----------------------------------------.-~---~~-... 
i 
2 

OEVtAi·ION IN 

o 01 id 
O.9861J 

~OE~5URE=O.05n9(X) 
NC. OF ITER.= 4 

0.0416 
0.9584 

3.9381 
84.1768 

2.9742 
0.9720 



r.** •• 
r.*-fr •• 
r.***. 
r.** •• 
ro**.· 
r.**",* 
t::**.* 
r.**** 
~***. r. ..... ... 
r.***. 

PROGRAM NO.7 
MASTER GENERALIsED 

• *.*.*.*~** •• *.***.*.*.******.*****.****.**** •• ***.*** ****.******. 
THis PROGRAM COMPARES TWO METHODS USED FOR GENERALISING THE 
MODrFIED PENG-RORINSON EQUATrON. 
PREnICTION OF DENSITIES(OR COMPRESSIBILITIES) 
MeTHOD 1 USEs THE GENERALISED CORRESPONDING STATES PRINCIPLE 
WITH TWO NON-SPHERICAL REFERENCE FLUIDS 
METHOD 2 USES THE GENERALISED EQUATION OF STATE PARAMETERS IN 
TER~S OF THE ACENTRIC FACTORS 
**** •••• *****************.*********** •••• ***."*****.***** ••• **-*** 

DIMFNSION C(S) 
COMHON/BL1/RiT,P;VC.ZC,TC.WC.CO(10) 
COMMON/BL2/PR.TR;VRE.TR2,VHE.ZHE 
COMMON/BL3/DNep,DRK.DPE,VEXP 
COMMON/BL4/PC.F.ZM;OMAC,OMB.OMC 
COMMON/BL'/AUT~OR.W1.DL 
WRITE(2.227) 
WRITE(2;225) 

r.*"". INPIJT THE ACENTRlC FACTORS OF Tl~O REFERENCE FLUIDS_ 
REAnC1.150)AC1,AC2 

~**** INPUT CRITICAL CONSTANTS OF THE FLUID OF INTEREST 
REAn(1,,14)TC.VC;ZC.AC,W1 
R:;10.7335 

r.**** 
r.**** INPIIT THE EQUATION OF STATE PARAMETERS ZM AND F FOR THE TWO 
r**** R~F~RE~CE -FLUIDS 
.r. .. * .... 

r.** •• 

REAO(1.116;ZM1,F1 
REAoC1,116)ZM2,F2 
WRITEC2.220)TC,VC.ZC.AC,W1,R 
AllEII=O.O 
AIlF.v1';0:0 
READ(1.130)U 

r**** U Is USED-TO IDENTIFY THE COMPONENT SO THAT THE E~PERIMENTAL 
~**** DATA fOR THE PARTICULAR COMPONENT CAN BE CONVERTED INTO APPROPRIA 
r**.*UNITS CONSJST~NT WITH THIS PROGRAM 
r.**.* 
_ , REAoC1,12S)N1 
~**** N1 IS THE NO. OF DATA POINTs USED 

ZCE=2C 
WC=AC 
ZC"7M1 

r.**** EVALUATION OF OMAC.OMB,OMC FROM ZM FOR REF. FLUID 1 
C(1'=1.0 
CC2,=2.0.,3.0*zC 
C(3) =1. O*ZC*ZC 
CC 4) =-ZC**3-:0 
CALl SOLVECZHrN.ZHAX.C) 

r**** SUBROUTINE SOLVE IS USED TO SOLVE THE CUBIC EQUATION 
OMB=ZMAX 
OMC=1.0-3.0.ZC 
OHAC=3.0*zC.ZC.3~O*(1.0-2.0*zC)*OMB·OMB·OMB.OMC 
OHAC1::;OMAC 
OHB1=OMB 
OMC1=OMC 
ZC=-7M2 

r.***. EVAlUATION OF OHAC,OMB,OMC FROM ZM FOR REF. FLUID 2-
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C<11=1.0 
C (2) =2. O~3. O*ZC 
C(3)=3.0.zC.ZC 
CC 41 =-ZC •• 3':"0 
CAll" SOLVECHIIN,ZMAX,C) 
OMB=ZMAX 
OHC=1.0-3.0*ZC 
OMA~=3.0.ZC.2C+3:0.(1.0-2.0.2C).OMB+OHB·OMB.OMC 
OMA~2=OHAC " 
OMB;>=OMB 

. OHc;>=OMC 
e.**· GENFRALISfD CORRELATIONS FOR ZM AND F 

F~O~452413+1.30982.WC-O.295931*wc*wc 
ZM=n.329032eO.0767992*UC+O.0211947. WC*WC 
ZC=7M 

~* •• * EVAlUATION OF OHAC,OMB,OMC FROM ZM FOR THE FLUID OF INTEREST 
Cn)=1.0 
C(2)=i!.O.,3.0*ZC 
cn) =3. O*ZC*ZC 
C( 41 =-ZC •• 3':0 
CAll" SOLVECZMIN,ZI"UX,C) 
OHB=ZMAX 
OMC=1.0;;3.0*Zr. 
OHA~=3.0*lC.ZC+3.0.C1.0-2.0*ZC)*OMB+OM~*OMB.OMC 
WRITE(2,117)OMAC;OMB,OMC,F,ZM 
WRITE(2,Z27) 
WRITE(Z,250) 
WRIrE(Z,2n) 
ZC=7CE 
DO 90 i=l,N1 

r.**"«* INPUT EXPERIMENTAL DATA. THE VALUE OF THE PARAMETER AUTHOR GIVES 
r.**** IN~ORHATION RP.GARDING THE UNITS OF P,VF.XP AND T. 
11:**** 

READC,.111)AUTHOR,P,VEXP,T 

e •• ** CALL TO THE FOLLOWING ROUTINES IS NECCESSARY FOR THE CONVERSION 
Po** •• OP UNITS 

IF(U;EO:1)CALL UNMET 
IF<It.EO":Z>e,uL UNETH 
If(It.EO.3)CALL UNPR 
IF(It.EO:4)CALL UI/FlU 
IF(U.EO~5)CALL UNPE 
IFCll:EO:6,CALL UNHE 
I F(II: EO:?) CALL UNHEP 
IF(II.EO~R)CALL UNQeT 
U(\J:EQ.Q)C,uL UNNO 
IF (11; EO":1 0) CALL IJNDE 
TR=T/TC 
TR2=TR*TR 
PC": 7 C,. R ,. T C I V C 
PR=p/PC 
ALP1=(1:0+F'.('.O-SQRT(TR»).*Z.0 
A=OMAC'*AlP1*PR/TR2 
B=OMB'*PR/TR 
CC=nHC1*PR/TR 

~.*** EQUATION OF STATE IS SOLVED FOR REF. FLUID 1 
C(11=1.0 
C(ZI=CC-1.0 
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C(3i=-(2.0.B.CC+B*R+B+CC~A) 
C(4l=8.R.r.C~A.B+R.CC . 
CAll SOLVFCZMIN, Z/~AX, C) 

IF(VEXP:LT.VC)GO TO 55 
Z1=7.MAX 
GO TO 56 

55 Z"'7MI~. 
56 CONT! NUE 

ALP?=(1~0+FZ.(1.0~SQRT(TR»)).*Z.o 
A=OMACZ.ALPZ*PR/TR2 
B=OMB2·PR/TR . 
CC=or-4C2*PR/TR 

r. •••• EaUATION OF STATE IS SOLVED FOR REF. FLUID 2 
C (1 pL 0 
c(zi=cc-~.o 
C(3)=·(2.0*B.CC+B~B+B+CCRA) 
C(4l=B.8.CC~A*B+B*CC 
CALL SOLVECiHIN,ZMAX.C) 
IFCVEXP~LT.VC)GO TO 65 
Z2=7.MAX 
GO TO 75 

65 Z2=7MI~.· 
75 CONTINUE 

r*·.· THE GCSP USING TWO NON~SPHERICAL REF FLUIDS IS DEFINED BY THE 
r.*.· FOLI.OWING EQUATION 

Z=Z1+(AC-AC1).(Z2-Z1)/(AC2~AC1) 
V=Z*R·T/P 
VR=V/VC 
VRE=vEXp/vC 
DEV=CVRE-VR)·100/VRE 

r. •••• DEVIATION FROM EXPERIMENTAL VALUE IS CALCULATED. 

r.**** 

AOEv=AOEV+ABS(DEV) 
CAll. NCP 

. . 
r.* ••• SUBROUTINE NCP IS USED TO SOLVE EQUATION OF STATE USING ZM 
~.* •• F FROM GENERALISED CORRELATIONS.ZHE IS THE COMPRESslBILITV 
r. •••• OBTAINED FROM THIS ROUTINE 

VHE=ZHE*R.T/P 
VRHF=VHE/VC 
DEVHE=(VRE~VRHE).100/VRE 
ADEV1=ADEv1.ARS(DEVHE) 
WRITE(2.32)i,PR,TR,VRE,VR,OEV,VRHE;DEVHE,AUTHOR 

QO CO'lTINUE 
AADF.V=ADEV/N1 
AADFV1 =ADEV1 IN1 
WRITE(2,3~)AA~EV 
WRITE(2.3A)AADEV1 

32 FORHAT(1H ,13.4X;7(F10.6,4X),4X,F3.1) 
:'15 FORHAT(f1/1H ,'ABS. AVE. DEV(X) GCSP =',F10.5) 
38 FORMAT(/1H ;'AaS.AVE: DEV.(X) NCP CORRELATIONS~',F10.5) 

11 1 FOR 1·1 A T< 4 F 0 . 0) 
1~4 FORMAT(5FO.O) 

AND 

116 FORMAT(2FO.O) . 
117 FORMAT<1H ,'OMAC=',F12.9,2x·,'OMB=',F12.9,2X"OMC;:',F12.9,2X';IF~I, 

112.Q;ZX,'z=i,F6.4) . 
125 FOR~~AT( I 0) 
130 FORMAT(FO.O) 
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'50 FORMAT(2FO.0) 
2:10 FORr·IAT(1H .lTe=' iF8.2.4X. 'VC=' ,F9.6.4x. 'le:" ,P6.4.4X;'ACE.FAC •• ',F 

1 6 • 4 ;. 4 X, i MOL:; \J T • = i • r 8 • 4, 4 X, 'G A S CON S T = , , F 8. 4) 
2~5" FORMAT(/1H ;'PREDICTION OF PURE tOMPO~ENT DENSITIES USING GENERAL I 

1SED PR(fl0nIFIEO) EQUATION OF STATE') 

1 

227 fORMAT(1H .' •• **.*******.*****.*** •• ****** •• ******.*~***.****'****' 
,*******.*****.********* ••• ************** •• *.******.*,) 

250 FORMAT(1H " NO' 18X. 'PR'.12x.'TR' .11X. 'VRF.XP' ,10X, ,VRLIC' ,9X':'DEV(X 

r. 
r. 
~***. 
r.**** 

1 ) , , 7 X , 'V RN C P , .9 X, ' DE V N C PO;) , , 7 x , , RE F , ) 
STOp 
END 

Il~ur FOR PROGRAM NO.7 

*****.*.*****.*******************************.*.**.* •• * ••••••••••• 
****.**~.** A TVPICAl DATA INPUT FORN~OCTAN~ **~**************. 

r.**** *.*****************.***************************.*******-_._._* •••• 
n.-o01 O;3Q8 ACENTRIC FACTORS AC1 AC2 
~023.89 7:881348 0.259 n.39B 114.23 TC vc ZC AC \J1 FOR N~OC'A~E 
0.328 0.4~0751 ZM1 F1 FOR REF. FLUID 1 
n""3010.918544 2M2 F2 FOR REF. FLUID 2 
R U IDENTIFICATION FOR N .. OCTANE 
~O NO; OF PVT DATA USF.D.· 
C PVT DATA FILE INCLUOEDP v" T AUTHOR 

**** 

422 



REDICTION OF PUR~ 
c= 1 on,;'9 vc= 
~AC~ O."463R61351· 

rO:'IP~N~I,T 'lE"SITIE$ IISIIJG GENEKALlSF.D PR(MODIFIE~) EQUATIO'J OF 
7 ." 'I ill 3 I. ,~ Z r. ~ u : 2 59 0 A C F. , F ft r. , = 0 , 39 8 () 11 () I, • 141 .. = 1 1 4 , ?:~ IJ 0 
OM~= O;U75Q21453 OMC~ o,,0945302~9 f= O,9Z6843755 7=0,30 1 8 

S T A lE 
r, A S r. I) 11 S T:: 1 0 , 13:15 

I O:2034~I> n',' 6, ,'it) il 

2 1)':406913 (l:(j)'jtjC)R 

3 ,:1>1(1369 j,'('~S9c)P, 

4 0:81:\825 !), 1\ 5 5 C) Cl 8 

5 ,':017281 1'>':6S5Qc)8 

6 1:ZZ()738 1);6~5'/Q8 

7 2: 034563 () ',' Cl 'l 5 <) 'l 8 

8 .4:r.6t; I 25 ~:6S591)1l 

9 6': 1 036118 I'" ': (., ~) SO r, B 

10 8:13~2S1 o , (, ) 5 <; Cl 8 
1 I 1,':17~ilI4 n,1i559r)il 

I 7. 1'('.' 7.07376 ~;6,5t')C)8 

1 3 1)':203456 ~; I; \19 c; 48 

1 4 I) ': I, 0 6 9 1 3 {'I: (,C/99 1.8 

I 5 () ': 6 1 0"3 ci 9 0;699 9 4'3 

16 0': 813 82 5 ",'6'1'7948 
17 1 ',' 0 1 7211 1 0:6'19948 
1 !l 1': 22:1738 rJ; ,wc) Q 4 8 
19 2':034563 0, (,'19948 

20 4 ': 06 Cl 1 25 (')':6'1 'l 9 48 

as~ AVF~ OEV(X) GC~P = 

UI~AVE~ DEV~(X) NCP C0~~~LATr0NS = 

O,36421l2 
,) ,,:3 631 il 
1),36247.S 
0, 36196~ 
fC~61496 
1),361032 
0,35 9 174 
O,:~S5227 
,J;3:i1513 
n,341l4 9 4 
Q,~457()!l 

1l,34~'f22 
0,378213 
0) , ) 771157. 
0, :176123 
0,"\75427 
,) , 1749 (, 2 
!l,374266 
O. "\71944 
O,36 6R36 

0,627111 

~,,~097:S 
(\ ;.'603Ro 
O,~5980?' 
(I, :~592,37 
(),358634 
0;35 8 11,1. 
D, '1:560<)7 
0;351642 
0;34 79 13 
rJ.'1,4472f> 
o , :11, 1 9 5 6 
0,:0 9 517 
0;3741 (10 

C" :173251 
r,372427 
O,3716?l 
0,170349 
Ii, "S '7 OD'" 
0,3('72>7 
o , 361 ? 5 I, 

O,90 H5'09 
0,75 1.1:152 
0,72 3 71\1 
0;75248i' 
0,77'1799 
0,799787. 
0,85 6 750 
,,~09459 
',02 4022. 
',1'181430 

. 1, n85465 
(1,992954 
1, (li\7460 
1,nol:!ln7 
0,982723 
1,~12,t)4 
1,0<;>709 4 

. 1 11 5234 . , 
1,2600 85 
1,521739 

O;36?3/)9 
0'3617r4 
0:'361132 
0;360564 
0:360009 
0;35 9 4 6 6 
0::15'/1,09 
(,)'352930 , 
0;34 9 183 
n;345979 
0; 3 U 1'15 
(\;34074 1• 
0;3751,91 
O;37 1,6'!d 
() :3n809 
0;3n005 
0;3'12223 
(,;371463 
0;361';61 1, ... 

0;362581 

0;541'96 
O,3876(JI, 
0,35651\7 
O,38569() 
0;4113\8 
0; 4336 0' 
0,1.91612 
0,64 6 '110 
0,662 8 59 
o,721?75 
0,72 69 38 
0,635053 
0,71 9 739 
0,640364 
0:615154 
0,644998 
0',' 7 3 0 4 7 0 
0;748930 

... _ ... 0,' 119 5 278 
1;160003 

I , 
1 , 
I • 
I , . , , 
1 

1 , , , 
1 , 
1 , , , 
I , 
I , , , 
I , 

. 1 , , , , , 
I , 
I , 



PRO,GRAM NO.S 
MAST,R VAPOUR'PRF.~~URF. 

r. ••• ********* •• ** ••• *** •••• *** •• ********** ••• ********* *~.*.**** •• *.****.: 
~ •• ~* THI~ PROGRAM CALCULATES VAPOUR PRESSURE OF A PURE COMPONENT AT 
r.~**v A GiVEN TFMPERATUR~ USING MOnlFIED PENG-ROBINSON EQUATION OF STATE 
r.****, Eau, LI BR liJM I~ EST4BLlSHED BY THE EQUALITY OF FUGACiTY CRITERION 
r.**********.*********** •• ******** •• ******************. ******.*********.*, 

DIMFNSION C(S).TISn);p(so) 
COMMON/RL1/TRRCSO);OMEGA(SO).SC10);C1.N3 

1/'18' CONTINUF. 

r**** 
r.**.* 
r.**.* 
r. •••• 
r.**** 
r..*~~ 
C·*·* 
r.***. 

r**** 

r.**** 

REA!)C1.2S0)U 

U I~ USF.D TO IDENTIFY VARIOU~ UNITS 
U=o WILL CONVERT TEMP FROM CENTIGRADE TO RANKINE AND P FROM MM HG 
TO P~I A'." 11=3 WILL CONVERT T FROM KELVIN HI RANKINE AND P FROM 
BAR~ TO PSIA. U~OTHF.R NO WILL ASSUME T IN DEGREES 'FAHRENHEIT 
AND P IN PSIA: 

INPIIT CRITICAL CciN~TANTS OF THE FLUiD 
REA n C 1 • 1 1 L.l T C • PC i IJ C • IJ 1 , R 
T I~ RANKINE, P IN PSIA R.10.7335 
HEArt(1,1501N3 
N3 IS THE NO OF DATA POINTS 
RF.A!)( 1. 1 SOl N4 
NI.l S THE ,,0 0 F i M AND F V A L U E S FOR IJ 11 I I H . C AL C U L AT I ON S ARE TO BE 
REPFATEIl. WHEN ONLY OPTIMUM ZM AND F AR~ IISED N4=, 
L=1 
REA!)(1.1131CTCI)IPCII.I=1.N]) 
I N P 11 T SAT LJ R AT ION T Ht PER A T U REA NO A G U E S S V A L U E 0 F pR F SS U R E 
C ONT I fJUF 
IFII.GT'.'NL.IGO TO 10H 
INPIIT EoUATION OF STATE PARAMETERS ZM At\D F 
REAriC1.13S1ZM.CONST 
CALr:LJLATIO'J OF Or"AC.OMB,OMC 
CC11=1.n 
C(2)=2.0"3.0*7M 
C (3) =3. 0*7M*Z,,, 
CC L.i =-ZM*~3':O 
CAl' SOLVFCZMIN.2MAX;C) 
Ot-lS=ZMAX 
Or'·C=1. O~3: O.Z~t 
Ot-lA~=3.0*7M*ZM+3:0*C1.0-2.0*lM)*OMB+OMB*OM8+0MC 
ZExo=ZH, 
IIB=nMB*R*TC/PC 
CC=nMC*R*TC/Pr. 
IJRITE(2:S00) 
IJRITEC2:'277) 
IJRITF:C2:'351) 
Will TE (2 ;'450) 
IJRITE(2;2L.OlTC,PC.IJc.IJ1,R 
WRITEC2:3S0)ZEXP;0~AC.OMB.OHC,CONST 
WRITEC2~3~1) 
loll< I TE C 2:'300) 
w~ ITE (2;'351) 
DO 1.0 1=1.N3 
1 FIll. EQ'.·OIGO TO I>nn 
I F C 11 • E Q ',' 31 GOT 0 6n I> 
T( ti =T( I) +459: 67 
TRRI r>=TCTl/Tr. 
GO TO 511 
p(I'=P(I)*14.~037 
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T ( I i = T( tl .1::,8 
TRR (n "T (J) ITr. 
GO· TO ·S/\ 

600 p(li=p(I).14.696/760:0 
·T(I~=(T(t)+27l.15).1:8 
TIlRI J) =TC tl ITr. 

S8 CONTINUF 
PS=n.98*PI I) . 

OME~AA=(1:0+CO~ST.(1.TRRCI)**0.5')**2 
AA=OMAC*OMEGAA*R*R*TC*TC/PC 
02=~ORT(BR*CC+0.25*(BB+CC).*2) 
01=n.S*CBR+CCi-D2 
D3=n.S.(BR+CC)+D2 
N=O 

710 CONTINUF. 
N=N+1 
B = B oi * PSI. R i T( t ) 
Ccc=ce*ps/R/TCI) 
A=AA*PS/(P*R*T(I)*TCI» 
C(1\=1.0 
C <2i =CCr. .. 1 .0 
C(l'=A-?'*B*CCC-B*B .. S.CCC 
CC4\=B*s*r.cc-a*B+R*CCC 
CAll SOLVE (lM IN, Z HA X;' C) 

~***. SUA~OU1INF SOLVE IS USED TO ~OLVE THE CUBI~ EQUATION OF STilE 
lV=7MAX 

~**** ZV ,S VAPOUR pHASE COMPRESSIRILITY 
ZL=7HIN 

rH"* ZL ,S lIQIIIO PHA!';E COI<IPRE~SIBILllY 
IFC~R5(1.0-ZL/ZV).LE.O.01)GO ,10 800 
VLF.=ZL*R*T(I)/PS 
VVF.=ZV*R*T(!)/PS 

r.**** fU~ACITV POR ROTH pHASES ARE CALCULATED 
Fll:(AA/C?.0*R*T(I)*D2»*ALOG«VLE+01l/(VLE+03» 
FL2=ALD.G(7L"S) 
FV1=(AA/(7.0.R.T(I)*D2»*ALO~«VVE*D1l/(VVE+03» 
FV2 =A,LOG (ZV"B) 
ZZL=ZL-1.0-FL2+FL1 
ZZV=ZV-1.0-FVZ+FV1 
FL=pS*EXP(ZZL) 
Fv;'ps*expczzvi 
FVFI =AB~( Fi/"FL) 

~**~* EQU~LITV OF FIJGACITY FOR BOTH PHASES IS DEFIN~O BY THE FOLLOWING 
r.**.* STATEMENT 

IF(ABS(i.0-FL/FV).LT:O.001)GO TO 700 
IF(N.GT:1)GO TO 280 
PS1=PS 
FVF 1'1 =FvF L 
PS = p S * 0 '.- 999 
GO TO 710 

/\00 PS=PS*O''-'99 
GO TO 710 

no CONTINUE 
r.**· THE FOll,OwING CONVERGENCE CRITERION I~ USFD 

SLOPE:(PS-PS1i/(FVFL-FVFL1) 
DF.LT=~LOPF*FVFL 
PS1=PS 
FVFI1=FvFL 
PS:P!i-DF.LT 
Go TO 710 
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?r,0 CONT nWF. 
r. ••• * DEViATION IS CALr.lILATED 

DPS:(P(ll-PSl*100/P(ll 
ADp~=.DpS+ABS(DPSl 

WRITE(2:S0lPC!l.PS.DPS.T(!I.N,1 
;"0 COlllTI~UF 

ADP,=ADPS/N3 
WRITE(2;70lA[)PS 
WRfTEC2~351l 
L=L+1 
GO ;'0 105 

r*·**~********·*.*·***********·***.*****.*·**********. ****.*.*.*.****~**~ 
SO FORMAT(1H .2C~12~ft;2Xl,8X.2(F12.6.2Xl.5X,13.5X,13) 
70 FORMAT(1/1H .'ABS. AVE. DEVon IN PS='.F6:4l 

113 FORMATC~F~.O) 
114 FORMAT(SFO.O) 
1~5 FORMATC~FO.O) 
1 so FOQr1ATC I (i) , 
240 FORMATC1H .'Tr.=';F6.4.2X.'PC=',F6.2.2X.'Ar.E.FAC.='.FI..4.2X,'MOL WT 

1='.~6.3:2x,iR='.FH.5l 
250 FORMATCFO~Ol 
277 FORMATC1H .//1/) 
300 FORMATC1H.' PEXP'.1'X"PCHC'''7X~'DEVC'')'.6X''TEMPi,'2X'''!NO. I 

1TER'-'.3x.'NO.t) 
3~0 FORMAT(1H .'ZM=';F6.4.SX"OMAC=',F9.7.5X;'OMR="F9~7,5x"OMC=':F9. 

17.5v;'CONSTANT F=';FQ.7) 
'51 FORMATC1H ".*.* ••••••• *.*.* ••••••••••••••••••••••• * ••••••• ** ••• ** 

1*****~************~****.*****·************.**.**·**** ******') 
450 FOR",ATC1H .'PIlESSIJRE 1111 PSIA: TEMPERATURE IN DEGREES RANKINEI VOLU 

1 M E I III C I1 • FT': / L B '. MOL E ': ' , 
500 FORMAT(1H1., 'l 

r.*****************.**.**~~.*.***.********************* .******.**********~ 
STOP 
E 'J 0 INPUT FOR PROGRAM NO.8 

~*****.*.****~.***.***********~*** •• *********.*** •• *.* * •• ******* 
r.**** DATA iNPUT FOR ETHANE 
r.******************.********* •• *********************** ********.* 
nOCUMENT riATA 
1 
~4Q~76 707.755 0.099 30.07 10.7335 
15 
1 
~150.0 

.1411.0 
-130.0 
-1 n. 8 
.171'1.0 
-111'1.0 
-10".0 
.q 0': 0 
·110 ': 0 
.. 70 ': 0 
.. 60 ': 0 
.. 50':0 
,.,40':0 
.. 30 ': 0 
,.70'.'0 
n_' 317-. , 

**.* 

7.099 15.2372 
9"9521,':1461 
n.64. A.3Z69 
11..691. 7':7;"18 

0.0286 
0.029 

0_ 0294 
0.0295 

0.0 2Q 8 111.48 1..2762 
,-1.:35 4.8566 

31' 55 3_'8142 
40"27 3'.'0342 
50" 66 2'.-4442 
62"97 , .'9882 

77.'37 1.6826 
94'-'3 1.'3501 
1 1 3. 4 ,: 1 2 5 iI 
1 3 s: 5 n: 9 4-36 
160.6' 0.'7951 
0.~6f567 

0:0303 
0.0307 
0.0311 
0.0316 
0.0321 

0:0321. 
0.0331 
0:0337 
0.0342 
0'.0349 
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U 
TC pC wC MOL wT 

NO: OF OATA POINTs 
NO. of coMPONENTs 
T' P Vc; VL 

ZM F 

R 



.j>o 

"" ...., 

••• ***** ••• * •.• *.+.+ •••• *~* •• **++~****.*.~.*** •••••••• •••••••••••• * ••••••••••• * ••••••••• *****i 
P~ESStJRF IN PSIA, TE~~FRlTURE IN DEGREES ~ANKINEI VOLUME IN CU,FT,/LI.MOLe. 
TC:*549.7600 pCs707.76 ~CE,FAC,=O.0990 MOL WT=30.070 R.10,73350 
ZK=O.3170 OMlC.0.4460231 OMB a O.0810453 OMC=O,0490000 CONSTANT FeO.5615670 
.~ ••••• * ••••••••• * ••• ~* ••• * ••••• ~ .• *.*.*** •• * ••••••••• ••• ** •••• *** ••••• *** •••• * •••• *.*** •••••• 

PEXP pCALC DEVOn TEMP NO. ITER, NO. 
••••• * •• + •••• ~ ••• ; •• *.+ •• r •• +.* •• ·.* ••• * ••• *.+.* •••• ** ••••••••• * ••••• *** •••••• *** •••• * ••• ****i 

7.099()OO 7.1~n232 -0.439950 309.670000 3 1 
9.952"00 9.9~8427 -0.3660 2 5 319.670000 :5 2 

13.640000 13,6.'\2~41l .. 0,310468 329,670000 3 3 
14.696'.)00 14.62252' 0.499974 331,IIlOOOO 3 4 
18.4800(10 18.31'>7778 0.607263 339.670000 3 5 
24.35000() 24.211353 0.56939 1 3 49,670000 3 6 
31.550non 31.3Q047" 0.5056 28 359.6 7 0000 :5 7 
40.270000 40.0Q1628 0.4429 4 0 369,670000 3 8 
50.660 n OO 50. 5,~937!) O,297~16 379',670000 3 9 
62.970000 6?.8/.5784 0,1972 6 2 389,6 7 0000 3 , 0 

77.370000 77.3·c9Hi 0.078",59 399.670000 3 , , 
94.130000 94.1 13939 0.0170 6 2 409,6'0000 3 12 

113.400000 113.4 70 320 .. 0.0699 5 5 419.6 70000 3 , :5 
135.5(10000 135.6~03~5 . -0.096166 429,6/0000 3 ,. 
160.600;')00 160.795450 -0.121704 439', 670000 3 , 5 

ABS. AVE. DEVOO 1>.1 P,=1l.3080 
•••••• * •••• *~ ••••• **.~ ••• ~ ••• ~* ••. ,**.* ••• ** •••• ****.* ••• ** •••• * ••• ******** •••• * ••••••••••••••. 

;' 0 
'~ 

~. 
., 

~ 
::0 

,~ 

:~ 
" 
S 

.CD 



PROGRAM NO.9 

r.*+********~*~****.*****.************.************.* •• *.*.****** •••• *,**, 
~**.* THIS PROGRAM COMPARE~ THREE FQUATIONS OF ~TATE FOR THE PREDicTION 
r.** •• OF nENSITIES AT A GIVEN P AND T. 
~ •• ~* 1. MODIFIED PENG~ROBINSON eQUATIONSURROUTINE MPR 
r. •••• 2. pENG-R08INSON EQUATION SUBROUTINE pENO 
r. •••• 3. QEDLICH-KUONG EQUATION SUBROUTINE RK 

r.*************** •••• ************************.*.******. *******.*.*** •••• *: 
r.**** 

DI~FNSION C/5) 
COMMON/RL1/F,ZM,OMAC.OMB,OMC 
COMMON/RL2/VGNCPIVGRK.VGPE,VLNCP,VLRK.~LPF 
COMMON/RL3/~Nr.P.ORK.OPE.VEXP 
COMMON/RL4/PC.R.T.?TC,WC.co(10) 
R=1n.7:n 5 

r. •••• R 10:: A GAS CONSTANT 
REAn(1.117.)Nl 

r ••• • N1 is NO.OF DATA POINTS 
r.*** INPIIT CRITICAL CONSTANTS 

REAnn.114lTc.PC;WC.U1 
r**** INPIIT EQUATION OF STATE PARAMETERS ZM AND F FOR MODIFIED PR EO. 

RE4n(1 .50) zr~. i: 
r"*·· EVAlUATION OF OMAC.OMB.OMCFOR MOOIFIED I'R EQ. 

C(1)=1.1) 
C(2\=7..0-3.0*ZM 
C(3\=3.,1*7M*Z/1 
C (4i =-ZM.;3':,O 
CALl SOI.VFCZHIN.ZMAX.r.) 

r***· SURCOUTINF SOI.VE IS USED TO SOLVE THE CUBIC EQUATION: 
Or~ B = Zi1 A X 
OMC=1.0-3.I).Z1\ 
OMAr.=3.n*7M·ZM+3.0*(1-2.0*ZM)*OHB+OMB*OMB+OMC 
IJRITE'(2. 25 0) 
WRITE(2.300) 
WRITE(2~230) 
WRITE(2.29S) 
WRI~E(2:118)TC'PC.WC,W1 
URITE(Z~1~7)ZM,OMAC.OMB,OMC.F 
WRITE(Z.250) 
IJR ITE (Z. 2~S) 
IJR!TE<2~'250) 
ADPF=O·O 
A[)R~=O.O 
A 0 ~J r P = 0 ': 0 
DO 99 1=,'.N1 
REAn(1.121»T,p 
AUTHOR=1.0 

r<*** AUTHOR IS USEo TO IOENTIFV OIFFERENT SOURCES OF EXP DATA 
P=P*14.691>176Q.O 

r*".· CONVERSION OF UNITS 
T=!T+273.15) *1. 8 
ZRK=O.2;>811 
TR=T/TC 
V Ex p = ( R" T r.t P Cl • ( Z R K*. ( 1 • 0+ ( , . 0'" T R) .... ( ?. 01 7. 0) ) ) 

r***" SATIIRATED LIQUID DENSITY FOR N.,ElCOSAIJE IS ORTAINED FROM 
r.o*". MOOIFIEn RACKfTT EOUATION BY SPENCER ~ND nANNER(1972, 
r.*** 

CAU MPR 
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r.**** 
r.**~. 
r."."* 
r.**** 

r.**~* 

r.**~* 
r.**** 

r.**** 

SIIRllOUTINF' t1PR CALCULATES DF'NSITY USpJG MOI),IF1ED PR FQ. 
QEviATlnN BETwEEN EXpERIMFNTAL ANO CALCULATE~ VALUE IS OBTAINED. 

CAll PENG 

SUA"OUTPJF PENG CAlCULATES DENSITY USING PR' EQUATION 
DEVIATlnN BETWEEN EXPERIMENTAL AND CALcULATED VALUE IS OBTAINED. 

CAll ilK 
r."*~. 
r H .* SlIBllOUTnJF RK CALcllLATES DEN~ITY USING RK E'WATION 
r**** DEVIATlnN aETwEEN EXPERIMENTAL AND CALCULATEn VALUE IS OBTAINED. 

ADNr.P=AONr.P+ARS(DNCP) 
ADRi=ADRK+ABSCDRK) 
ADPF=ADPE+ABSCDPE) 
IJR PE( 2:'275) 1; P, T, vEXP, VGNCP. ONCP, VGRK. pRK, VGPE, DPe, AUTHOR 

Q9 CONTINUF ' 
r**** AR~ AVE OFVIA TION5 ARE CALCULATED 

AAOoE=AOPE/tJ1 
AAOtlK=AoRK/N1 
AADNCP=ADNCP/fJ1 
IJRITF.C2;S1 ) 
WRIT~C2'145)AADNCP.AADRK'AAOPE 
IJRITE(2·51) 

r.****************.******~***************************** ****************.*; 
50 FOQMATC7FO.O) 
~, FOR MAT(1 H • '****************************************************** 

1***;************************.*********.~************* *****.**,) 
1;2 FflRf.l~T(IO) 
'14 FORMAT( HO. 0) 
1 17' FOR M A T C 1 H • I Z~' = , '. F 6 • 4 • 3 X , '0 M A C :; , , F 8 • 5 • 3 X , ,OM R = , , F 8 • 5 ;' 3 X, I 0 M C = ! , F 8 • 

15.311.'F=' ;F9.6) 
1 ; 8 FOR lA A T C1 H , IT C = , i F 7 • :1 , 3x, 'P C = , , F 8. 3.3 X , 1101 r. " I • F 6 • 4, 3X: j MOL IJ T ::; i , F 7 • 

1 3) 
'~6 FORMAT(~FO.O) 
1 45 FOR lA A T C 1 H. I A. A. 11 • N C P = I " F 6. 4. 5 X, 'A. A. I). R K = i , F 6. 4, 5 X, j A ; A. P ;' PR = , , F 6 

, 1.4) ,'_ ,~ 
;>~S FORMAT(1 H .1 NOlit.X.IPCPSIA)"3X,ITCR)I'7X.IVEXPI'SX.IVNCP"6XtlPN 

- 1CP'~6X,'VRKI'IlX"DRK"6X"VPR"6X,IDP~I'7X.IAUT') 
230 FORMAT(1H .iN-ElcOSANE---N~EICOSANE " 250 FORMAT( 1H • I- ___ ..: ____________ - _____ - ___ -;;; __ - ______ .., ________ :; ______ ~ 

1----~------~----~-----------------------------------------~~_.!) 
Z75 fORIAAT(1H ,13.2x;FR.3.2X,F7.~,2X,7(F9.4,'x),ZX,F3.1) 
ZQ5 FORMATC1 H .IP IN PSIA I V IN CV FT ILe MOLE: T IN RANKINE!' 
~no FORMATC1H .1***** CALCULATION O~ PUAE COMPONENT DENSITIES AT A GIV 

1EN p ANO T ****', 
r.~**.*******.*****.*********************.************* ************** •• *.) 

STOo 
EI<o 
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rNPm FOR PROGRAM ID. 9 
r**.***********************··************************* ••• *.*** •••••• *.* •• j 
f.***. DATA INpUT FOR N~E'COSANE 
r****.***.*****.*********.*.*.***********************. **'***'*'~"***'*'*i 
nor.IJMENT nATA 
'7 
~]Rn.6 16~.65~ n.907 282:556 
n",,')77 1.1.09671 
~79":0 1 SOn 
H7":O 1201' 
~~7'.'O 1001' 
~5:!:~1 0 9iln 
H6.30 801' 
~45':OO 781' 
~44'.'40 771' 
H3'.'80 76;" 
H]':10 75n 
H2'.'5() 741' 
~41'.'20 72;" 
~39':80 701' 
~~~2'.' 6 600 
~74'.' 4 50" 
~14'.'60 40n 
~O"':70 301' 
''15'.'45251' 
'1'1/1"91 20n 
H/I':'39 1 ~n 
'02': 43 10n 
'55'.'15 80 
:)[.0'.'10 60 
;'40'.'70 SO 
;n 4'.' 10 40 
,;>/1':10 30 
'1 <; ':30, 20 
198':30 10 

**** 
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------------_ .. -.---------------_ ..• ----.-----.---------.----------------------------------------.------------
••••• CALCUlATIO~ OF PIJRE ~nMPONE~T DEN~ITIES 'AT A GIVEN P AND T •••• 
H-E ICOS.~E---N-E ICOSA'JE I' 

P IN PSIA I V !N CU. ~T./L8. MOLE I T IN RANKTHE 
TC=13 AO.60 P~= 161.ft55 WC=0.9070 ~OL WT~282.556 
lM=0.2770 OMAC.0.49436 OM9= U;06771 OM~.·0.16900· fa 1,409671 , 
--------------.---.--------------------------.---._------------~--------------~------.. ------~--------------. />,0 PtpSIA) TtR) VEXP VNr.P DNCP·:'VRIC.· . DRK -.. VPR -c.: ... OllR-="'·O:"_c:.:::-;.·.UT -.. 

•.. _-------------.-.--------------------.-----.---------.----.----------------------.------------.------------1 29.nn5 1173.87 8.8567 8.8352 0.2424 14.0n84 -'8,1678 10,4612 .. 1 8, 1 , 68'.-,"-' 1 , 0 
2 23.204 1152.27 8.6402 8.6039 0,4197 13.5471 -56 79'3 10,1786 .-17.8051 1 , ° . , 
3 19.337 1 13 I. • 2i' 8,471.5 8,4340 0,4776 13,2037 -55,8064' 9,9697 "17,:6442:',cl· 1 " 0·, 
I. 17.403 1125.45 8,3975 8,35 7 5 0,4768 13.0492 -55,39 44 9,8754 -17, 599 1 .. 1 , ° 
5 15.469 1 n 5.01 8.30 97 8,2 716 0,4576 12.8743 -54,9314 9,7693 .. 17, 5657 ~~'::: 1,0 0 
6 15.083 1'12.6? 8.29n4 8,2531 0.4507 12,8362 -54,8316 9,7463 -17,56'1 1 ,0 ::;i 
? 14.1189 1111,50 8,2816 8.'2.446 0,4470· 12.8189 ;'5"4,78 7 2 9,1]58 . -17.5596.-- , ,0' . 

_ .. 
'U .-- -
~ 8 14.696 1'111.51 8.2728 8.?362 0,4431 12,8017 -54,7434 9,7254 -17,5584 , , 0 

9 1 4, 50~ 110q.~~ 8.2626 8,2264 0,4385 12, 7816-"·"54~ 691 0 9,7133' -17,5568:· : 1 ,0 :'-- i3 
, 0 14 _ 309 1108.17 8.2539 8.2181 0,4342 12.7646 -54,6483 9,7030 -17,5561 1 , ° :ou 

'.". 1 1 13_923 1'05.81 8.2352 8,2003 0,4242-' : 1 r 1'F9'c"";' 5"4- 5 5 5 4,- . . 9,6809- - -11, 55S1-':-·: ... :~tj-0-::'-=~~=- ;g"'''-' w- . . . . 
~ 

'2 13.536 1103.31 8.2152 8.1813 0,4126 '2~6888 '. -54,4562 9,6573 -17,5549 1.0. ___ 0 

'"' 13 , 1 .602 109n.35 8.1150 8.0877 0,3359 1 2 .49 5 6~~:: -5:3.98 2 O~- 9.5411 . -"7'-- 5739':-~-'1' O-==-=c':1i; _. .. . -:--:-.- ,. -- -:-:-.:..-. 

1 4 9.668 1n7~.51") 8.0061 7,9886 0,2178 12,2893 -53,5004 9,4176 -17 •. 6311 ... __ .. 1, 0 ___ .. __ .. -, 
1 5 7.735 1"57.9~ 7.8826 7,8795 0;0387 1 2; 0600:~:' .. 52, 99 56, -- 9,2812 -17 '74367=--=, 0:'===:1:5"' ".. :::-::...---- • • :.:=::-:-:::...-

16 5.801 1,,3/',,53 7.7413 7,7589 -0,2279 1',80 37 -52 4767 9,1300 _ -17,'?3JIL ___ 1, 0 ___ . , \D __ 

17 4.834 1023.48 7,6595 7.6912 -0. 4135 1" 6581-=--'!'52-, 2044 .. 9 0447" -. -1 S:-' 0844--=-"':-'-' 0':--==-'- ---:-• - :. ..::-.. .• _ .• -=-:;::--:- -. --

1 11 3.867 1nOIl.11 7.5669 7,6162 "0,6522 ",4958 -51,9223 8,9502 -18,2808 ._. 1 ,0 .... 
19 2.901 080 . , 7 7.4579 "7,5305 -0,9734 1'.3082 -51,6264 8,11418· ··18,5555~:=·-1,O--::::::-:'-- -
20 1 .934 064 • 0 I. 7.3213 7,4267 "1,4403 11.0780 -51,3122 8,7101 -18,9699 .. 1 ,0 
7.1 1.541 051'1,9 /• 7.2533 7,3766 -1,7002 10,9655 -51;1801 8,6464. .19,2063:: -1 ,0 -. 
?2 , . 1 60 q34.6~ 7.;717 7,3178 -2,0377 10.8323 -51,0435 8,5114 -19,5180. , ,0 
23 0.967' 024.9} 7.'244 7,28.44 -2,2461 10.7561 -50,9758. 8,5288. -19,7128::- 1 ,0 . 
24 1).773 013.0') 7.0680 7,2452 -2,5076 10.6660 -50,9061 8,4787 -19,9594 , ,0 
1.5 0.580 11911.6"- 7,0016 7,2000 -2,8343 10.5612 -50,8401 8,4208 -20,2705 1 ,0 
l6 0.387 1170,21 6.9151 7.1427 -3,2 916 10,4267 -50,7816 8,3473 -20,7108 1 ,0 
27 0.193 11411.6' 6.7857 7.n605 -4,0 495 10.2301 -50,7592 8,2413 -21,4511 , ,0 

•••• * ••••••••• * ••. ~*~ ••••••• * •. ~.~~~.* .. *.*~ •• * •• +.~*.* •• *~ •• * ••••••• ** ••• ***.*** •••• * •• *.**** •• ** •• *** •• ** ••• 1 

A. A .Il. "ICP,.1. 0404 A .•. D.RK~.53.3448 A.4. D,PR=.18.4163 
•••• + •••••• + ••••••• ~.~~ ••. ~.t •••••. **.***.~.*** •• * •• *.* •• *~, •• ***** •••••• ** ••• * •• **.,*".*.* •••• , •• *.* •• *** •• 1 



r**** 

PROGRAM ID. 10 
~A~TEq MIXTURF. DF.N~ITV 

r****.************.* ••• T***************.********** •• * • ••• ** •• **.*****~.*.* 
r. * *;; * T H I ~ PR () G RA 1·1 CA L C tJ L ATE S DEN SIT V 0 F A f' U LT I cO MP O!>J ENT M I X T U R E 
~**** METHOD 1. THE GC SP WITH TWO NON-SPHERICAL REFERENCE FLUIDS. 
~**** VAN OER UAALS ONE FLUID MODEL IS USED. 
r**** METHOD ~. cOMRINATION OF PURE COMPONENT CONSTANTS WITH A SET 
r**** OF FMPIRI~AL MIXING RULES. 

~~**.*********.*******~*********.******* •• **************.**.***.*********~ 
r**.** 

D I M F N S ION X ( 1 0) , C ( ';) , ALP ( 1 0) ~ A A ( 1 0) , BR ( 1 0) , Cc C ( 1 0) ,- A I J ( 1 0 ' 1 0) 

o I M F N S I ON T C I .I (1 0 ,1 C> , V C I J ( 1 n ,1 0 ) ", T eVe I J (1 0 ' 1 0) , 0 I TV (," 0) , /) I V (, 0 ) 
COMMON/RL1ITC(10),VC(10),WCC'O),ZC(10) 
CO M ... 0 N I R l7. joT C M C 1 0 ) , 0 V C tH 1 0 ) , D LJ C M (, 0) , D Z C M (, 0 ) , 0 T C V C ~d 1 0 ) 
COM ... ONIRL]/NU~,TCVCM.VCM'ZCM,WCM 
COMMON/RL4/ZETA(10,10).ETA(1n,10) 
COMr.ON/RL5/0MA(10) ,OR(10) ,OC(10) 
CO M r\ 0 N I R L"" PR. T R • T R 2 , V EX P • Z C H 
COMMON/RL7/R.T,P;~(10).ZM(1n)'F(10) 
WR ITE(2 ;'277) 
IJRITE(2.225) 

r**** INPIIT Ar.ENTRI~ FACTORS OF Twn REFERENt:E FLUIDS 
REAn(' .11f,)AC1.AC2 

r**** INPIIT F.DilATION OF STJlTE PARAMETERS ZM AND F FOR TWO REFERENCE 

r**** FLUTnS. 

REAn(1.11f,)ZH1.F1 
RUn(1.11f,)Z~17.,F7 

REAn(1 .16) NU'" 
r**** NUM IS ~O: OF COMPONENTS IN A MIXTURE. 

R=0"01l3143 
r***. R I~ A GAS CONSTANT. 
r**** 
r***· INPIIT INTFRAcTIOt-l COEFFICIENTS IN THE FOllOWING ORDER 
r .. * .. * Z ET 4 ( 1 , ;» • ETA ( 1 , 2) ; Z F T A ( 1 , 3) • ETA ( 1 , 3) • - -,. z ET A ( 2 • 3) , ET At 2, 3) -..,-
1:**** ONE -VALIJE OF ZETA AND ETA 01, EACH CARD. 
r.****--

00 ~OO 1=1.NUM 
DO ('SO .1=1. NUI·I 
IF(T.GE~J)GO TO A50 
PEAn(1.7.2)ZETJI(I IJ) .I'TAU.J) 
ETA(J'!)=FTA(t,J> 
Z ET A (J, I ) =Z ET A ( 1 ; J' 
W R I T F. ( 2 ~. 2 ~) I • J • Z ETA ( I • J ) , I , J • ETA Cl. J) 

6';0 CO"lTtNUF 
f,OO CO"TINUF 

r**** INPIIT CR IT I CAL CONST A"l"TS 0 F EACH COr·IPON ENT 
REA ne, • 1 1 4) (T ~ ( y) • VC ( 1) • WC ( I ) , Z C ( 1) , 10/( I ) '.' I ,.1 • NUM) 

r.***. INPIIT EOUATIO"l OF !iTATE PARAMETERS ZM AND F FOR EACH COMPONENT. 
REAn e , '120) eZt·I< I). Fe I' .1=1 d!IIM) 

119 CONTINUF 
flEAn(' ,;>2A) N1 

r**** N1 TS NO. OF nATA POINTS. 

r.**** INPIIT MOLF FRACTIONS IN THIS ORPtR X(1), X(2)---X(NUM-1). 
r**** E~CH MOlE FRACTION ON A SEPARATE CARD. 

RE A n C1 • ;» (X ( I , , 1=' • N Inl-, ) 
SUMV=O.O 
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DO <;;>5 1=' .tJUH-1 
5~5 SUMV=SUMX+X(I) 

X ( N 11 I~) = 1 '" S U 14 X 
REAr", .,1;»REF 

r**** REF IS USFO Tn IOENTIFY UNITS Of EXPERI~\ENTAL P V T IIATA' 
CALi" VDwMX(X) 

r.**** 
~.* •• SURQOUTI~E V04MX CALCULATES MIXTURE ~ARAMET~RS USING 
r*.** VA~ DER WAALS MIXING RULES. 
r.**** 

r**** 

r.*"' •• 

TCM=TCVr.M/VCM 
PCM=ZCH*R*TCM/VCM 
A C = I.; 01 

AnE,;=O. n 
ADEII1 =0'."0 
ZCC=ZM1 
EVAlUATION OF OMAC.OMR.OMC FOR REFERENCE FLUID 1 
C(1i=1.0 
C(2)=2.0-3.0*7CC 
C(3i=3.0*7CC*ZCC 
C( 4\ =-zr.C.*3. n 
CAll SOI.VF(Z~11N.ll~AX;C) 

. . .' t 
SUaQOUTINF. SOLVE IS USED TO SOLVE THE CUHlr. EQUATION. 
O~'B = z/1A X 
OMC=1.0-3~O*Zr.C " 
OMAr.=3.0*ZCC*ZCC+3.0*(1.0-2.0*ZCC).OMR+OMR.OMB+OMC 
O~lAr1 =OIIAr. 
O~~1\1=OMR 

O'1C' =OMr. 
ZCC:nI2 
EVAI UATION OF OtHr..OMfl.O'lC FOR REFERE"ICE FLUID 2 
C(1)=1.0 
C(;»=2.0"'3.0*7CC 
C(3i=3.0.7CC*7CC 
C(4)=-Zr.C**3.0 
CAll SOI.VF(ZMr N. ZMAX. C) 
SURQOUTJ~F SOLVE IS USED TO SOLVE THE CUBIC EQUATION~ 
OMB=ZMAx 
OMC=1 .0-3"" O.ZCC 
OMAr.=3.0*7CC*ZCC+3.0*(1;0-2.0*ZCC).OHB+OMR*OMB+OMC 
OMAr.2 =OIHr. 
OMR;,=OMR 
OtiC ;)=OMr. 
DO 70 I =1. NUM 
ZCC=ZM( J) 

r.**** EVA,"UATION OF OMAC.OMB.OMC FOR EAC~ COMPONENT. 
C(1 )=1.0 
C(2)=2.0-3.0*7CC 
C(3)=3.0*7CC*ZCC 
C(4:;=-Zr.C~*3.ti 
CAll SOLVECZMIN,ZMAX.C) 

r··~· SUSQOUTINF SOLVE IS USED TO SOLVE THE CUBIC EQUATION~ 
Ot~8=Zt~AX 

OMC=1.0~3~O*Zr.C" ." " 
OMAr=3.0*7CC*2CC+3.0*(1.0-2.0*ZCC)*OMB+OMR·OMB~OMC 
OHAr I) =OMAC 
OB ( 1) =Or"IB 
o C ( i) =0;1 C 

70 CONTINUF 
WRITE(2.2~0)AC1.AC2 
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WRITECZ:'Z7n) ZM1 ,OHAC1 ,O~181 ,OMC1 
WRITEC2:Z71)ZH2,OMAC?,OMBZ,OMC~ 
WRITECZ:Z'O)(I,TCCIl,I,VCCll,I,ZCCI),I,WCCI),I,WCI);I=1,NUM) 
WRITEC2:2RO)Cl,ZMCIl:I,OMACll,I,OBCI),I,OrCI),1=1,NUM) 
I.IR1TEC2;275)(I,X(I).I=1,NU~) 
WH ITECZ :'2;>7) 
WRI TE c2 ;'5no) 
I.IIIITECZ:2;>n 
DO on 1=' ·N1 

r. ..... INplIT EXPERIMENTAL P V T 
R E An C 1 , 111 ) P ,v EX p. T 
T=27~·'~+CT~3?)"5.n/Q.O 
P=Pill •. ~O~7 
IF(UEF.EQ.1lGO TO 85 

VF.Xo=VEXP*R*T/P 
GO TO 8~ 

RS VEXp=VExp"0~O~242b 
Rb CO~TlIJUF. 

TR=T/TC'~ 
TIIZ=TR*T!! 
PR=pl PCrl 

r***" EQI1 4 TION OF STATF. IS SOLVED FOR REFERENCE FLUID'. 
ALp, = C 1 '.' 0 +,F 1 .. t' .0 - 5 Q!! T ( T R ) ) ) *.2 . 0 

A=OMAC1 *AI p1 *PR/TR' 
B=OMR1*pR/TR 
CC=nt-1Ch PR /T R 

CC1i=1.0 
coi=cc-Lo 
C(3i=-c?n*B*CC+R*B+R+CC-A) 
CC41=B .. R.r.C~A .. a+R .. Cr. ' 
CAll 501 VECHltN. lHAX. Cl 

r*--*"" SU~~nUTINF. SOI,VE IS USED TO ~OLVE THE CUBIC EQUATION: 
IF(\fEXP~LT.VCH)GOTO 55 
Z1 =7MAX 
GO TO 5~ 

~5 Z1 =7MIN 
56 CO~TINUF 

r**·· EQUATION OF STATF. IS SOLVED FOR REFERENCE FLUID 2. 
ALp,=C1','0+F2* (1. 0-501lT eTR l) l **2.0 
A=01~AC2*AI P2*PR/TR2 
B=0/.1B2*pR/TR 
CC=nMC2*PR/TR 
cC1i=1.0 
COi=CC-1'.·0 
cC3i=-(,.o*a*CC+R*B+R+CC~A) 
C(4)=:l*R*r.C.,.A.S+f1*Cr. 
CAll 501 V,,(Zfll N, ZMAX, C) 

r**** SUBuOUTINF SOI,VE IS USEO TO ~OLVE THE CUBIC ~QUATIO~: 
IF(vEXp~lT.VCH)GO TO ~s 
Z2=7MAX 
GO TO 7r; 

",5 Z2=7MIN 
75 CO>,iTlNUF 

r.**** 
,.**** THE GCSP IIS/Nr, TU(1 NON-SPHERICAL REF FlUlnS IS DEFlNFO BY THE 
r**** FOll OIJ!NG STATE~lF.NT. 

Z=7.1+(Ar.-AC1)*CZ~-7.1)/(AC2-AC1) 
V=Z*R*T/p 
VR=v/VCI~ 
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VRF.:VEXP/I/CN 
r**·· DEVI~TloN FRO~ EXPERIMENTAL VALUE IS CALCULATED. 

~EV:CVRF-VR)·100/VQE 
AOEI/=ADFV+ABSCOEV) 
CAU' NCPMIXCX) 

r.**** 
r. •••• SURQOUTINF NCPMIX CALCUL4TES OENSITY OF MIXTURE USING PURe 
~.**. COMPO'-lENT CONSTANTS AND A SET OF EMPIRICAl MIXING RUI ES. 
r.**". 

VCH:7.CH*R*T/p 
VRCH=VCH/vCH 
DE VrH=CVRE- VR r.H)·10n / VRE 
ADE 1i 1=AnE V1+ARScnEVCH) 
URITEC2.3~'i.PR.TR.VRE.VR'OEV.VRCH.DEVCH;AUTHOR 

QO CONTINUF 
HRITEC2.510) 
AADrv =AnEv IN1 
AAorV1=ADF.V1/N1 
WRI+EC2:3~)AAnEV 
WRI+EC2;3R)AAOEV1 
WRlTEt2:'S10) 
GO TO 8<) 

r****.****.*.*.**.***~**********.*.* •• ********.*****.* *************.*****. 
2 FORMATC~O''-O) 

;6 FORMATCIO) 
~2 FORNATC?FO.O) 
~3 FORtlATC1H .lzrTAC'.I;).I.I.12.I)=I.F6;t..3X.IETA(I.12.I.I,12.I)=I,F6 

1 • 4) 
~ 2 FOR I~ A re 1 H • I 3 • 2 X ; 7 (F , 0 • 6 • 1 X) • 2 X • F3. " 
,:<5 FORMATCII1H • 'ABS AV" DEVon GCSP=I. F1n. S) 
~8 FOR~'ATCl1H ;'ABS AVE nEVon NCP =1,F10.S) 

1~' FORNAT(lFn.O) 
1~2 FOQNATCFO'-O) 
1~4 FORMATCSFn.o) 
11'6 FORMATC?Fn.o) 
1~O FORMATC2F~.O) 
??O FORMAT(1" .ITC(';f2.I)=',F6.~,3X,IVC(,,12.1)=I,F8.S'~X,IZC(I,12'I) 

1 = I • i 6. 4. 3x , i ACE. FAr.. ( , , I 2. I ) = I , F 6. 4, 3 X , I MOL UT. C ' , I 2; , ) = I , F 6. 2) 
~~5 FOR~AT(1H • iPREDlcTION OF DENSITIES OF MixTURE USING GCSP WITH MOD 

, IFI~D PR FQUATION OF STATEI> 
,;'6 FORMAT( 10) 

~~7 FO~MAT('H ,i************.*****.************.***~**************** ** 
1*.*************~**************************.*.******** *********t) 

2 f, 0 FOR I~ AT ( 1 H • i ACE. FA C • RE F • , = 1 • F is • 4 , 5 X, , AcE; FA C • RE F • 2 = , : F 6 • 4) 
'70 FOR I·' AT ( 1 H .' Z M 1 = I • F 6. 4. 3 X. I 0 M A C 1 = I , F 8. 6, 3 x. ,OM B 1= I , F 1\. 6, 3 X, , OM C 1 = I 

1,FB'"6) 

'71 FORMATC1H .iZM2=I.F6.4.3X.IOMAC2=',F8.6,3X;'OMB2='.FR.6,3X,IOMC2=I 
bF8'"",) 

,75 FORMAT(1H .'Xc',I7..')=I,F6.4) 
2RO FOAI14T(1H .llM(, .12.')=' ,F6."3X,'OMA(I,12.I)=,,F8.6;3X,IOBC,,12,' 

1 )=. :·F8 ..... ~x~··oC(I 012.' )=, .FR.6) 
5nO FORMATC1H .1 "O':f,X.1PR,.9X,ITR',8X,'VREXp"f,X,'VRGCSPI,5X,IOEVI,6 

1 x • '1/ R N C p , • ?X, , DE vi: 5 x • , RE F , ) 
540 Fu RMAT(1H ., ____ ~ ____________ - ____ ~--------- _______ -_------;------

1---------~-~-------------- ___ --- ___ -~ __ -~ __ -__________ ~-~-~I) 
r- l *.*.**.******************************************** ••• * •• *.************, 

STOP 
EN!) 
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INPUT FOR PROGRAM NO. 1 0 

r*·**·**~.*··*+***·*·~****.·*·**·.***·**.***.·.******* ****.*.*** ••• *.** ••• 
~.*~* DATA INPUT FOR PROPANE(1)~PFNTA~E(2) SYSTeM ****~********* 
~********.**.**.+.****.**** •• *.*.*.***********.******* ****,*********.*'i'* 
nor. DATA 
n' ,1Q9 0 1.119 
n'~3'7 0~"6'567 
n'::?97 1 02,9,9 , 
;:01':0 
~69~1I2 O,~03 o,153n.28' 44.294 
1..69:7 0.304 0,2'>' 0,263 72',1 6 
n,'317 0.648049 
~ ,'3n8 O. 7t.6470 

'0 
n,'6~11 

" 0 '0 0:9il3 160 
1..0 O. 9'~ 4 160 

" " 
0 . ., ~ 1 160 

Rn 0.906 160 
10n O:!lilO 160 
'0 0.9R6 1170 
40 0.91.3 19 n 
1.0 0.945 190 
AO 0.9~6 190 
100 0.9n6 190 

**** 
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AC1 AC~ 
Z~11 F1 
ZM2 F2 
NO. of r.OMPONENTS 
ZETA(1';'~) ETA(1,2) 
Te vC wC le MO. 
Te vC wr. le MOL wT 
ZM(', ~(1) 
lM(2) ~(2) 

NO. of DATA P01NTS 
X (" 
REF 
P v T 

WT 



*l**+*.**.*~~' ••• ~* ••. 4 ••. *.* •••• '*** •••• +.*.*.* •• **** •••.•••••••••••• ** •••••• ** •••••••••••••• * •••• ***.' 
P~EDIcTJn~ nF nENsTTI;~ ~~ MIxTURE USING,GCSP,WITH MOPIFIED: pR EQUATION' OF, STATe 
HUC 1. ,)=1.00no "'I'A( 1.2) .. 1.0000 
ACE.FAC.lln.1"'0.n99Q .'1Ce.FAC.REF.2.0.4890· _, .. 
ZM1=0.3170 U~Ar1=0:44602J' OM81.0.081045 OMC1~0~049000 =- ~ 
l~2=0. 2971) IJMAr2.0. 469651 OMB2.0. 0743<)9, .. OMC2=O,._' 09000.':-' ... -." '' __ . , __ ," .,' 
TCC "=361).82 vCC 1)11 11,20300 'zee 1)=O.2K10-·ACE.FAc.-e---f).0·."5'30--":MO~WT.( 1>. 44.09 
TC( 2)=461).70 vec 2\. 0,30400 ZC( 2,=0.2610 ACE.FAC.( 2)-0.2510" MOL WT.( 2).72.,5' 
z~ e 1) =0.3170 MU ( ., =11,446023' 08 ( 11 "0.01\1 0450C r ""0.049000 
Zi'1( 2).n.~080 OMA( ').0.456529 OBe 2)=O,~077998. OC( il).0'.,0'76000,:: __ .. :-,~ __ 
xc 1)=0.6511 '. C~ o 

~ )C( 2)=0.3489 
, ., ' ~ 

.~ •••• ** •••••• * •••••• ~ ••• ~ •••• **.- •• * •• *.~.**.**.****. *******.*.*.* •• **.*** ••• ***.*.*.**** •• **** ••• * •• , ~ 
~o PR T, VREXP VRGC!lP :'.: 'OEV' VRNCP"~':' , DEV IIEF •· •••••••••• ·~.*.k.*.· ~+.~+ •• ~*** .•• *~ ••• ~ •• *;*~ •. ~.~ ••••• ,.*.* •••••• ** ••• * • •••••• ** •••••••••••••• *.**., ~ 

1 
2 

3 
4 
S 
6 
7 
1\ 
9 

10 

1).1)3502(, 
0.11'70053 

O. 1 050 7 9 
0.1401<15 
0.1'75131 
0.03502(, 
O. '170053 
0.1 n 5 0 79 
0.1401'15 
nH5131 

11.8431l4 .. 
n.8~384" 

1\.114"84'-
n .11:.31\4:' 
1\.1I431l44 
n. 8,~4(1)'-1 
n.8846Q" 
n.8i\46<;1ti 
n.8,'i/.69,:, 
n.8'1469', 

86.204826 
41.83J826 

27.21"884 
19.863065 
15.434435 
9D.653950 
44.269652 
23.961455 
21.284371 
1t'1.659132 

85.'7921108, 0.478800 
41 .9145 f:5 . ' - O. lOO l 0 4 

27.266sH -0.189177 
19.923542 -0.304469 
15.5002 7 0 -0.426549 
90.2011\45 0.4987 16 
44.209~75 0.136159 
28.862435 0.341902 
21.17'5534 0.5113 46 
16.55B59 O.6505ti9 

85;788553 . 
41'.911236 

27.263346 
19.920554' 
15.497544 
90;200493 
44.208162 

'28.861383 
21.174671 
16.550719 

0.48,888 
-O.19a2'7 

-0.17H073 
-0.289426 
"0.40!S888 

0.500t07 
0.138899' 
0.34))3] 
0.515 401 
0.654348 

2.0 
2.0 

2.0 
2.0 
2.0 
2.0 
2.0 
2.0 
2.0 
2.0 

-----.---~---.--------------"---"".------------------ --------------------------------------------------. 

O. :17385 

0.37059 
~----------.--------------------- .-----------.---------------------------------------------------------
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SUAROUTINE DENCRO.E1.H.C.GAH.P) 
r.***~*****.***.**~***.******.*.**.**.*****.*****.*.*** ********.* •••• ****. 
r TH~~ SU~RnUTINE CALCULATES THE DENSITV OF VAPOUR AND LIQUID PHASE 
r BV USING A AASIC ITERATION TECHNIQUE TO LOCATE THE ROOTS Of A 
r. POLyNOIH AI. 
r.*~*******.******************************************' .*.~ .. *** ••• ******. 

OIMI'NSIOIJ CCS) 
E2:,).00001 

S Y=STCRO;C.P;GAM) 
K=2 
IF(Y.LT":O) K::;1 

10 RO::;pO+H 
V=ST(RO;C.P;GAH) 
IF(~.EQ~O.O)GO TO 72 
IF(V.LT~O_AND_K.EQ.2.0R.V_GT.O.AND.K~EQ.')GOTO ~S 
IFCH.LT~O)GOTO 30 
IF(pO.LT.E1)GOTO 10 
GO TO 72 

30 IF(RO.GT.F.1)GnTO 10 
GO TO 72 

SS IFCARSCH).GT.E2)GO TO 70 
GO TO 72 

70 E1=RO 
RO=RO-H 
H=H/10 
GO TO 5 

"12 RETIIRN 
E IJ 0 
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SUIH>OUTINF DEVA 
r**** ••••••• ****** ••••• **.*** ••••• *** ••••••• * •••• ** ••••• * •• * •••• * ••••• **, 
r.****THIS SUBROUTIN~A CALCULATES DEVIATIONS OF PREDicTED ALPHA VALUES ., . 
r**** (USING TWO FITTED FUNCTIONS) FROM THE ACTUAL VALUe OF ALPHA 
~***. OBTAINED RV EoUATING FUGACITV, 
r***' .*******.**.***.**.* ••• *.***** •• **.**~ ••• ** •• * ••••• *** ",*,**".*j*1 

CO M ~~ 0 N 1 R L 11 X , X X, N J ; TR R ( 50) , Pt 50) , T( 50) ,OM E G A ( 50) , S ( 1 n) ; c, 
AOE\I=O~n 
ADE\;1 =0'.'0 
WRITE/Z:'2Q6) 
WRITE(2:aO) 
WRITEt2~2Q6) 
DO 1\0 1=1.NJ 
TRT~:':O~TRR(I)*~n~5 
STR=1~O:TRR(Y)**X 
ALPH=EXP(XX*STR) 
AlPH1:(1.0+C1*TRTR)**2 
OEV=(OMEGA(I)-ALPW)*100/0MEGA(!) 
DEV1=(OMEGA(I)~ALP~1)*100/0MEGA(!) 
ADEv=ADFV.ABS(DEV) 
ADE01~AOeV1+ARS(DFV1') 
\01 RI;' E ( 2 ; 7 n ) TB R ( Il , or" E G A ( I ) , AL PH, 0 E V, A 'C P H 1 • 0 E V 1 

70 FORMAT(~H ,6(F12:~»' . 
RO F0I1I,'AT(1H ,3X.'TR';7X,'ALPHA',7X"ALP CALt EXP',2x,'nEvO.:)i';4X':IAL 

1P CALC pR'.2X.'OEV/:O!) 
~O CON"T'YNUF 

IJRITF.(2.2Q6) 
AD Ei/: A 0 F.V I N 3 
ADE\l1=AOEV1/NJ 
WRITE(2;SO)ADEV,AOEV1 

~O FORMATt1H .!A.A.D EXP FORM =.,F6.4,SX,jA;A.D pR FORM =i,F6.E) 
WR I TE< 2 ~ 2Q6) 

2Q6 FORMATC1H .,----~-----------------~-~--------------- _______ : ____ ~-
,----~--~---~----~------~------~-~-~-~---~--~--~------------~-,) 

RET1IRN 
END 
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SI) BR 0 U T! NE FUG·A ( X • ~ L • R 0) 
~*****·*****.********·~****.***.*.**********T********* ••• ********.~.*.*.*. 

THI~ SURROUTINE CALCIJLATES THE FUGACITY OF EACH COMPONENT 
~~*.****************************************** ••• ********~****.********.* 

OIHFNSION FL(10) 
o I M F tl S ION X ( 1 0) , F ( 1 0' , F 1 ( 1 0) • F 2 ( 1 0) , F 3 ( , 0) , F 4 C , 0) , F 5 C 1 0) , f 6 ( 1 0) 
Co Mt·, 0 tU R L 1 1 A 0 C 1 0) • R 0 C 1 0) , CO C 1 0) , DO ( 1 0 j , EO ( 1 0) , A 1 ( 1 0) ; B 1 (1 0' 
CO H ,., 0 N / R L 2/ C 1 ( , 0) • D 1 ( 1 0) , A Le 1 0) , G A C1 0) 
COHHO~/BL3/A(11)~BC11),TCC10),VC(10)~wcC1n)'2C(10) 
COH~O~/RL4/R.T,AM.BM.CM,DM,AOM,BOM,COM,DOM,EOM,ALM,GAH,NUM 
COHMON/BL5/CKIJ(10.10) 
DO C; 1=1 dlUN 
FCI1=CBO(I)+BOM)*R*T 
F 1 Cl) = 0:·0 . 
DO ~5 J =1. NU~I 

. !FCI.EO:J'CKIJ(I.J,=O.O 
F1CI)=F1CI)+X(J)*C-SORTCAO(J'*AOCI»*(1-CKIJCI,J»~(SQRT(CO(J)*COC 

1 I ) ) * C 1 - C K I J ( 1 • J ) '* * 3' 1 ( T * T >+ ( S Q R T COO ( J ) * 00 Cl) ) • ( 1 :- C K I J ( I , J ) ) ** 4) I. ( T. 1 

2T**~)-CSQRT(EO(J)*EOC!».C1~CKIJ(!,J».*5)/CT**4» 
:>5 CONTINU~ 

F2(I)=O:5*C3*R.T*CBM*BM*81(1».*C1.0/3.0)~3*CAM*AM*A1( 1».*(1.0/3.0) 
.1 0) - c3 • 0/ Tl * ( [HI * Ot~ * 01 ( I ) ) * * ( 1 • 0/3 • 0) ) 

F3(I'=CALM/5.0)*(3*CAH*AM*A1(!»**(1.0/3.0)+(].O/T)*(OM*OM*01(1»** 
1 • C 1 .. 013·: 0» 

F4(l'=O:6*CAM+DH/T)*CALM*ALM*AL(!»**(1.D/3.0) 
F5Cl)=C3.0/(T*T)'*CCN*CM*C1(1»**C1.0/3.0) 
F6(1)=-C2*CH/CGAM*T*T»*SQRTCG~Cl)/GAM' 
G A:~~ =G AI·'* RO* Rn 
EXPr.=EXP C - GMI2) 
FLCl)=C1.0/CR*T»*CFC!)*RO+F1(1)*RO*2.0+F2(!)*RO*RO+F3(I)*RO*.S+F4(! 

1CI).RO**5+FS(I)*RO*RO*(C1-EXpG)/GAM2-FXPG/2.0)~~6(1)*C1-EXPG*ct+ G A 
2M2+(GAM2)**2/2.0») 
~XP~L=EXP(FL(I». 

FLCl)=R*T*XC!'*RO*EXPFL 
5 COrn I NUl: 

RE T 11 R 1I 
H'D 
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SURPOUTiNE MIXPCX) 
;~.****.*******************.***.****.~************ •• ****~*****.*.*~**.* •• 

THI~ SURROUTINE CALCULATES MIXTURE PARA~'ETERS USING THE MIXING RULES 
GIVEN RY HAH-STARLING 

~*************************.***.***.*** •• **.********** • • *.***** •••• _****** 
DHIFNSION X(S) 
CO H It 0 N I R L 1 I A 0 C , 0) • B 0 (1 0) , CO C1 0) , 00(1 0) , EO C 1 0; , A 1 (1 0) ; B 1 ( 1 0 ) 
CO H I·t 0 N 1 R L ?/ C 1 C 1 0) • 111 C 1 0) , A L C 1 0) , G A (1 0 ) 
COMMON/RL3/A('1);RC11),TCC10),VC~10);wcC'n),zc(10) 
COMMON/BL4/R,T,AM;BM.CM,DM,AOM,BOM,COM,DOM,EOM,ALM,GAM,NUM 
COMMON/BLS/CKIJ(10,1n) 
BOM=O.O 
Br·,=o.o 
GAt~=O. 0 
Mt=n.O 
AlH=O.O 
CM=n.O 
DH=n.O 
DO ~ 1=1,NUr·, 
SOCTl=CA(1l+B(1l*WCCI»*VC(I) 
AOCTl=CA(2)+BC2).wC(ll)*R*TC(I)*VC(!) 
COCTl=CA(3)+Bl3).wCCI»*R*VC(I)*TC(!)*.3 
GACTl=CA(4)+B(4~*WCC!»*VC(I)*VCCI) 
B1CT)=(ACSl+BcS)*WCCI»*VC(I)*VCCI) 
A1CTl=CA(6l+AC6)*WCCI»*R*TC(I)*VC(!)**2 
ALCIl=CA(7l+BC7)*wCCI»*VCC!)**3 
C1CTl=CA(8)+R(B)*WC(!»*R*TCCI)*(VC(!)*TCCI»**2 
DO(Tl=(A(Q)+BC9)*wCCI»*R*VCC!)*TCC!)**4 
D1CT)=(A(10)+R(10)*WCCI»*R*CVC(I)*TCCI»**2 
EO(T)=CA(11)+R(11)*WCC!)*EXPC-3.8*yC(I»)*R*VCCI)*TCCI)**5 
8011=BOH+1l0 Cl) *X (I) 
GAH=GAM+XCI)*~QRTCGACI» 
Ati = H! + X ( I ) * A 1 Cl) * * C 1 • 0/3. 0) 
BM=RH+XC!)*B1C!)**(1.0/3.0) 
CM=rM+XC!)*C1C!)**C1:0/3.0) 
DH=nM+XCIl*01CI)**(1.0/3.0) 
AlH=AlM+XC!)*AL(I)**C1.0/3.0) 

5 CONTINUE 
GAI~=GAM*GAM 
B~I=R~l* * 3 
AI~=AM**:5 
.AU'=AL~'**:5 
CI-<=r.I·!** :5 
o I·\: nM* *:5 
AOM=O.O 
CO~,=O. 0 
DOr·I=O.O 
EOH=O.O 
DO 15 ! =1. Nur·! 
Dei ;>0 J=1.NUH 
IFCT.EQ~J)CK!J(I;J)=O.O 
AOM=AnM+C1~CK1J(I.J»*SQRT(AOCI)*AO(J»*XCI)*X(J) 
COH=COM+SQRTCCO(I)*CO(J»*X(I)*X(J)*(1-CKIJ(!,J»*.3 
DOH=DOM+X(I)*X(J)*SQRTCDO(!)*OOCJ»)*(1-CKIJ(I,J»**4 
EOM=EOH+XCI)*X(J)*SQRT(EO(I)*EOCJ»*('~CKtJ(I,J»*.5 

i' 0 CON T 'PJ U E . 
15 COflT I NUE 

RETIIRN 
HJO 
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~~~****~****.***********-*****.* ••• ***.**~.*********** ·*t***··*·*··.****1 
:**** THI~ SUBROUTINE CALCULATES D~NSITY AT A GiVEN P AND T USING 
.**** MODIFIED PENG-ROSINSON EQUATION 
!**** DEVIATION BETWEEN EXPERIMENTAL AND CALcULATED VALUE IS OBTAINED. 
:**** OMA~,nMR,OMC AND F FOR THE FLUID OF INTEREST ARE SUPPLIED BY 
!**** THE MAIN PROGRAM 
~*********~*********.****.*******.**********.********* **·******·********1 

DI~'''NSloN C(S) 
COMNON/RL1/F,ZM,OMAC,OMB,OMC 
COMMON/RL~/VGNCP;VGRK,VGPE,VLNCP,VLRK,VLP" 
COMMON/BL3/DN~P,DRK,DPE,VEXP 
COMMON/RL4/PC,R,T,P,TC,WC,CO(10) 
T R =T I T C 
ALp=C 1+F*C1"SORTCTR»)**2.0 
AC=')MAC*R*R*T~*TC/PC 
BC=nMB*R*TC/P~ 
CC=nMC*R*TC/Pr. 
AA=AC·At.P 
BB=RC 
A=Au 1'1 C R*R.T.T: 
B=RR*p/CP*T) 
CCC=CC*pl CR*Tl 
C(1)=1.0 
C<2;=CCr.-1.0 
CC1l=-C2.0*8*CCC+B*B+R+CCC-Al 
CC41=B*R*r.CC-A.B+R*CCC 
CAll SOt.V F.CUlnJ, n·lAx, Cl 
Z=Z~'AX 

VNCD=Z*R*T/p 
VGNrp=VNCp 
D~C~=CVEXP-VGNCP)*100/VEXP 
IFIARSCONCPl.lT.50·0lGO TO 72 
Z=2MIN 
VUJr.P=Z*R*T/P· 
V G N r P =V I. N r. p 
DNCP=CVEXP~Vr,NCP)*1~O/VEXP 

12 RETIIRN 
END 
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r.** •• 
r.*** • • ***.***.*****.*******.*.*.* ••• *.***.***.*****.*~***** ••• ******.*., 

SUBROUTINe NCP 
r. ••••. TWI~ ROUTINE CALCULATES COMPRESSIBILITY AT A GIVEN T AND P USING 
~** •• MODIFIED P.R eQUATION OF STATE.F,OMAC,OHB AND OMt ARe SUPPLIED 
e** •• BV THE MAIN PROGRAM. 
~**~*~*******~.***********.*.*******.*** ••• ** •• *.****. * •• *** ••• ** ••••••• 1 

r.** •• 
DIMI'NSION C(5) 
COMNON/BL1/R;T,P;VC,ZC,TC,WC,CO(10) 
COMMON/BL2/PR,TR;VRE,TR2,VHE,ZHE 
COMMON/BL3/DNCP,DRK,nPE,VEXP 
COHMON/BL4/PC,F,ZM,OHAC,OMA.oMe 
COMMON/BL5/AUTHOR,u1~DL 
TR=T/TC 
ALP.(1.F*('eSaRT(TR»j.~2 
AC=OMAC*R*R*TC·TC/PC 
BC=OMB"'R*TC/PC 
CC=OMC*R*TC/PC 
AA=AC*AlP . 
Be=RC . 
A=AA*PI (R*RH*i') 
B=Bs*P/ (R*T) 
CCC=CC*p/ (R*n 
C(1)=1.0 
C(2i=ccc.",.O 
C(3)="(2.0*B*CCC~B.B+B.CCC.A' 
C(4)=B.B·CCC~A*B+B*CCC 
CALl. SOLVE(ZMIN,ZMAXiC) 
IF(VEXP~LT.VC:AND.ZMJN.GT_OlGO TO 55 
ZHE=ZMAX 
GO TO 56 

55 ZHE=ZMIN 
56 CONTINUE 

RETURN 
END 
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SUB~OUTINF NCPMIXCX) 
r.***.~**************.*********.****.*.**.*.~********** *****************i** 
r**·* T~I~ SURROUTI~E CALC"LATES D~NSITV OF A MI'LTICOMPONENT MIXTURE 
~**~* USING THE MOOIFI~O PR EQUATION ANO A SET OF FMPIRYCAI MIXING RULES. 
r.***************************************************** ****************** •• 
r.**** 

o I M" N sIn N X <1 n) • C C 5 ) • ALP C 1 0) • A A ( 1 0) • BR <1 0) • t; r. c ( 1 0) • AT J ( 1 0, 1 0) 
COM~ION / R L1 / TC C 10) • vr. (10) , wC (10) • Z C C1 0) 
COMNON/RL~/NUM'TCVCM,VCM.ZCM.WCM 
COMNON/RL4/ZETA(1n.1n).ETA(10.10) 
COHMONI RL<;I OMA( 1 0) ;·OR(' 0). OC( 1 0) 
COHMON/RL~/PR.TRiTR2;VEXP.ZCH 
COMMON/RL?/R.T,P;W(10).ZMC101,F(10) 
00 "0 ! =1, NUr1 
ALp(I)=(1.0~F(!)*C1.n-SQRT(TR»)**2.0 
AACi)=OMACI)*.LPCI)*R*TCCI)*VC(I)/ZC(li 
BB C,) =OR (I) *vr. (I) I le c!) 
Ccr.~I)=nCCI)*VC(I)/Zr.(Y) 

<;0 CO\lTINUF. 
AM=n.O 
BM=O.: 0 
CI'=o." 
00 ~OO 1=1 .NU~, 
DO" 5 0 .1 = 1 • 'Ill " 
IFC':EQ~J)GO TO 600 
AIJ~I.Ji=7ETA(I.J)*SQRT(AACI)*AA(J» 
GO TO 6<;0 

~"O AIJil.J;=AA(J) 
h~O AM=IM+XC!)*X(J)*AIJ(!.J) 
5~0 CONTI~UF 

BH=RM+BS(T)*XCI) 
CM=rM+Cr.CCI)*X(II 

snO CONTINUF. 
A=AN*P/cR*R*T*T) 
B=!lM*p/R/T 
CC=rM*P/R/T 
CCh=1." 
C C;I i ;: C C -1.'" 
CC3j=-C2.0*B*r.C+B*B+B+CC-A) 
C(4l=n*R*r.C~A*B+R*CC 
CAu SOLVE(ZMIN.ZMAX.C) 
IfCVEXP~LT.VCM.ANO:ZMIN.GT.OIGO TO 55 
ZCH=ZMAx 
GO TO 56 

~5 ZCH=ZMIN 
~6 CONT!NUF 

RETIIRI; 
ENO 
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SUBROUTINE NONLINEAR(~) 
r.**** 
r. •••• 

*** ••• *.******** •• **********.*.**.*** •• ******** •• ***.*.*********.*.* 

r**** 
r .... • 

THI, SURROUTI~E SOLVES THE NON LINEAR EQUATION RESULTING FROM 
LEA~T SOUARE FITTING OF EXPONENTIAL FUNCTION. BASIC ITERATION 
iEC~NIQUE IS USED 

r. ••• * •• w_*t" •••••••• _ ••••• _ ••••••••••• * •• * __ ••••• _ •••• _ •••• ** ••• *!** •• ** •• 
DIH~NSION C(5) 
COMMON/BL1/X~XX,N3:TRR(50),p(50).T(50),OMFGA(50"S(1n);C1 
Z=3"O 
Z I, UPPER LIMIT 6F N 
E1,,-10.0 
E1 is LOWF.R LIMIT OF N 
H,,-.il.5 
H le; STEP SIZI' 
EZ=O.00001 
EZ TS RF.QtlIREIl DECIMAl POINT ACCURACY IN N 

5 X=z 
I F(lC. EQ'_'O)X=H 
CAll' SUMMAtC) 
Y=C~')+~(~)+CC3) 
K=Z 
I F (v .LT'_·O) K=1 

10 Z=Z+H 
X =l 
I F (lC _ E Q ,_., 0 ) x = H 
CAll' SUt,IMA( C) 
V=C(1)+r.(~)+CC3) 

IF(~.EQ~O:O)GO TO 72 
IF(v.LT~O~ANO:K.EO~2_0R.Y_GT.O.AND.K.EQ.1)GO TO 55 
IF(N:LT~O)GO TO 30 
I F ( 7 _ LT ,_., E 1 ) GOT 0 1 0 
GO TO 7") 

~O IF(,.GT~E1)GO TO 10 
GO TO 72 

~5 IF (ASS( H) ': G1. EZ) GO TO 1'0 
GO TO 77. 

-,0 E1=7 
Z;Z-H 
H=H/1tl 
GO TO 5 

72 RETIIRN 
END 
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SURPOUTINF PEHG 
~~*~**.~*.************.*******.*********.*.****** •• *** ••• *t.******* ••• **' 
~**** THI~ SUnROUTINE CALCULATES DENSITY AT A GIVEN P ANO T USING 
r**~· PENr.-RORINSON EQUATioN 
r**** DEVIATION BETWEEN EXPERIMENTAL AND CALcULAT~D VALUE TS OBTAINED. 
~***********'*'**.****.*****************************.* *t************* ••• ' 

Dl~IFNSION C(S) 
COHMON/RL4/PC.R,T,P,TC,WC,CO(10) 
COMNON/RL2/VGNCP;VGRK,VGPE,VLNCP,VLRK,VLPE 
COM~ON/RLl/DNcP,ORK'DPE,VEXP 
TR:::rITC 
F=O "3 74/1f, +1 ':54226 *,JC-O .26992 *WC*WC 
ALP=(1+F·c1~SnRT(TR»)**2 
BC=p*TC/PC 
AC=o.4572,*R*TC*RC 
BR=,'.0778*BC 
AA=,\C*AI.P 
A=AA*P/ C R*R*T*T> 
B=BR*P/CR*T) 
CC1i=1.0 
(2)=8 .. 1 
C(3i=A-3*R*B"'*U 
CC 4) =fl*R*R+B*n-A*n 
CAll SOl. V E C Z M IN, Z H AX • C) 

Z= Zr~ A X 
VPE",G=Z .. R*T/p 
VGPF=VPFNG 
DPF.=CVEXP-V~PF)"100/VEXP 
IFCABS(DPE).LT.50·0>r,O TO 72 
Z=7.rH N 
VLp>==Z*R*T/P 
VC;PI'=vLpE 
DPE::CVEXP-VGPF)*'OO/VEXP 

72 RETIIRN 
END 
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SURi,OIJTINF RK 
r.****.*******.*************.***********.**********.*** * •• ***.**i·*~.*.***J 
~.*~* tHI~ SURRnUTINE CALellLAlES DE~SITY AT A GIVEN P AND' USINl 
r**~* USING RFOLICH-KWONG EQUATION 
f**** DEViATION RETWEEN EXPERIMENTAL ANO CALCULATEo VALUE IS DeTAINED-
r.*******.*****.**.******~**** •• *.*****.*************** **.*.*****.*******, 

DIMI'NSION CCS) 
COHMON/RL4/pC;R,T,P,TC,WC,Co(10) 
COHMON/RL2/VG~CP.VGRK,VGPE.VLNCP,VLRK,VLPF 

COMNON/RL~/ONCP,oRK'OPE,VEXP 

eC=g*TC/Pr. 
AC:RC*R*TC**1.'5 
AO=O.4274R*AC 
BO=O.08664*BC 
A=AO*P/(R*R*T**2~S) 
B=Bn*P/CR*Tl 
cC1i=1.0 
CC21=-1 
C(3i=A-R-R*1l 
C(41=-A*B 
CAU- SOLVF(ZMrN,HIAX,C) 
Z=ZMAX 
VRK=Z*R*T/p 
VGqK=VRK 
DRK=(VEXP-VGRK)*100/vEXp 
IFCABS(oRK):LT,sn.01GO TO 72 
Z=ZMIN 
VLRII=Z*R*T/P 
VGRII=VLRK 
DPK=(VEXP-VGRK)*1nn/vEXp 

72 R ETIIRIJ 
E tJ 0 
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SUBpOUTINE SOLVECZMIN,ZMAX,Cl 
r. 
r. •••• ************************.******.*** •• *********.*** **.*.**.** •• ~ 
r. THI~ ROUTINE SOLVES CUBIC EQUATION ANALYTICALLY AND nlFFERENT1ATE 
r. BET0EEN MINIMllM AND MAXIMUM ROOTS 
r. ***.***** ••• *********************************** •••• *.* .** •• *.*.***~ 
r. 

[lII~"NSION C(S) 
cC2i=c(2)/CC1) 
C(31=C(3)/C(1) 
C(4i=C(4)/C(1i 
A=(~.O*CC3l~C(2)*CC2»/3.0 
B=C~.O*C(2l*C(2)*C(2)-9.0*C(2)*Ce3)+27.0*CC4)l/27.0 
AA=~*A*A/27':O 
BB=R*1I/4.0 
SUM=8R+AA 
IF(~UH.GE:n)Gn TO 500 
X=-RRI A'A 
CX=sQRTeX) 
PHI=ACOSCCX) 
IFCR;GT:OlRHl=ACOSC-CX) 
X X 1 = PHI 13: I) 
XX2=PHI/3:0+2:094395 
XX3=PHI/3:0+2:094395*2:0 
XX=~:0*SQRT(-A/3:0) 
X1=xX.COS(XX1l~CC2)/3.0 
X2=xX*COS(XX2i~C(~)/3.0 
X3=xx.CnS(XX3)~C(2)/3.0 

6",0 CONT I IWE 
IF(X1.EQ.X2:AWD:X1.LT.X5)GO TO 10 
IF(x1.EQ.X2:A~D.X'.GT.X3)GO TO 20 
IF(x1.EQ.X3~AND.X1.LT.X2)G6 TO 30 
IF(x1.EO.X3:AND.X1.GT.X2)GO TO 40 
IFCx1.GT.X2:A~D;X'.GT.X3)GO TO 50 
IF(x1.GT.X2:AND.X1.LT.X3)GO TO 60 
IFCx1.Ea.X2:AND.X~.EQ.X3'GO TO 70 
IF(x1.LT.X2:AND.X1.LT.X3'GOTO 80 
IF(x1.LT.X2:AND.X':GT.X3'GO TO 90 
GO TO 72 

10 Zf.!Ax=X3 
ZHI"I=X1 
GO TO 72 

20 ZMh=X1 
Z~1t N =X3 
Go TO 72 

30 ,Zr'lAY=X2 
H1! '-I=X1 
GO TO i2 

1.0 ZI',Ax=X1, 
ZrnN=x2 
GO TO 72 

SO HIAx=X1 
IF(~2.GT.X3)Gn TO 501 
ZI-'It.:=x2 
GO TO n .. 

51')1 HI! N=X3 
GO TO 72 

",0 ZMAx=X3 
Z~qN=X2 

GO TO 72 
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70 Z~A~=X1 
ZIlI N=X1 
GO TO 72 

RO zIq 'J=X1 
IF(~2.r,T.X3)GO TO 801 
Zl"Ax=X3 
GO TO 72 

801 ZH'\x=X2 
GO TO 72 

'l0 Zf.lh=X2 
ZMI",=x3 
GO TO 72 

500 XX1=-R/2.0+SQRTCSUM) 
XX2=-B/2.0-SQRTCSUM) 
XXX,=IABS(XX1»**C1.0/3.0) 
XXX~=IABS(XX2»**I;.0/3.0) 
IFCxX1.LT:O)XXX1=-XXx1 
IFcxX2.LT:O)XXX2=-XXx2 
X1=xXX1+XXX2~C(2)/3.0 
SU::xXX1-XXX2 
SU=~U.0.8"'6025 
IF(~U.LT.n.00001)GO iO 600 
X3=xl 
X2=x1 
ZI'Ax=Xl 
HI! N=X1 
(;0 TO 72 

600 X2=-(XXX1+XXX?)/?.0-C(2)/3.0 
X3=lI2 
GO TO 660 

72 CaNT I flUE 
RETIIRN 
ElJn 
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SURROUTI NF. SU~I 

r.~* •• • ** •• * •• *** •• ~ ••• *.*.*.*******.* ••••• * •• **.***.*w •• ** • •••••• ,* •••••• 
r*.*. SURROUTINF SUM EVALUATES SUM OF THE NECCESSARV TERMS FOR LEAS' 
~.*** SQUARE FITTING OF PR FUNCTION 
r.**** ***.** ••• *****.******.*.*****.**.*.~*.*t** •• ***** •• *** •••• ********.* 

COMMON/RL1/X,XX,N3;TRR(SO),P(SO),T(50i,OMEGA(SO),S(1n) ,C, 
DO ",0 I=L10 . 

<;0 s<ri=o:n _ 
DO 1.0 1=1.N3 
STR=1.0-TRR(I) •• O:~ 
STR ;=STR.~TR 
STR1i=STR2.STR 
STRL.=STR2*STR2 
S(1\ =SC1 >+STR 
sC2i=sC?)+STR2 
S oi =sn>+STR3 
S(4i=sC4)+STRt. 
S(5i=sC~)+Ot'EGA(t)*STR2 
S(6i=S(h)+OME~A(').STR 

hO CONTINUF 
RETIIRN 
END 
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SUBQOUTINF. SUMMACe) 
r.**.~ *.*.************.*****.******.*.**.****** •••••••• *.* ••• *** •••• '*' •• t 
r**.* SUQQOUTINF SUMHA EVAt_UATES AI.L THE NECCESSARV SUHHATIONS FOR THE 
~**** LEA~T SnUARE FITTING OF EXPONENTIAL FUNCTION 
~***. *.*.***.*****.*.****.*************.***** ••• ****.****.* ****.**** ••• *~ 

DIH~NslnN C(S) 
COMMON/RL1/X,XX,N3;TRR(SO),p(50),T(SOj,OHEGA(SO),S(10) ,e1 
DO <;0 1=1.10 

~O s<ri=o.-o 
Do ... 0 1=1;N3 
STR=TRRCI)**X 
ST:p"STR*~TR 
STR~=ALOG(TRR(I») 

STR~=ALOG(OME~A(I)i 
S(,i=S(1).STR*STR3*STR4 
S(2\=S(}.).STR*STR3 
S(3i=S(~).STR2*STR~ 
S(4i=S(4).(1.0~STR)**2 
S(S':;S(S).STR4 
S(6\=S(~)+STR*STR4 

,;0 CONTINUF. 
X X = ~ ( 1 ) I ( ~ (2) .., S (3) i 
C(1,:;XX*S(4) 
C(2i=-S(5) 
C (3\ =5((,) 
RETIIRN 
END 
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SUBROUTINE SUMMATIONCX) 

r. **.~******.****.* •• *****.*.**.**.*.*.* •• ** •• **** •• * •• * *******.**** 
~ THI~ SUBROUTINE CALCULATES MIXTURE PARAMETERS USING MIXiNG RULES 
~ FOR THE EOUATIO~ OF STATE CO~STANTS.ZETA(I,J) IS THE 
r INTFRACTlnN CO EFFICIENT;OIFFERENTIALS OF THe MIXTURE PARAMETERS 
r DAM;DBM,DCM ReQUIRED FOR FUGACITY ARE ALSO EVALUATeo~ 
r. *** •• ***.******.*****.********.***.***** •••••••• ** ••• **********.*t 

DIHFN~ION X(10),VC10),FL(10),FV(10),PHIVC10),PHILC10) 
C0f.1MON/BL1/A1t10).B1C10),C1C10),AIJ(11'l,10),0IA(10> 
COHHON/BL2/AM.BM;CM.NUM,ZETAC10,10) 
CO M I~ 0 NIB L 31 D A M ( 1 0) • DB M ( 1 0) , DC M ( 1 0) 
MI=o.O 
81-1=0.0· 
CI1::0.0 
DO <;00 1::1,NUM 
DIHIl"O;O 
DO ~50 J::1.IIIUM 
IF(i:eo.J)GO TO 600 
ZETA(J.I)=ZETA(I;J) 
A I J 1 I • J ) = 7 'E T A ( ! • J ) • s il R re A 1 ( I ) • A 1 C J ) ) 
GO TO 650 

600 AIJel.J)=A1(ll 
650 AM=AM+XC!).X<j)*AIJCI.J) 

PIAel)=DIACI)+XCJ)*AIJ(I,J) 
550 CONT I NUE 
500 COfJT I NU!: 

DO 700 I1=1;NUM 
Bll=~H.B1CI1)*X(I1) 

CM=r.M+C1(I1)*X(I1) 
71\0 CO~nINUE 

DO ;6 !1::1.NI.I).I 
OAM(11)=2*CO!A(11)-AM) 
OBM(I1>=B1(I1)~aM 
DCM(I1)=C1(11S~CM 

16 CO"JTINUE 
RE TI'fRN 
HiD 
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SUSDOUTINE VOWMXeX) 
r.*w********************.*****************_***i************.**********.*** 
r THI~ SU~ROUTINE CALCULATES MIXTURE PARAMETERS USING VAN OER WAALS 
r 1H1X,NG RULES FOR THE LIQUID ANO' VAPOUR PHASES 
r.***************** •• ***********.*.****************.*** ******************* 

OIMP,SION X(1n) 
D I 'I F N S ION re I J ( 1 0 • 1 n) , V C I J ( 1 0 • 1 0) , T eve I J ( 1 0 dOl, D I TV C 1 0) , 0 I V C 1 0 ) 
COMMON/RL1/TC(10),VCC1D),wCC10),ZCC10, 
.COMMON/BL2/0TCMC1n),DVCMC10),OWCMC10),OZCM(10),OTCvCM(10) 
C04MON/sL3/NUM,TCVCM.VCM,ZCM,WCM 
COHMON/BL4/ZETAC10~10),ETAC10,'0) 
TCVr.H=O:O 
VClbO.O 
00 <;00 1=1,NUM 
DITII(I)=O.O 
DIV(\)=O.O 
DO ~50 J=1,NUM 
IFcl.Ea~J)GOTO 600 
TCl.ICI,J)=ZETAC1;J).SORTCTCCI)*TCCJ» 
TCI.ICJ,I)=TCIJCI~J) 

VCIT=O.5*cVCCl)·*C1.0/3.0)+vC(J)·*C1;O/3.o» 
v Cl .1 Cl, J ) =V C \ T *" 3 
VCI.I(I,J)=ETACI,J).VCIJ(I,J) 
VCI.ICJ,I)=VCIJ(I,J) 
TCVr.IJCl,J)=TCIJCI,J)*VCIJ(I.J) 
GOTO 650 

600 TCVr.IJ(I,J)=TCCI).VCCI) 
VC 1.1 Cl, .1) =V CC t> 

650 TCVr.H=TCVCH+X(I)*XCJ)*TCVCIJCl,J) 
VCH=VCM.X(I)*X(J)*VCIJ(I,J) 
DITUCI)=DITVCI)+XCJ)*TCVCIJCI.J) 
DIVCI)=DIVCI).X(J)*VCIJCI.J) 

5 S 0 Co tJ TIN U F. 
'500 CONTINUE 

WOI=O.O 
DO 700 11 =1 ; NlIr~ 
WCH=WCM+WCCI1)·XCI1, 

70(1 CONTINUE 
ZC~l=O. 0 
DO 750 J1=1;NlJM 
ZCH:ZCM+ZC,CJ1,*xCJ1) 

7<;0 CONTINUE 
DO <;0 12=1,NUM 
OTCvCHCI2)=2·CDITVCI2)~TCVCM' 
DTCMCI2)=(2/VCM).cnITV(12)~CTCVCM.01VC'2)/VCM» 
DVCMCI2)=2*(OIVCI2'-VCM) 
DYC~CI2)=(WC(12)~WCM) 
DZC~(12)=CZCCI2)4ZCH) 

50 CO"lTIfJUF. 
RETIIRN 
END 
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~***. 
f.**~. ****** ••• ** ••• * •• ******* •• **** ••••• * ••••••• * •••••••••• ** ••••• ** •• ** 
( •• ~ •. THE ~nLLOwING ROUTINES ARE IJSED TO CONVERT PVT DATA INTO 
C •••• APPROPRIATE UNITS 
~**~ ••• *.**.*******.*** ••• **~**.**.**.**** •• *.* ••• ****** •••• *** •• *** ••• ~ 

r.* ••• •• * •• ** ••••• ** ••••••••• ***.** •••••••••• ** ••• ** ••••••• * ***.*.*** ••• ~ 
SUBROUTINE UNMET 

~.*.* T~I~ ROUTINE IS USED TO CONVERT UNITS fOR METHANE PVT DATA 
e**·· .*** ••• *** •• ~.~*.*****.~**** •• **** ••••• ***.****** ••• ** *** •• ***.*.*. 

COHMON/RL1/R.T,P;VC,ZC,TC,WC,CO(10) 
COM40N/Bl3/DNtp,DRK,DPE.VEXP 
COMMON/BL5/AUTHOR,W1,OL 
T=T.1.8 
IF(AUTHOR:EQ.6)GO TO 30 
IF(AUTHOR:EQ.~)GO TO 40 
P=P";14.5037 
VExp=16:019/VP.XP 
GO TO 95 

]0 P=P*14;695916 
VEXp=16~019/VEXP 
GO TO 95 

40 P=P*14.223 
VEXp=VEXP.0~016019 

95 RETIIR'l 
END 

~*.** **.* ••• *************.** •• *******.**.**.*.* •• ****.***~* ******* ••• *i 
SURROUTINF UNETH 

,f.**** THIs ROUTINE IS USED TO CONVERT UNITS FOR ETHANE PVT DATA 
~**** ******.****.*****~********************.***.'*.*.******************~ 

COHMON/RL1/R'T,P~VC,ZC,TC,WC,CO(10' 
COMMON/BL3/DNep.DRK,DPE,VEXP 
COHMON/BL5/AUTHOR,W1.0~ 
IF(AUTHOR:EQ.~)·GO TO 20 
1~(AUTHOR:EQ.3)GO TO 30 
IF(AUTMOR.EQ.4)GO TO 40 
IF(AUTHO~_EQ~5)GO TO 50 
P=P*14.695916 
VEXp~16:019/Vexp 
T=T~1.8+491r67 
GO TO 95 

20 P=P~1 00':0 
TCT+459~·67 
VEXp::VEXP*R*T I P 
GO TO 95 

30 VEXp=VEXP*1J1 
T=T+459·:67 
Gn TO 95 

40 P=P.100:0 
VEXp=VEXP*1J1 
T=T+459:67 
GO TO 95 

50 P=P.14.695916 
T=T*1.8 
VEXp=VEXP*R*T/P 

95 RETURN 
END 
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** ••• *.*** ••• ******* •• **.*****.****~.**.*** ••• ****** •• *** ••••• ***. 
SUa~OUrINE UNpR 
T~I~ ROUTINE JS USED TO CONVERT UNITS FOR pROPANE pVT DATA 

r.**** ******.****.*!'*******.***.*****.***.~*********** •• ,********.****~ 
COMMON/BL1/R,T,PIVC.ZC,TC.WC.CO(101 
CO~MON/BL3/DNCP,ORK.DPE,VEXP 
CO~MON/BL5/AUTHOR.W1.DL 
IFCAUTHOR.EQ.3)GO TO 25 
T=T+4li9·~67 
lFCAUTHOR.EQ.1'GO TO 95 
VEXp:;VEXPioI.l1 
GO TO 95 

25 P=P~14:69586 
VEXP=16:019/veXp 
T=T.9.0/5.0!!-492 

95 RETURN 
E ~J D 

*'**.*"****~*****'*'*.~~****'********'******.*'***************~*** 
SUBPOUTINE UNBU 
THI~ ROUTINE IS USED TO CONVERT UNJTS FOR N~BUTANE PVT DATA 
****************.***************.*.**************.*'*************** 
COHMON/Bl11R,T,P;VC.ZC,TC.WC.CO(10) 
COMMON/Bl3/DN~P,DRK.DPE,VEXP 
COMMON/BL5/AUTHOR.W1;Ol 
IFC~UTHOR.EQ.1;OR.AUTHOR.EQ.8)GO TO 25 
IFCAUTHOR.EO.2)GO TO 30 
VEXp=VEXP*1J1 
T=T+459:67 
GO TO 95 

25 P=P.14.69586 
V~Xp=O.016019*W1/VEXP 
T=(T-273.15) io 9.0/5.0+491.67 
GO TO 95 

30 P=P*14.69586 

95 

VEXp=16:019/VEXP 
T=T.9.0/5.0+.491.67 
RETlIRN . 
END 

t**·* ****.*************.*.*.*.*.**.~* •• *****.****.*~******* *********.** 
SUBROUTINE UNPE 

r. •• ** THIS ROUTINE IS USED TO CONVERT UNITS FOR N~PENTANE PVT OATA 
r.**** **********.*******.* •• *~*************.***.*.****.****** •• *******~~ 

COMMON/Bl1/R,T,P;VC.ZC,TC.WC.CO(10) 
COMMON/Bl3/DNCP,DRK.DPE,VEXP 
COMMON/Bl5/AUTHOR,W1,DL 
lFCAUTHOR:EO.4)GO TO 25 
T=T+459:67 
IFC~UTHOR.EQ.5)GO TO 30 
GO TO 95 

25 P=I>.14.69586 
VEXP=16.01 9 / VF.XP 
T=T.9.0/5.0~491.67 
GO TO 95 

30 VEXp=1.0/vEXP 
95 RETuRN 

END 
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r. ..... w * .................. ~ •• * .......... * •• *., .... * * ..... * * •• * * ...... *. ****. ** ............... * •• *. *.*. * * 
SUBROUTINE UNHE 

r.**** THI~ ROUTINE IS USED TO CONVERT UNITS FOR N~HEXANE PVT DATA 
~**** ·****t.~~.* •• **.*****.**** •• **.****.*** ••• *******~*****~*** ••• * .. **~~ 

COMMON!BL1/R;T,P:VC,ZC,TC,UC.CO(10) 
COMMON/BL3/DNCP.OR~.DPe,VEXp 
COMMON/BL5/AUTHOR.U1,DL 
IFCAUTHOR:EQ.4)GO TO 25 
IFCAUTHOR.EQ.2.0R.AUTHOR.EQ.3)GO TO 30 
T=T+491:67 
GO TO 95 

25 P=P*14.69586 
VEXp=VEXP*1~477*O.016019.u, 
T=T*9.0/5.0~49'.67 
GO TO '95 

30 PF'P.14.69586 
VEXP=16:0,9/VeXp 
T=T*9.0/5.0.491.67 

95 RETIJRN' 
END 

r. .. *... .. * .. * t"" * .. * *.* .. * ..... * ... * * ...... *. * ...... * ........ * ... *.,.. *."''''''' * .... * .... 1r ....... * .... * ......... * * ... it * 1 
SUBROUTIN~ UNHEP 

~**** THIS ROUTINE rS USED TO CONVERT UNITS FOR N~HEPTANE PVT ~A'A 
~**** ·*******.****i*******.**.*.***.*.*~*************** ••• * *****_******1 

COMMON/BL1/R,T,P;VC.ZC,1C.WC.CO(10) 
COMMON/BL3/DNCP,DRK.nPE,VEXP 
COMMON/BL5/AUTHOR.W1~DL 
VEXp=VEXP*IJ1 
1=T+459:67 
RETIJRN 
END 

r.**** *******.*.*******************************_.*********************** 
SUBROIJTINE UNoe, 

~**** THI~ ROUTINE IS USED TO CONVERT UNITS FOR N-OCTANE PVT DATA 
r.**** *******.*.****************.********************.*****. ***~.*.*.*.* 

CONMON/BL1/R~T,P;VC.ZC,TC.IJC,CO(10) 
COMMON/BL3/DNCP,DRK,DPE,VEXP 
COMMON/BL5/AUTHOR.W1.DL . 
T=T*9.0/5.0~491.67 
P=P.14.69586 
IF(AUTHOR.EQ.1)GO TO 25 
IF(AUTHOR:EQ.3)GO TO 30 
VEXp=0.016019*W1/VEXP 
GO TO 95 

25 VEXP=VEXP*U1*O.016019 
GO TO 95 

30 VEXP=VEXP.10391S*W1*O.016019 
95 RETIIRN 

END 
r.****. ****t********.***********.*.*************.*****.**************'**, 

SUBROUTINE UNNO 
r.**** 1HI~ ROUTINE IS USED TO CONVERT UNITS FOR N~NONANE PVT DATA 
r.**** *******.*.****************************************************"*~1 

COMMON/BL1/R,T,P=VC.ZC,TC.WC.CO(10) 
COMMON/BL3/DNCP,DR~.DPE,VEXp 
COMMON/BLS/AUTHOR.W1.DL 
T=T+459:67 

95 RETIIRN 
END 
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r. 

***********t**********.*.*.*****.*****.*****.***~***~***.****~***. 
SUBROUTINE UNoE . 
THI~ RO~TINf IS UseD TO CONVERT UNITS FOR N~DECANe PVl DATA 
.***.*******.****************~**.*.****.*.***.~***.***********.**~ 
COMMON/BL1/R,T,P;VC.ZC,TC,WC,CO(10) 
COMMON/BL3/DNCP,DRK,DPE,VEXP 
COMMON/BL5/AUTHOR,W1~OL 
T=T+459:67 
p=p.1n.O 
VEXp=VEXP*W1/100000.0 
RETlIRN 
END 

FUN~TION ST(RO,C~P,GAM) 

r**************.************************************** ***~*************** 
r THI~ DEFINDS A FUNCTION TO BE SOLVED TO FIND DENSITY O~ LIQUID 
r - AND VAPOUR PHASES 
r.***************************************************** ******************* 

DI~'F~jSION C(5) 
R02=RO*RO 
R03=R02*RO 
R06=R03*R03 
EXP~=EXp(-GAM*R02) 
S T = ~ (4) * R n .. C (1 ) * R 0 2"+ C (2) • R 03+ C (3) * R 06,.. C ( 5) * R 03* (1 ... G AM. R 0 2> * E X P G - P 
R ETIIRN 
END 
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